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ABSTRACT

INTENSIFIED DIMETHYL ETHER PRODUCTION FROM

SYNTHESIS GAS WITH CO2

Catalytic conversion of syngas to dimethyl ether (DME) is modeled in a mi-

crochannel reactor comprised of horizontal groups of rectangular shaped cooling and

catalyst washcoated reaction channels involving counter–current flows of air and syn-

gas, respectively. The steady–state model, deviating from the literature–based ex-

perimental data in the range of 3– 14%, involves two–dimensional conservation of

momentum, heat and species mass together with inter–channel heat exchange and re-

active transport within porous catalyst layer composed of equivalent mass of uniformly

mixed Cu–ZnO/Al2O3 and γ–Al2O3 catalysts. For the first time in the literature,

the benefits of functional and volumetric intensification on the precise regulation of

the interplay between exothermic equilibrium synthesis and dehydration reactions are

demonstrated. Feeding syngas to the air–cooled microchannel reactor at 508 K, 50 bar,

H2/CO=2.5 and H2/CO2=10 elevates the inlet temperature by only 9 K which is sig-

nificantly below 40 K of identically operated packed–bed tubular reactors. Increasing

syngas feed temperature from 493 to 508 K elevates CO conversion from 33 to 45%,

which eventually shifts DME yield from 2 to 3.6%. Similar qualitative trends are ob-

served upon pressurizing syngas as well as feeding it at higher flow rates under CO–rich

and CO2–lean conditions, all of which fundamentally promote CO hydrogenation, the

primary contributor of the exothermic temperature rise that subsequently improves re-

actor performance under the control of intensified cooling. Even though they promote

better regulation of hot–spot formation, the impacts of using thicker walls between the

channels and thermally conductive reactor materials remain negligible.
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ÖZET

CO2 İÇERİKLİ SENTEZ GAZINDAN

YOĞUNLAŞTIRILMIŞ DİMETİL ETER ÜRETİMİ

Sentez gazının dimetil etere (DME) katalitik dönüşümü, dikdörtgen kesitli soğut-

ma ve katalizörün iç duvarlarına ince bir tabaka şeklinde kaplı olarak bulunduğu reak-

siyon kanallarını barındıran, hava ile sentez gazının zıt yönlü olarak beslendiği bir mikro

kanal reaktörde modellenmiştir. Literatüre dayalı deneysel verilerden %3-14 aralığında

sapan bu model; yatışkın halde iki boyutta momentum, ısı ve kütle değişimleri, kanal-

lar arası ısı transferi ve eşit ağırlıklarda karıştırılmış olarak kanal iç duvarına ince,

gözenekli bir tabaka halinde kaplı bulunan Cu-ZnO/Al2O3 ve γ–Al2O3 katalizörleri

üzerinde gerçekleşen reaksiyonları içermektedir. Literatürde ilk defa, ekzotermik denge

sentezi ile dehidrasyon reaksiyonları arasındaki etkileşimin fonksiyonel ve hacimsel

yoğunlaştırma ile hassas bir biçimde kontrol edilebildiği gösterilmiştir. Sentez gazını,

hava soğutmalı mikro kanal reaktöre 508 K, 50 bar, H2/CO=2.5 ve H2/CO2=10 oran-

larında beslemek reaktör içi sıcaklığı sadece 9 K artırmaktadır. Benzer koşullarda

aynı sıcaklık artışı dolgu yataklı tüp tipi reaktörlerde 40 K’dir. Sentez gazı besleme

sıcaklığının 493 K’den 508 K’e yükseltilmesi CO dönüşümünü %33’ten %45’e, bu artış

DME eldesini %2’den %3.6’ya artırmaktadır. Benzer artış eğilimleri sentez gazının

basınçlandırılması, giriş hızının artırılması ve yüksek CO, düşük CO2 içerikli besleme

koşullarında da gözlemlenmiştir. Bu parametrelerin tümü, sıcaklık artışının ana sebebi

olan CO hidrojenasyonunu teşvik etmekte olup bu durum yoğunlaştırılmış soğutma

kontrolündeki reaktörün performasını artırmaktadır. Sıcak-nokta oluşumunu engelleme-

sine karşın, kanallar arası duvarın kalınlığındaki artışın ve reaktörün ısı iletim katsayısı

daha yüksek materyaller ile imal edilmesinin etkileri göz ardı edilebilir olarak hesa-

planmıştır.
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1. INTRODUCTION

Since the 1900s energy consumption has increased exponentially as the world

population has increased almost five times from 1.6 billion to 7.3 billion [1]. Fossil

fuels are still the primary energy sources for meeting the energy demand around the

world, and among them crude oil has the highest share. Some incentives; such as

continuously increasing fossil fuel consumption, environmental problems such as green-

house gas emissions caused by burning fossil fuels and fluctuating price tags encourage

researchers to find reliable and sustainable energy supplies. Besides, the results of

possible inadequate oil availability is expected to be severe since the world economy

depends strongly on oil [2]. In that manner, shifting to renewable energy has the po-

tential to overcome the adverse effects of conventional energy sources. In the context of

such a strategy, greenhouse gas emissions can be diminished, thereby extreme weather

and climate impacts can be prevented, and cost-efficient, reliable and timely energy

delivery can be sustained [3].

Renewable energy can be created from the sun either directly; by means of ther-

mal, photo-chemical, photo-electric, or indirectly; via wind and hydro-power. Tidal

and geothermal energy and photosynthetic energy stored in biomass are the other re-

newable energy sources. Since these sources are continuously replenished by the nature,

they have capacity to provide over 3000 times the current global energy demand as can

be seen from Figure 1.1 [3].

Biomass is the term used for all organic material dawning from plants, trees and

crops. Biomass energy or bioenergy is the transformation of these organic materials into

valuable forms of energy such as electricity, heat and liquid fuels, i.e. biofuels. Even

though biomass energy is renewable and sustainable, it has mutual characteristics with

fossil fuels. Biomass can either be burned directly to obtain energy or can be used

as a feedstock to be converted to various liquids. Similar to their fossil counterparts,

it is possible to store and transport biofuels. As a result, developing biorefinery and

biotransformation technology to produce clean energy fuels from biomass feedstock
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Figure 1.1. Energy sources of the world [3].

gains importance. Conversion of biomass feedstock into bioenergy can be achieved

by thermo-chemical and bio-chemical processes including combustion, gasification and

pyrolysis [3].

Biomass is expected to has a crucial role in the future of energy. Consumption

of biofuels, which are mainly used in road transport, is predicted to reach 4.5 million

barrels of oil equivalent per day (mboe/d) in 2035 from 1.3 mboe/d in 2010. Biomass

plant capacity increased from 66 GW in 2010 to 72 GW in 2011, and forecasted pro-

duction is 270 GW by 2030, globally [3]. Among biofuels, dimethyl ether (DME) is

considered as a strong candidate for replacing their conventional counterparts in the

near future due to its attractive properties such as easy transportation and handling,

and pollutant (i.e. CO, NOx) free combustion characteristics [4].

DME is a volatile compound, and it creates a liquid phase when it is pressurized

at around 5 bar which allows DME to be handled and stored as liquid. DME has

similar features with butane and propane, and it burns with a visible blue flame, which

makes DME an alternative to LPG for heating and home cooking. DME is considered
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as a clean fuel due to several reasons. Its storage and handling are safe since it does not

form explosive peroxides, unlike other homologous ethers. DME only consists of C-H

and C-O bond, and it does not contain any C-C bond. This property results in less

carbon monoxide and unburned hydrocarbon emissions compared to those of natural

gas when they are both burned. Having high cetane number (55-60 for DME, 40-50

for diesel [5]) makes DME an excellent transportation fuel alternative with no emission

of toxic gases and particulate matters. DME can be utilized with existing storage and

transportation infrastructures because of its vapor pressure similar to that of LPG.

DME can also be used as a pesticide, and polishing and anti-rust agent. It can be used

for producing alkyl-aromatics which are vital compounds used hydrogen production

used in fuel cells [4]. The value of DME market is projected to be $9.5 billion by 2020,

with an average yearly growth of 19% between 2015 and 2020 [6].

Table 1.1. Physical properties of DME. (adapted from [4])

Molecular formula C2H6O

Molar mass 46.07 g mol−1

Appearance Colorless gas

Odor Typical

Density 1.97 g cm−3

Melting point -141 oC, 132 K

Boiling point -24 oC, 249 K

Solubility in water 71 g dm−3 at (20 oC)

Vapor pressure >100 kPa

The feedstock for DME production is synthesis gas (syngas), a mixture of car-

bon oxides (mostly CO) and H2, whose composition depends on the hydrocarbon type

(natural gas, coal or biomass) and the production route, i.e. either catalytic reforming

or gasification with steam, CO2 or oxygen [7]. DME can be produced in two different

ways. Conventional DME production is carried out by the indirect route that involves

two sequential catalytic packed-bed reactors. The first reactor includes a synthesis

catalyst, typically Cu–ZnO/Al2O3 or HZSM-5 to drive syngas–to–methanol conver-
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sion, whereas a solid acid catalyst such as γ–Al2O3 is used to dehydrate methanol to

DME [4, 8]. This production method requires high pressures (60-150 bar) to increase

syngas conversions, due to thermodynamic limitations of the methanol synthesis reac-

tion [9]. In the direct synthesis route, however, reactions run within the same reactor

at temperature and pressure ranges of 493–573 K and 10–50 bar, respectively on a bed

composed of either a physical mixture of the synthesis and dehydration catalysts or of

a single, hybrid catalyst in which active phases for synthesis and dehydration reactions

exist on the same support [4, 8]. Indirect process is utilized to produce DME in com-

panies such as Lurgi, MGC, Toyo and Udhe, and direct production process technology

belongs to companies such as Air Products, Haldor Topsoe, JFE Holdings, Korea Gas

Corporation and NKK [10]. Commercialization of direct route dates back to 2005,

when JFE Holdings successfully scaled-up its pilot DME production plant to achieve

100 ton DME per day at Hokkaido, Japan. Besides JFE Holdings no other company

has achieved industrial scale production. The rest are on the track of commercialization

but currently they are at pilot-plant production level [11].

Compared with the conventional production method, the direct route allows

higher CO conversion and simpler reactor designs. Direct approach also favors immedi-

ate consumption of methanol upon its formation, and therefore thermodynamically pro-

motes methanol synthesis from both CO and CO2. This functional benefit eliminates

the dependence of the total operating expense on the cost of making methanol [12,13].

Moreover, reduction in the capital and operating expenses associated with the use of

a single reactor unit is an additional advantage of the direct route. Nevertheless, more

complex separation process is required to obtain high purity DME due to unreacted

syngas and produced CO2 presence in the products [4].

Temperature regulation becomes crucial when DME is produced by the direct

route due to highly exothermic reactions involved in the reaction network. Examples

of temperature profiles and hot-spot formations of ∼40 K are given in Figure 1.2.

The difference between hot-spot locations arises from the cooling type selection; as

Vakili [14] (solid line) balanced heat release with series of endothermic reactions whereas

Hu et al. [15] (dashed line) cooled the reactor with counter-currently fed steam. Hot-
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spot formation inside a reactor may cause rapid catalyst deactivation, undesirably high

outlet temperatures or even run-away. Moreover, temperature is the vital parameter

for keeping the balance between the kinetics and thermodynamics of the exothermic

equilibrium-limited methanol synthesis and dehydration reactions. In this respect,

Figure 1.2. Hot-spot formations inside tubular packed bed reactors (adopted

from [14,15], as solid line and dashed line, respectively).

facile removal of the exothermic heat and precise regulation of the reaction temperature

becomes critical. At this stage microchannel reactors come into the play with their

heat and mass transfer rates that are nearly two orders of magnitude higher than

those involved in the conventional packed-bed units, offering the unique advantage of

operability at near-isothermal conditions. Characteristics dimensions of microchannel

reactors are in the range of 1-1000 µm. Catalyst used in these units are either coated

to the inner walls of the reactor or packed into the channel volume in particulate

form. In some cases the whole reactor can be constructed from the active material.

Effective catalyst utilization inside microchannel reactors enhances productivity per

unit catalyst amount or reactor volume. The advantage of coating allows the use of

high space velocities without suffering from pressure drop. Even though the major



6

disadvantage seems to be relatively low throughputs due to small channel volumes

and catalyst amounts, this can be overcome by simply numbering up the channels to

meet the desired capacity. These advantages, more specifically the necessity of precise

temperature control has been drawing researchers attention to microchannel reactors

about direct DME synthesis reaction system [16].

Microchannel technology has been developed mostly over the last 20 years via

the pioneering studies carried out in German Karlshruhe Institute of Technology and

Fraunhoder ICT-IMM, and the US Pacific Northwest National Laboratory (PNNL-

Battelle). Although common fabrication methodology for microchannel reactors is

lamination, 3D-printing is now available as an alternative, enabling realization of the

potential in the fine chemical industry for achieving higher yields and selectivities, less

by-products with minimum waste and cost. Scaling-up to commercial production is

applied by means of parallelization which is much more simpler and cheaper than the

traditional scaling-up studies of the conventional units [16].

This study focuses on the design considerations on DME production in a wash-

coated microchannel reactor by means of a parametric study, making temperature,

pressure, inlet velocity, H2/CO, H2/CO2 of CO2-containing syngas feed, as well as con-

struction material and wall thicknesses within the reactor the investigated parameters.

The aim is to determine the optimum design parameters to acquire high syngas con-

version and DME yield. The model is constructed on experimentally obtained global

kinetics [15].

The present thesis involves 5 main chapters, including Introduction. In Chapter

2, an extensive literature survey on DME production is provided. In Chapter 3, design

parameters of the microchannel reactor, reaction network and mathematical modeling

of kinetics are presented. In Chapter 4, results of parametric study are given and dis-

cussed in detail. Finally, in Chapter 5, conclusion from the study and recommendations

for further work are given.
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2. LITERATURE SURVEY

2.1. Dimethyl Ether Production

DME is produced from syngas, a mixture of hydrogen and carbon monoxide,

which is obtained industrially from fuels, mostly natural gas, either by gasification

or steam reforming. DME production involves a series of exothermic equilibrium re-

actions, namely conversion of syngas to methanol (via Reactions 2.1 and 2.2) and

subsequent dehydration of methanol to DME via Reaction 2.3 [4, 8]:

Methanol synthesis 1 (MS1): CO + 2H2 
 CH3OH ∆H0 = −90.4 kJ mol−1 (2.1)

Methanol synthesis 2 (MS2): CO2 +3H2 
 CH3OH+H2O ∆H0 = −49.4 kJ mol−1

(2.2)

Methanol dehydration (MD): 2CH3OH 
 CH3OCH3+H2O ∆H0 = −23.0 kJ mol−1

(2.3)

Relative amount of CO2 in syngas dictates the extent of reverse water–gas shift

(RWGS):

CO2 + H2 
 CO + H2O ∆H0 = 41.0 kJ mol−1 (2.4)

Exothermic nature of the methanol synthesis and dehydration reactions inher-

ently causes elevation in reaction temperature. Unless removed by means of cooling,

exothermic temperature rise above 573 K causes undesired methane formation via Re-

action 2.5 [17]:

CO + 3H2 
 CH4 + H2O ∆H0 = −206.0 kJ mol−1 (2.5)
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Since biofuel production has gained growing importance, numerous studies have

been carried out about DME synthesis both experimentally and computationally. DME

production can be carried out in two different ways. The first one is called the two-step

or indirect route and the other one is called the single-step or direct route (Figure 2.1).

In the two-step process methanol is produced in the first reactor, and after purification,

it is dehydrated to DME in a secondary reactor. In the relatively new one-step direct

process, methanol synthesis and its dehydration into DME take place in the same

reactor on a bifunctional or hybrid catalysts [4]. In the following sections, essential

information about both indirect and direct synthesis of DME by experimentally and

computationally will be presented and key results will be pointed out.

Figure 2.1. DME production diagram [4].

2.1.1. Indirect DME Synthesis

Traditionally, DME is produced in a two-step process since high selectivity of

DME can be easily achieved at mild conditions and purification of products are rela-

tively easier compared to direct route. Schematic diagram of the process is given in

Figure 2.1 and more detailed methanol dehydration process flowchart is given in Figure

2.2.

Studies regarding indirect DME synthesis from methanol focus mostly on type

and properties of the dehydration catalyst. Researchers conduct their experiments in

varying temperatures between 380-720 K. Pressure does not have significant effect on

process since Reaction 2.3 is in stoichiometric balance. Apart from these studies, some

articles handle the process from syngas and this approach introduce new parameters to

these studies such as pressure, H2/CO ratio, CO2 presence in feed and space velocity in

the ranges of 1-100 bar, 0.5-2.5 and 600-3000 h-1, respectively [13]. Reported DME yield



9

and CO conversion values in these studies are found to vary between 10-100% and 20-

97%, respectively. Although typical reaction unit is fixed-bed reactor, DME synthesis

by indirect route is studied also in catalytic distillation column [18], catalytic membrane

reactor [19] and Platelet Milli-reactor [20]. Methanol dehydration reaction into DME

can be achieved using solid acid catalysts. Some of these catalysts investigated in the

literature are γ-Al2O3 [21–23], HZSM-5 [24,25], HY zeolite supported by modified Cu-

Mn-Zn [26], mordenite [27], Nafion and its silicate structured nanocomposites [28] and

zeolite SUZ-4 [29].

Figure 2.2. DME sytnhesis from methanol, second part of indirect route [4].

Many articles have been published focusing kinetics of DME synthesis via methanol

dehydration on solid-acid catalyst and majority of them state that kinetic mechanism

follows either Langmuir-Hinshelwood [30] or Eley-Rideal [31] models in which both

DME and water act as reaction inhibitors [18].

Tokay et al. [28] investigated alumina impregnated SBA-15 (Al@SBA-15) on

DME synthesis from methanol. The authors observed that 80% of methanol was

converted into DME without any side product over 573 K. Below that temperature

formaldehyde production was observed, as yield of it is 20% at 473 K. Liwei et al. [32]

prepared a combination of Al2O3-HZSM-5 solid acids for methanol dehydration to

DME in a fixed-bed reactor. This combination exhibited higher activity than pure

Al2O3 and possessed higher stability than pure HZSM-5 temperatures below 508 K. At
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Figure 2.3. Indirect DME sytnhesis from syngas [4].

this temperature production of DME was reported as 13.5 g.gcat-1 h-1. Chen et al. [13]

investigated two-step DME production at different conditions. The study showed that

CO2 introduction to the feed enhanced CO conversion and suggested that optimum

values for the reaction system was CO2/CO ratio of 2, H2/CO ratio of 4 at 473 K to

achieve over 90% CO conversion. Zhu et al. [33] studied improved two-step synthesis

of DME in a fixed-bed reactor on CuO-ZnO-Al2O3 as methanol synthesis catalyst and

HZSM-5 as methanol dehydration catalyst. Study states optimum reaction temper-

atures of the top (methanol synthesis) and bottom (methanol dehydration) stage as

543-553 and 508-518 K, respectively. H2/CO ratio above 2 lead to increase both CO

conversion and DME yield from 10 to 52% and 3 to 21%, respectively. Also, effect of

increasing pressure was shown as pressure reaches 8MPa from 3 MPa, CO conversion

and DME yield from 30 to 78% and 21 to 63%, respectively.
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2.1.2. Direct DME Synthesis and Intensification

The direct route of DME synthesis is performed over either bifunctional or hybrid

catalysts. Thermodynamic limitation existing in the indirect route is surpassed since

produced methanol is continuously converted into DME. In general, higher CO con-

versions are achieved in the direct route. Moreover, required investment is relatively

lower than that of the indirect route.

Studies regarding the catalysts used in the direct route focus mostly on the im-

pact of the acidic dehydration catalyst on the extent of DME synthesis and investi-

gate the degree of acidity on CO conversion and on product distribution with em-

phasis on DME selectivity and yield. In this respect, catalysts with acidic properties

such as γ–Al2O3 [17, 34, 35], SiO2–Al2O3 [36, 37] and zeolites such as HZSM–5, H–Y,

H–Beta and H–Ferrierite [38–41] are studied at reaction temperature, molar syngas ra-

tio (H2/CO), pressure and residence time ranges of 513–553 K, 0.5–2, 1–70 bar and

3–8 kgcat.h kmol-1, respectively. These conditions are reported to deliver CO conver-

sions between 53–95% and DME yields between 34–52%. The studies also emphasize

that relative amounts of synthesis and dehydration catalysts are dictated by the prop-

erties of the latter and change between 1:1 and 3:1 (Cu–ZnO/Al2O3:acidic catalyst by

mass). Even though CO2 can exist in the syngas mixtures obtained from hydrocarbon

reforming/gasification routes, the impact of its existence in the feed on DME synthesis

is investigated in a limited number of studies that commonly use Cu–ZnO/Al2O3 as

the synthesis catalysts and γ–Al2O3 [42], ZSM–5 [43] and HZSM–5 [44, 45] as the de-

hydration catalysts. It is reported that at reaction temperatures, molar H2/CO2 ratios

and pressures between 513–543 K, 2–10 and 30–40 bar, respectively, CO2 conversions

of 15–50% and DME yields of 9–25% are obtained [8]. Further details regarding

the synthesis, characterization and performance of individual and hybrid synthesis and

dehydration catalysts can be found in the excellent review of Saravanan et al. [8].

In addition to the nature of the catalysts, rate of removal of the heat released

by Reactions 2.1–2.3 from the catalyst bed dictates the success of the direct synthe-

sis approach, which ideally calls for the need of isothermal conditions. Deviations



12

from isothermal behavior cause the reactions to be limited by thermodynamics and

subsequent reduction in DME yield and CO conversion. Importance of temperature

regulation increases further by the presence of CO2 in synthesis gas. RWGS (Reaction

2.4), favored with CO2 in the feed and at high temperatures caused by exothermic

heat generation, increases the amount of steam which shifts dehydration in the direc-

tion of methanol formation. The resulting methanol suppresses syngas consumption

via reversal of the methanol synthesis. Steam also accelerates deactivation of methanol

synthesis and dehydration catalysts via their sintering at temperatures in excess of 573

K [8, 34, 46]. Due to these problems associated with CO2, a well-known greenhouse

gas, its use as a feedstock in production of DME, a value-added product, becomes

difficult. Even though the rate of heat transfer on the catalyst bed is known to be

a strong function of reactor architecture, it is investigated and quantified only in a

few studies in the literature. Hu et al. [47] studied direct DME synthesis in a mi-

crochannel reactor packed with a physical mixture of commercial methanol synthesis

and dehydration catalysts in particulate form. Authors reported DME yields 3 times

higher than their commercial counterparts with much slower rates of catalyst deactiva-

tion, and linked these findings with the improved temperature control enabled by the

miniaturized reactor dimensions. In a series of studies, Hayer et al. [48–50] integrated

cooling function to the microchannel reactor packed with physical mixtures of particu-

late catalysts for methanol synthesis (Cu–ZnO/Al2O3) and dehydration (γ–Al2O3 and

HZSM–5) and studied the effects of composition, feed rate, temperature and pressure

of syngas and inlet temperature of the coolant on CO conversion and DME selectivity

by means of experimentation and mathematical modeling. They showed effective in-

tensification of direct DME synthesis by means of coupling heat exchange and catalytic

reaction functions at micro scales. In another study, McBride et al. [51] demonstrated

the importance of catalyst positions on heat transfer rate and temperature distribu-

tion. In these studies, however, the catalysts are in particulate form only and the

syngas feed does not include CO2. For various reactions it is reported that more effi-

cient use of the catalysts is possible by coating them as thin layers to the inner walls

on the microchannel rather than packing them in particulate form [52, 53]. At this

point, wall–coated microchannel reactors come into play with their heat transfer rates
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that are 102 higher than those of their packed-bed counterparts and offer near ideal

effectiveness of catalyst use together with notably increased productivities per unit

catalyst amount or reactor volume [54–57]. These units, characterized by channels

with hydraulic diameters in the range of 10-6–10-2 m and washcoated catalyst layers

thickness below 1×10-4 m, are precisely machined from mostly metallic substrates

which, combined with surface area–to–volume ratios in the order of 104 m2 m-3, favor

heat transport and precise regulation of temperature to the ideal interval demanded

for peak catalyst effectiveness [58, 59]. Moreover, ease of cooling integration allows

microchannel units to operate under isothermal conditions allowing precise balance

of the kinetic and thermodynamic effects [60, 61]. This study involves a quantitative

parametric study for providing insight into the potential benefits of heat exchange in-

tegrated microchannel reactor operation in direct DME synthesis from synthesis gas

involving CO2, which further increases the detrimental effects of thermodynamics and

calls for the requirement of precise temperature control of the catalyst bed. Lack of

studies regarding investigation of wall-coated, multifunctional microchannel reactors in

the conversion of CO2 containing syngas to DME forms the motivation of the present

study.
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3. MATHEMATICAL MODELING

3.1. Details of the Microchannel Reactor

Schematic representation of the heat–exchange integrated microchannel reactor

is presented in Figure 3.1. The multichannel unit involves periodically located parallel

groups of reaction and cooling channels that are physically separated by a metallic wall.

Each channel is 7.5×10-2 m long and has a rectangular cross section with dimensions of

3×10-4 m (H ) × 6×10-4 m (W ). Rectangular cross-section is selected on the basis of its

relative ease of micromachining [62], while the choice of the cross-sectional dimensions

is based on the balance between transport rates, which increase at smaller hydraulic

diameters due to cross-sectional shape dependent asymptotic Nu and Sh numbers, and

pressure drop, which becomes elevated in narrower channels [58, 59, 63]. A uniform,

physical mixture of Cu–ZnO/Al2O3 and γ–Al2O3 catalysts (with a mass ratio of 1:1)

is considered to be washcoated to the 6×10-4 m (W ) × 7.5×10-2 m (L) planes facing

each other at the interior of each reaction channel.

Figure 3.1. Simplified (not to scale) illustrations of the intensified, microchannel

DME synthesis reactor (left) and the unit cell (adopted from [64])

Particular partitioning of the reaction and cooling channels allows neglecting

the inter–channel heat transfer in the z–direction, i.e. between identical channels.

This assumption allows elimination of one spatial dimension and representation of

the operation in two dimensions, x and y. The impact of this simplification on the
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heat transfer properties of the reaction channel is studied by means of calculating

the spatial evolution of the Nu numbers calculated by two– and three–dimensional

models for ethylene epoxidation, which is very similar to DME synthesis in terms

of the degree of exothermicity of the reactions [64]. Comparison of the Nu numbers

showed that the difference between the models remains negligible [64], allowing safe use

of two–dimensional model in the present study. Periodic grouping of the channels also

allows the so–called unit cell to be the representative geometry of the two–dimensional

multichannel unit (Figure 3.1). The unit cell representation is based on the cancellation

of the heat fluxes in y–direction on the symmetry lines of the reaction and cooling

channels. Further details regarding the basis and details of the unit cell simplification

can be found elsewhere [64–66].

3.2. Reaction Network and the Kinetic Model

DME synthesis from syngas is considered to take place via the independent

methanol synthesis and dehydration reactions (Reactions 2.1-2.3) on a mixture of

Cu–ZnO/Al2O3 and γ–Al2O3 catalysts coated to the inner walls of the reaction chan-

nel. Since RWGS (Reaction 2.4) depends on the combination of Reactions 2.1 and

2.2, it is not considered in the model reactions. Moreover, Reaction 2.5 is not in-

cluded in the simulated reaction network due to the facts that formation of methane

and other paraffins during DME synthesis on Cu–ZnO/Al2O3 and γ–Al2O3 mixture

remains negligible below 573 K [17] and the reaction temperature will be kept well

below this value due to integrated cooling. Similarly, 573 K is specified as the limit

below which agglomeration of Cu nanoparticles on Cu–ZnO/Al2O3 and pore closure on

γ–Al2O3 driven by hydrothermal sintering becomes negligible [42]. In addition, possi-

bility of deposition of carbonaceous species is reported to remain negligible mainly by

the reversal of Boudouard reaction (2CO = CO2 + C(s), ∆H0 = −172 kJ mol-1) in

the presence of CO2 in the feed [42, 46]. Based on these experimental evidences, both

catalysts are assumed to run at their active states without being subject to deactiva-

tion. In the light of these assumptions, the following kinetic model adapted from Hu
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et al. [15] is used for quantifying the rates of Reactions 2.1-2.3:

rMS1 =
kMS1fCOf

2
H2

(1− βMS1)

(1 +KCOfCO +KCO2fCO2 +KH2fH2)
3 , βMS1 =

fCH3OH

KD,MS1fCOf 2
H2

(3.1)

rMS2 =
kMS2fCO2f

3
H2

(1− βMS2)

(1 +KCOfCO +KCO2fCO2 +KH2fH2)
4 , βMS2 =

fCH3OHfH2O

KD,MS2fCOf 3
H2

(3.2)

rMD =
kMDfCH3OH(1− βMD)

(1 +
√
KCH3OHfCH3OH)2

, βMD =
fCH3OHfH2O

KD,MDf 2
CH3OH

(3.3)

Methanol synthesis reactions (MS1 and MS2) are considered to run on Cu–ZnO/

Al2O3, whereas methanol dehydration (MD) is driven by γ–Al2O3 [15]. Constants

needed to predict temperature dependence of the parameters existing in Equations

3.1–3.3 are presented in Table 3.1:

Table 3.1. Temperature dependence of the parameters used in the kinetic model

(adapted from Hu et al. [15])

krxn, Ki=A.exp(B/(RT)) A B

kMS1 1.2×103 -43723

kMS2 2.8×101 -30253

kMD 5.8×101 -24984

KCO 8.252×10−4 30275

KCO2 2.1×10−3 31846

KH2 1.035×10−1 -11139

KCH3OH 1.726×10−4 60126

The rate laws are expressed in terms of the fugacity of the components existing

in the mixture. These terms can be related to pure component fugacities by means of
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the Lewis law given through the expression below [67]:

fi = yifpure,i, fpure,i = exp[(bi −
ai
RT

)
p

RT
+ ln p] (3.4)

The van der Waals coefficients needed to predict temperature dependence of the

fugacity terms existing in Equations 3.1–3.3 are given in Table 3.3:

Table 3.2. The van der Waals coefficients used for evaluation of Equation 3.4

(adapted from [67])

Species(i) ai(bar L
2mol−2) bi(Lmol

−1)

CO 1.472 0.03948

H2 0.2453 0.02651

CO2 3.658 0.04286

H2O 5.537 0.03049

CH3OH 9.472 0.06584

CH3OCH3 8.69 0.07742

CH4 2.3 0.04301

The kinetic model necessitates the prediction of equilibrium constants of Re-

actions 2.1–2.3 as a function of temperature via the molar Gibbs free energy of the

particular reaction:

KD,rxn = exp(−∆Grxn/RT ), rxn = MS1,MS2,MD (3.5)

Gibbs free energy of formation of reactive species (CO, H2, CO2, H2O, CH3OH

and CH3OCH3), required to calculate Gibbs free energy of the reaction via Equation

3.6, can be estimated by the temperature dependent expressions presented in Equations
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3.7–3.9 and by the use of accompanying constants given in Table 3.3:

∆Grxn =
∑

i=products

niGf,i −
∑

i=reactants

niGf,i (3.6)

Gf,i

RT
=
Hf,i

RT
− Sf,i

R
(3.7)

Hf,i

RT
= a1 + a2

T

2
+ a3

T 2

3
+ a4

T 3

4
+ a5

T 4

5
+
b1
T

(3.8)

Sf,i
R

= a1 lnT + a2T + a3
T 2

2
+ a4

T 3

3
+ a5

T 4

4
+ b2 (3.9)

Table 3.3. Constants needed for the estimation of Gibbs free energy of formation of

the species (adapted from [68])

Species a1 a2(×103) a3(×106) a4(×109) a5(×1012) b1(×10−4) b2

CO 3.58 -0.61 1.02 0.91 -0.90 -1.43 3.51

H2 2.34 7.98 -19.5 20.2 -7.38 -0.092 0.68

CO2 2.36 8.98 -7.12 2.46 -0.14 -4.84 9.90

H2O 4.20 -2.04 6.52 -5.49 1.77 -3.03 -0.85

CH3OH 5.72 -15.2 65.2 -71.1 26.1 -2.56 -1.50

CH3OCH3 5.31 -2.14 53.1 -62.3 23.1 -2.40 7.13

CH4 5.15 -13.7 49.2 -48.5 16.7 -1.02 -4.64
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3.3. Reactor Operation, Overview of the Parametric Study and Numerical

Solution

Default operation of the unit cell, the representative geometry of the mutichannel

reactor block, involves counter–current feeding of coolant (air) and the reactive stream,

which is assumed as a homogeneous mixture of CO, CO2, H2 and N2 (balance gas),

both at 50 bar and 508 K. Syngas composition quantified by the molar inlet H2/CO

and H2/CO2 ratios set to 2.5 and 10, respectively, as default values. The ranges of

operating parameters, namely, inlet pressure, temperature, H2/CO and H2/CO2 ratios

are determined as 20–60 bar, 493–508 K, 2.5–4.0 and 5–12, respectively, in the light

of condition ranges employed in the literature [8]. In all simulations, feed temperature

and pressure of air are taken as the same with those of syngas. Thickness of the solid

wall separating the channels is investigated between 1–2 ×10-3 m, with 1×10-3 m being

selected as the default value. Stainless steel (316 grade) is used as the standard wall

material among the other options, namely cordierite and FeCrAl. The materials are

selected on the basis of their availability and compatibility with several micromachining

techniques and their wide use in the construction of catalytic microchannel reactors

[54, 62]. The effect of a parameter on reactor performance is studied by changing its

value/attribute within its specified range, while keeping the others at their defaults.

It is assumed that each channel in the multichannel reactor has exactly the same

inlet flow rate and the reactor block operates adiabatically that allows neglection of

heat transfer across the outermost boundaries. The former assumption necessitates

precise uniformity of the channel dimensions and thickness of the coated catalyst layer

together with the lack of deposition of carbonaceous species so that the main reactive

stream is partitioned equally to the channels. As mentioned in Section 3.2, conditions

of DME synthesis pertinent to the present study do not favor coking. The existing

techniques of machining and washcoating of microchannels, however, can lead to some

minor fluctuations in the catalyst layer and cross-sectional channel dimensions along

the x–direction (Figure 3.1). Even though such fluctuations will have limited impact

on the reactor performance, they can be captured by simulating the multichannel block

with the numerical techniques employed in the present study, but at the expense of

significant elevation of the computation load. Therefore, the impact of dimensional
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variations on reactor performance are intentionally kept out of the scope of the work.

In the light of the assumptions above, steady–state operation of the multichannel

unit can be described by the simultaneous occurrence of (i) transport of momentum

heat and mass in fluid phases of both channels, (ii) reactive transport within porous

catalyst layer and (iii) conductive heat transfer along the solid wall within the domain

of the unit cell presented in Figure 3.1.

Table 3.4. Model equations used to simulate DME synthesis within the unit cell

(Figure 3.1)(adapted from [69])(FP: fluid phases in reaction and cooling channels,

CWP: catalytic washcoat phase in reaction channel, SW: solid wall between the

channels)

Continuity equation ∇.(ρm~v) = 0

Momentum eq.(FP) ∇.(ρm~v~v) = ∇p+∇.[µm(∇~v + (∇~v)γ − 2

3
(∇.~v)I)]

Momentum eq. ∇.(ρm~v~v) = ~F−∇p+∇.[µm(∇~v + (∇~v)γ − 2

3
(∇.~v)I)]

(CWP) ~F = −(
µm
α
~v +

C2

2
ρm|~v|~v)

α =
d2p

150

ε3cat
(1− εcat)2

;C2 =
3.5

dP

(1− εcat)
ε3cat

Species mass eq. (FP) ∇.(µm~vYi) = −∇.~Ji; ~Ji = −ρmDi,m∇Yi
Species mass eq. ∇.(µm~vYi) = −∇.~Ji + MiRi; ~Ji = −ρmDeff,i,m∇Yi
(CWP) RCO = −rMS1; RH2 = −2rMS1 − 3rMS2

RCH3OH = rMS1 + rMS2 − 2rMD;RCH3OCH3 = rMD

RCO2 = −rMS2; RH2O = rMS2 + rMD

Energy eq. (FP) ∇.(cp,m~vT ) = ∇.(km∇T )

Energy eq. (CWP) ∇.(cp,m~vT ) = ∇.(keff,m∇T ) +
∑
rxn

(−∆Hrxn)(rrxn)

Energy eq. (SW) ∇.(kw∇T ) = 0

These phenomena can be described mathematically by the set of model equations

presented in Table 3.4. The linear inlet velocities of the reactive stream and air, both
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assumed to be of Newtonian type fluids, are set to 0.1 and 10 m s-1, respectively,

and make the flow regime laminar as characterized by the Reynolds numbers (Re) of

1.4×10-1 and 1.6×101 respectively. Feed velocity of the syngas is based on the GHSV

of 16080 Nml gcat-1 h-1 which is in accordance with those involving DME synthesis on

the same catalyst bed considered in the present study [9, 70]. Under these conditions

and the channel geometries defined in Section 3.1, pressure drop in both channels

remained below 1%, which is in alignment with those of the microchannel units having

similar dimensions [71, 72]. Boundary conditions needed for the numerical solution

involves the definition of temperatures, linear velocities and species mass fractions

at the channel inlets and exit gauge pressures at the channel outlets. Condition at

the catalyst layer–fluid interface is integrated to the model by means of continuity

of heat and species mass fluxes, and velocity. Material and heat fluxes across and

components of velocities normal to the symmetry lines are taken to be zero. The

remaining boundaries in the unit cell are set to involve no–slip conditions. Gas–phase

reactions are neglected, as they remain slower than those running on the catalyst

layer, which is valid even for high–temperature (>∼1000 K) processes such as catalytic

oxidation of methane [73].

The model equations involve fluid properties such as viscosity, density, molecular

weight, heat capacity, thermal conductivity of and species diffusivity within the reactive

mixture, effective thermal conductivity of the reactive mixture and species diffusivity

within the pores of the catalyst layer, Knudsen and binary diffusivities, all of which

can be estimated by the pertinent correlations compiled and reported elsewhere [64,69].

The 5×10-5 m thick catalyst layer is modeled as a homogeneous porous medium com-

posed of a uniform physical mixture of Cu–ZnO/Al2O3 and γ–Al2O3 having a mass

ratio of 1:1. The selected washcoat thickness ensures minimization of intra–layer heat

and mass transport resistances and is reported to remain mechanically stable in a num-

ber of applications [58]. Tortuosity, porosity, thermal conductivity and density of the

catalyst layer are taken as 1.64, 0.61, 24.2 W m-1 K-1 and 2366 kg m-3, respectively,

while the average diameter of the pores, assumed to have cylindrical cross–sections, is

set to 1.14×10-8 m [9]. Difference between the outcomes of the comparative simulations

remained below 1% when the physical properties of the bed are represented either by
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those of Cu–ZnO/Al2O3 or of γ–Al2O3. In this respect, properties of Cu–ZnO/Al2O3

are adapted as those of the mixed catalyst layer. Permeability and inertial resistance of

the coated catalyst layer, both of which exist in the momentum conservation equation

for the washcoat phase in Table 3.4, are calculated by equalizing particle diameter to

the layer thickness. Total mass of catalyst layer coated to both surfaces of one reaction

channel is calculated as 1.07×10-5 kg. Owing to the fact that the maximum change

in the reaction temperature remains well below 20 K in the simulations (Section 4),

temperature dependence is ignored in evaluating the fluid properties which is carried

out at the particular feed temperature to decrease computation time. Such a simplifi-

cation is reported to have negligible changes in the outcomes of oxidation and steam

reforming of methane, both simulated in a catalytic microchannel reactor at tempera-

tures in excess of ∼850 K [74], which is much higher than those (i.e. <300 K) involved

here.

Simultaneous solution of the mathematical model which is composed of a set of

non–linear partial differential equations (Table 3.4) is carried out by the finite volume

method executed under ANSYS (version 19.2) platform. The solution domain (i.e. the

unit cell) is discretized by rectangular cells via the Gambit software (version 2.3.16) to

give a total of 4.05×105 nodes, with 2.6×104 cells for the half reaction channel, 1.3×104

cells for the porous catalyst layer, 3.9×104 cells for the half cooling channel and 2.6×105

cells for the solid wall. The kinetic model composed of the rate expressions (Equations

3.1–3.3) and the auxiliary equations (3.4–3.9) together with the pertinent correlations

for the estimation of fluid properties are integrated with ANSYS structure in the form

of user–defined functions. Numerical solution is carried out on a HP Z440 workstation

with 32 GB of memory. Every simulation reported in this study is run at least twice

to check the reproducibility of the results, which are found to deviate only after the

second digit following the decimal point. Impact of the discretization scheme is also

investigated by further refining of the mesh, i.e. increasing the number of grid points,

which ended up with only <1% differences in the temperature profiles obtained under

all combinations of operating conditions. The impact of each parameter on reactor

performance is quantified in terms of temperature profiles obtained at the catalyst–fluid

interface of the reaction channel and CO conversion together with yields of DME,
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CH3OH and H2O. CO conversion is defined as the ratio of moles of CO converted to

the moles of CO fed, while the yield of species i is defined as the ratio of moles of

species i in the product mixture to the moles of CO at the inlet. In these definitions,

the term “moles” refer to the pertinent molar flow rate that is surface–averaged on the

channel cross section.



24

4. RESULTS AND DISCUSSION

4.1. Validation of the Reactor Model

Capability of the mathematical model in capturing the real reactor performance

is carried out prior to its use in the simulation of intensified DME production from

CO2-containing syngas. The experimental data is adapted from the study of Hayer et

al. [49] which involves DME production from syngas fed with molar percent compo-

sition of H2:CO:CO2:N2:CH4 = 42:42:5:5:6 within 483–573 K temperature, 10–50 bar

pressure and 4.5×103–6×104 Nml gcat-1 h-1 gas–hourly space velocity (GHSV) ranges

into a heat–exchange microchannel reactor packed with 1:1 (by mass) physical mixture

of CuO–ZnO–Al2O3 and γ–Al2O3 catalysts in particulate form. Under these condi-

tions near–isothermal DME synthesis free of mass and heat transport limitations is

demonstrated [49].

Figure 4.1. Comparison of the experimental and predicted syngas conversions.

Experimental data is taken from [49].

In this respect, the experimental data can be used to test the mathematical model

for the proposed wall–coated microchannel reactor which inherently disables transport

resistances even in very exothermic reactions such as ethylene oxide synthesis [75]. Out-

comes of the experiments run at 483, 503 and 523 K, 50 bar and GHVSs of 4.5×103 and
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1.5×104 Nml gcat-1 h-1, all of which are very close to the conditions employed in the

present study, are compared with those computed via the model explained in Section

3, and reported in the parity plot presented in Figure 4.1 in terms of per cent conver-

sion of syngas (i.e. CO and H2). The results show that experimental and predicted

conversions satisfactorily agree with each other and deviate within the range of 3–14%.

This finding justifies the kinetic expressions and the complementary thermodynamic

relationships together with the unit cell approach and the accompanying assumptions,

all of which are the building blocks of the mathematical model that will be used to

quantify intensified DME synthesis in the following sections.

4.2. Effect of Syngas Feed Temperature

The effect of feed temperature of syngas on the spatial evolution of the reaction

channel temperature, reaction rates, CO conversion and yields of methanol and steam

are presented in Figure 4.2. Four different feed temperatures are studied in the 493–508

K range with increments of 5 K, while the other parameters are kept at their defaults

given in Section 2.3. All cases involve a common trend of reaction temperature which

initially increases rapidly as the syngas feed contacts with the catalyst layer and then

keeps on decreasing along the channel due to the integrated counter–current cooling

(Figure 4.2a). Despite the fast temperature ramp, the maximum value of the gradient

between the inlet and the hot–spot remains at 9 K, which is significantly below 40 K

reported for externally cooled tubular reactors packed with the same catalysts (i.e. 1:1

physical mixture of Cu–ZnO/Al2O3 and γ–Al2O3) and run under equivalent operating

conditions [14, 15]. Space time yields (STY) of conventional DME synthesis units and

the proposed intensified microchannel reactor are compared at similar conditions. The

difference is related with the improved heat transfer rates of wall-coated microchannel

reactors and clearly shows their capability in minimizing the negative impacts of hot-

spots such as catalyst deactivation. The intensified reactor is also compared with its

conventional counterparts on the basis of space time yield (STY), defined as the ratio

of the mass flow rate (tons h-1) of DME produced per reactor volume confining the

catalyst bed. For this purpose, STY is comparatively calculated for a packed-bed type,
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directDME synthesis reactor and for the air-cooled microchannel reactor, both of which

involve the same catalysts mixed with identical proportions. Hu et al. [15] reported that

industrial packed-bed reactor running at temperature and pressure ranges of 493-523

K and 23-40 bar, respectively, can perform to deliver STYs in between 0.11 and 0.13

tonsDMEproduced
m-3 h-1. Microchannel reactor in the present study, on the other hand,

is simulated to run at STYs between 0.10-0.24 tonsDMEproduced
m-3 h-1 at conditions of

503-508 K and 20-50 bar on the basis of reaction channel volume. This comparison

reveals that, in addition to its capability of suppressing hot-spot formation, the heat-

exchange integrated microreactor can improve volumetric productivities observed in

the conventional units.

Figure 4.2. Evolution of (a) temperature, (b) CO conversion, (c) rates of methanol

synthesis reactions, yields of (d) steam and (e) methanol, and (f) rate of methanol

dehydration along the reaction channel at different syngas feed temperatures.

The root cause of the instant temperature rise at the channel inlet can be ex-

plained by the 2% CO conversion observed at the same location (Figure 4.2b, inset) via
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Reaction 2.1 and is in well–alignment with the fast nature syngas–to–methanol conver-

sion over Cu–ZnO based catalysts. After its instant elevation, CO conversion increases

along the channel with a rate that in inversely proportional with the feed temperature.

This pattern, together with the rate of decrease in temperature becoming more no-

table at hotter feeding, can be explained with the opposing effect of thermodynamics.

As methanol synthesis reactions are exothermic, they become slower or even reversed

depending on the extent of temperature rise. This qualitative fact is quantified by

calculating the reaction rates along the channel lengths for the lowest and highest inlet

temperatures, 493 K and 508 K, respectively, as presented in Figure 4.2c. Analysis

of the reaction rates reveal that, compared to methanol formation by CO2 hydrogena-

tion, the CO hydrogenation route is faster and always proceeds in forward direction,

as revealed by its positive rates along the channel. Moreover, faster decline of its rate

at higher feed temperatures due to pronounced impacts of thermodynamic limitations

provides fundamental explanation of temperature and CO conversion trends at 508 K

feeding.

In contrast with that of Reaction 2.1, direction of CO2 hydrogenation (Reaction

2.2) is found to change along the channel length. After a sharp increase upon feeding

at 508 K, its rate is found to decline, followed by reversal at channel lengths between

1–3.5×10-2 m, after which positive rates are observed again. As expected, feeding at

the lowest temperature of 493 K decreases the rates of both reactions, with Reaction 2.2

having slightly negative values at the second half of the channels. The extent of CO2

hydrogenation can be visualized better by analyzing the spatial changes in the yields

of steam and methanol presented in Figures 4.2d and 4.2e, respectively. The H2O yield

trend calculated at 508 K feeding is in perfect alignment with the rate of Reaction

2.2, which predicts an early maximum at the yield of 2.5%, followed by a decline

corresponding to H2O consumption due to reversal of Reaction 2.2 until 3.5×10-2 m,

above which H2O formation is again promoted, but to a much lesser extent due the

slightly positive rates. Interestingly, higher yields of H2O up to 3.5% are obtained by

lowering feed temperature to 493 K. This finding is in alignment with the corresponding

CO2 hydrogenation rate that changed less but remained always above zero in the first

half of the channel. Comparison of CO conversion and methanol yields (Figures 4.2b
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and 4.2e) at 508 K feeding shows that the latter increases faster than CO conversion in

the channel upstream due to the contribution of Reaction 2.2 to methanol yield, whose

rate of increase, however, gets significantly lowered in the channel downstream due

suppression of CO2 hydrogenation. Figure 4.2f shows the rates of methanol dehydration

are at least 10 times less than those of the synthesis routes. After a characteristic

initial boost aided by the immediate abundance of methanol, dehydration rate is found

to proceed with a trend in alignment with the particular reaction temperature. As

expected, DME yields increase with feed temperature and reach up to 3.6% (Table

4.1) which is found to be in alignment with the literature studies involving operating

conditions similar to the ones used in the present study [9, 17,42].

Table 4.1. DME yield obtained as functions of operating conditions

DME yield (%)

Parameter Value or molar flow rate

(×109mol s−1)

T (K) 493, 498, 503, 508 2, 2.5, 3.1, 3.6

P (bar) 20, 30, 40, 50, 60 2.2, 2.5, 2.8, 3.1, 3.3

H2/CO 2.5, 3.5, 4 8.42, 7.86, 7.64

H2/CO2 5, 7.5, 10, 12 3.1, 3.5, 3.6, 3.6

Inlet syngas flow rate 1, 2, 3 8.42, 11.3, 14.1

(×101ms−1)

Wall thickness (×103m) 1, 1.4, 1.6, 2 3.6, 3.6, 3.7, 3.7

Wall material Steel, Cordierite, FeCrAl 3.6, 3.5, 3.6

Flow partitioning Counter-current, co-current 3.6, 3.9

Steam is an undesired intermediate in DME synthesis as it accelerates sintering

and thermodynamically hinders CO2 conversion in Reaction 2.2 and DME synthesis in

Reaction 2.3. In this respect, feeding syngas at 508 K should be preferred as, compared

with the lower inlet temperatures, it minimizes formation of H2O while favors methanol

production, both factors which lead to increased DME yields.
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4.3. Effect of Syngas Feed Pressure

The effect of inlet pressure of syngas on the spatial evolution of the reaction chan-

nel temperature, reaction rates, CO conversion and yields of methanol and steam are

presented in Figure 4.3. Five different feed pressures are studied in the 20–60 bar range

with increments of 10 bar, while the other parameters are kept at their defaults given

in Section 3.3. Higher pressures lead to increased reaction temperatures, as evident

from the profiles in Figure 4.3a. This finding is in accordance with the Le Chatelier’s

principle of thermodynamic promotion of a gas–phase reaction to the side with lower

number of moles of species. This rule holds for promotion of methanol synthesis via Re-

Figure 4.3. Evolution of (a) temperature, (b) CO conversion, (c) rates of methanol

synthesis reactions, yields of (d) steam and (e) methanol, and (f) rate of methanol

dehydration along the reaction channel at different syngas feed pressures.

actions 2.1 and 2.2, both of which release heat that favors the reactions also kinetically.

Higher temperatures, however, are also accompanied by their faster decrease along the
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channel length due to thermodynamic limitations that become more significant with

temperature. The resulting trade–off between pressure and temperature also explains

the gap between successive temperature profiles which become closer at higher pres-

sures (Figure 4.3a). A similar trend is observed in the CO conversions that increase

from 17% to 49% upon 40 bar increase in the inlet pressure, with its contribution

becoming monotonically lesser at its higher values (Figure 4.3b). The impact of feed

pressure on the rates of synthesis reactions are presented in Figure 4.3c. Regardless

of the route, rates are doubled at the channel entrance upon imposing 40 bar increase

in the feed pressure. Nevertheless, this promotion diminishes along the channel due to

the stronger thermodynamic opposition driven by pressure–induced exothermic heat

release.

In contrast with Reaction 2.1, the reverse of CO2 hydrogenation is found to

become more effective at lower pressures in a bigger portion of the channel volume

as evident by the comparison of the negativity of the rates of Reaction 2.2. This

trend explains the spatial evolution of in–situ steam production which is favored at

higher pressures (Figure 4.3d). After reaching peak yields between 1.1–3.5%, steam

is consumed by the reversal of Reaction 2.2. The locus of peak points consistently

shifts to the upstream of the channel due to the earlier shift in the Reaction 2.2 at

reduced pressures (Figures 4.3c and 4.3d). Yields of methanol, on the other hand,

follow trends parallel to those of CO conversion, a strong indication of the dominance

of CO hydrogenation on methanol synthesis (Figure 4.3e). This finding is aligned with

its rates consistently above those of CO2 hydrogenation (Figure 4.3c). Nevertheless,

Reaction 2.2 has some contribution to methanol production, whose extent increases at

higher pressures where the gaps between successive methanol yield curves are wider

than those of conversion profiles. This contribution, however, remains below that

caused by the changing the inlet temperature. Figure 4.3f gives the rate of Reaction

2.3 as a function of channel length. As more methanol is synthesized from Reactions

2.1 and 2.2 at elevated pressures, methanol dehydration is ultimately favored, notable

by its acceleration at the inlet, and gives DME yields increasing from 2.2 to 3.3% (Table

4.1).
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Considering the disadvantages of steam for the DME synthesis, feeding syngas at

20 bar seems favorable as it ends up with the lowest steam yield among other pressures

(Figure 4.3d). However, the significantly higher CO conversions, methanol and DME

yields make 50 bar a meaningful choice. Owing to the high costs of compression and

incremental differences between 50 and 60 bars, the former seems to be feasible also in

terms of reactor performance per unit operating cost.

4.4. Effect of Molar Inlet H2/CO ratio

The effect of molar inlet H2/CO on the spatial evolution of the reaction channel

temperature, reaction rates, CO conversion and yields of methanol and steam are

presented in Figure 4.4. Ratios of 2.5, 3.5 and 4 are studied by keeping the molar feed

flow rate of H2 constant, but changing that of CO. While doing so, total syngas flow rate

is kept constant by adjusting the flow of inert N2 accordingly. As explained in Sections

4.2 and 4.3, temperature distribution involves the common trend of a sharp rise at

the very inlet, followed by a decrease along the remainder of the channel. Considering

that the coolant feed properties are constant in each case, lower H2/CO ratios lead to

higher and faster declining temperatures (Figure 4.4a).

This finding is somewhat linked with the input of more N2 to keep the total inlet

flow rate constant at higher H2/CO values, i.e. reduced CO feed flow rates which

artificially lead to higher CO conversions (Figure 4.4b) due to its definition provided

in Section 3.3. However, molar flow rates of converted CO follow the decreasing order

of 8.04×10-8 > 7.18×10-8 > 6.48×10-8 mol s-1 at ratios of 2.5, 3.5 and 4, respectively,

which is in alignment with the corresponding temperature profiles. Analysis of the

rates of Reactions 2.1 and 2.2, presented in Figure 4.4c, provides further insight into

understanding the implications of feed ratio. It is obvious that both reactions turn

out to have higher rates at H2/CO=2.5. The only exception to this trend is at the

channel upstream where CO–lean feeding offers better promotion of the reactions,

which, however, does not affect the temperatures and CO conversions mentioned above.

Regardless of the feed composition, rates of both reactions approach to zero. In other

words, neither of the reactions produce heat, leading to the equalization of the effluent
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temperature with that of the coolant inlet of 508 K (Figure 4.4a).

Figure 4.4. Evolution of (a) temperature, (b) CO conversion, (c) rates of methanol

synthesis reactions, yields of (d) steam and (e) methanol, and (f) rate of methanol

dehydration along the reaction channel at different molar inlet H2/CO ratios

Yields of steam and methanol are presented in Figures 4.4d and 4.4e, respectively.

Qualitative evolution of steam yield is dictated by the rate of CO2 hydrogenation,

whose local increase at the channel upstream leads to peaking of steam production.

Due to the use of CO feed flow rate in the yield definitions, however, it is better to

compare the molar flow rates of steam and methanol at the reactor exit. The amount

of effluent steam is calculated as 2.06×10-9, 3.08×10-9 and 4.05×10-9 mol s-1 at H2/CO

of 2.5, 3.5 and 4, respectively, and follows the same qualitative response of per cent

yield against feed ratio reported in Figure 4.4d. These findings justify the existence

of RWGS (Reaction 2.4) as the reaction becomes favored under CO–lean conditions to

produce steam. Note that RWGS is considered in the simulations as it is a function

of Reactions 2.1 and 2.2. On the other hand, amounts of effluent methanol change as
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1.05×10-7, 8.45×10-8 and 7.24×10-8 mol s-1 upon increasing H2/CO as 2.5, 3.5 and 4,

respectively. This trend is the opposite of what is reported in Figure 4.4e. Contribution

of Reaction 2.2 to methanol synthesis can be quantified by subtracting the amount of

CO converted, which is also equal to methanol produced by Reaction 2.1, from the

total methanol amount at the exit. The resulting differences, 2.1×10-8, 1.27×10-8,

7.6×10-9 mol s-1 at H2/CO=2.5, 3.5 and 4, respectively are in perfect agreement with

the decreasing order of the respective rates of Reaction 2.2 presented in Figure 4.4c.

The amounts and rates of DME synthesis as functions of H2/CO ratio are re-

ported in Table 4.1 and Figure 4.4f, respectively. Since its rate is one order of mag-

nitude lower than those of synthesis reactions, the exotherm generated by Reaction

2.3 has negligible impact on the reaction temperature, which, as explained above, fol-

lows the rate patterns of Reactions 2.1 and 2.2. In alignment with the amount of

methanol produced, DME synthesis is favored at the lowest feed ratio of 2.5 and found

as 8.42×10-9 mol s-1, which is 10% above the DME throughput of 7.64×10-9 mol s-1

obtained at H2/CO=4. The present findings show that molar inlet H2/CO ratio of

2.5 offers the best performance in terms of increased DME production and suppressed

steam formation.

4.5. Effect of molar inlet H2/CO2 ratio

The effect of molar inlet H2/CO2 on the spatial evolution of the reaction channel

temperature, reaction rates, CO conversion and yields of methanol and steam are

presented in Figure 4.5. Ratios of 5, 7.5, 10 and 12 are studied by keeping the molar

feed flow rate of H2 constant, but changing that of CO2 in the context of the strategy

explained in Section 4.4. The results indicate a clear pattern involving higher peak

temperatures, accompanied by their faster spatial decline and elevated CO conversions

as the feed gets leaner with CO2. Moreover, the magnitude of CO2 feeding is notable

at H2/CO2 between 5 and 10, but remains negligible at values above 10 (Figures 4.5a

and 4.5b). The root cause of this finding is associated with the presence of CO2 as

a reactant in Reaction 2.2. As H2/CO2 gets lower upon abundant CO2 feeding, the

extent of CO2 hydrogenation increases to boost methanol formation, which, however
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suppresses Reaction 2.1. This argument is quantified by plotting the rates of synthesis

reactions at the extreme ratios of 5 and 12 along the reaction channel in Figure 4.5c.

In fact, the difference in favor of the rate of Reaction 2.1 at H2/CO2=12 is obvious

especially at the channel upstream. Since the channel temperature is dictated mostly by

the heat release from Reaction 2.1, its promotion leads to the highest peak temperature

close to 518 K (Figure 4.5a) driving Reaction 2.2 up to a maximum rate of 1.5×10-2

kmol m-3 s-1 immediately at the inlet. Suppression of Reaction 2.1, on the other

Figure 4.5. Evolution of (a) temperature, (b) CO conversion, (c) rates of methanol

synthesis reactions, yields of (d) steam and (e) methanol, and (f) rate of methanol

dehydration along the reaction channel at different molar inlet H2/CO2 ratios

hand, at H2/CO2=5 is evident from its rate that is 5 times less than obtained at the

ratio of 12 (channel inlet, Figure 4.5c), causing T-rise limited by only 5 K. Despite

this effect, rate of CO2 hydrogenation remains positive in the first half of the channel

due to increased dosing of CO2 that pushes the reaction in the forward direction and

elevates H2O yields as presented in Figure 4.5d. At maximum CO2 feeding, H2O yield
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exceeds 6% which is at least two times above those obtained at higher H2/CO2 ratios.

Moreover, in contrast with other cases, evolution of steam formation at H2/CO2=5 do

not decrease and clearly follows the path of Reaction 2.2.

Comparison of methanol yields (Figure 4.5e) with CO conversions provides in-

sight into the change in the extent of contribution of CO2 hydrogenation to methanol

synthesis. The results justify the suppression of methanol formation as the feed be-

comes richer with CO2. For example, at channel length of 1.5×10-2 m, increase in

methanol yield due to Reaction 2.2 is calculated as 43% and 52% at H2/CO2 of 5 and

12, respectively. This decrease together with lower temperatures and elevated steam

yields are reflected as reduced methanol dehydration rates as shown in Figure 4.5f.

Reducing inlet CO2 elevates the DME formation rates in the first half of the channel,

leading to up to 16% increase in DME yields (Table 4.1). These findings indicate

that the desired reactor performance is possible at minimum dosing of CO2. Owing

to the negligible gap between the responses obtained at ratios 10 and 12, it might be

meaningful to set H2/CO2 ratio to 10, equivalent to 4.1% (by volume) of CO2 in the

feed, for the sake of valorizing more CO2, as also pointed out in the literature [9, 42].

This conclusion, however, does not imply the complete removal of CO2 from the syngas

mixture. Considering the fact that syngas mixtures can include steam from the hydro-

carbon–to–syngas conversion routes [7,76], methanol produced by Reaction 2.1 can be

consumed by H2O via the reverse of Reaction 2.2 in the absence of CO2 at the inlet.

In such cases, feeding some CO2 may hinder the undesired conversion of methanol

needed for DME synthesis. Finally, strategies for in–situ removal of H2O from the

reaction medium, such as sorption enhanced DME synthesis, can widen the window of

CO2 feeding and allow increased valorization of CO2, which is highly desirable from an

environmental point of view [77,78].

4.6. Effects of Inlet Flow Rate

Inlet linear flow rate of syngas is studied as another operating parameter in the

range of 1–3 ×10-1 m s-1. The change in velocity is realized by increasing the molar flow

rates of the reactants accordingly at the default composition, temperature and pressure
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specified in Section 3.3. Increasing linear velocity from 1 to 2×10-1 m s-1 elevates the

hot–spot from 517 to 523 K, while the further increase from 2 to 3×10-1 m s-1 leads to

formation of 528 K as the peak temperature (Figure 4.6a).

Considering that the inlet coolant linear flow rate is kept constant at 10 m s-1

in three of the cases, contact of increased quantities of CO also elevates its converted

amount, and the subsequent exothermic heat release that eventually escalates the tem-

peratures. As mentioned in Sections 4.3 and 4.5, temperature distribution is mostly

dictated by Reaction 2.1 due to its rate and enthalpy both of which are consistently

above those of Reactions 2.2 and 2.3. Indeed, amount of CO converted is computed as

8.04×10-8, 1.29×10-7 and 1.70×10-7 mol s-1 at inlet velocities of 1, 2 and 3×10-1 m s-1,

respectively. This finding clearly justifies the link between temperature and extent of

Figure 4.6. Evolution of (a) temperature, (b) CO conversion, (c) rates of methanol

synthesis reactions, yields of (d) steam and (e) methanol, and (f) rate of methanol

dehydration along the reaction channel at different molar inlet velocities.
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CO hydrogenation. However, increased velocities reduce the duration of contact of the

reactive flow with the catalyst, and somewhat suppresses the impact aforementioned

outcomes. For example, the increase in the amount of CO converted is 4.86×10-8 and

4.1×10-8 mol s-1 when the velocity is changed from 1 to 2×10-1 m s-1 and from 2 to

3×10-1 m s-1, respectively. The same effect also leads to slight decreases in the changes

in the produced amounts of methanol (from 8.3×10-8 to 6.8×10-8 mol s-1) and DME

(from 2.9×10-9 to 2.8×10-9 mol s-1). Reduced contact time also leads to a progressive

shift in the locus of the hot–spots towards the downstream of the channel (Figure 4.6a).

Higher feed velocities favor CO conversion and DME production at the expense of 4

times increase in the molar flow rate of effluent steam. When this is combined with

the higher temperatures, the risk of hydrothermal sintering of the catalysts inherently

increase. In this respect, operation at the lowest velocity of 1×10-1 m s-1 remains to

offer a safe operation with minimized risk of catalyst deactivation.

4.7. Effects of Wall Thickness and Material

Effects of thickness of the solid wall between the channels and material of con-

struction on the investigated parameters are presented in Figures 4.7 and 4.8, respec-

tively. Temperature profiles throughout the channel are found to increase by increasing

thickness from 1 to 2×10-3 m (Figure 4.7a). The reason for this behavior is decreased

rate of heat flux as the solid wall gets thicker. This qualitative trends, however, has mi-

nor quantitative implications on temperature profiles that differ only by <2 K leading

to differences of 0.2% and 0.4% in DME yield and CO conversion, respectively. Reac-

tion 2.2 seems to be more sensitive to temperature changes compared to Reaction 2.1

and Reaction 2.3 as only differing reaction rate is observed in the former, whereas the

latter two stay almost the same when thickness of the solid wall is doubled. Relatively

higher temperature distribution leads Reaction 2.2 to be reversed, which leads to more

CO2 in the reaction system and results in more H2O yield at the outlet of the reactor

due to RWGS reaction. Reversed Reaction 2.2 also causes lower methanol yield since

methanol is one the products of it.
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The same pattern is valid in the simulation of reactors constructed of different

materials, namely cordierite and FeCrAl, in addition to stainless steel, the default

material, having thermal conductivities of 3, 14.2 and 15 W m-1 K-1, respectively.

The results indicate that hot–spot formation is qualitatively dampened, i.e. the effect

Figure 4.7. Evolution of (a) temperature, (b) CO conversion, (c) rates of methanol

synthesis reactions, yields of (d) steam and (e) methanol, and (f) rate of methanol

dehydration along the reaction channel at different solid wall thickness values.

of cooling is better distributed by the promotion of the axial component of the heat

flux upon using thicker walls with higher thermal conductivities. This argument is

commonly observed in the heat–exchange integrated microchannel reactors used to run

other exothermic [64, 65, 71] and endothermic [69] reactions, and provides insight into

microreactor construction strategies allowing further regulation of reaction temperature

via integrated heat transfer. Similar to wall thickness, Reaction 2.2 is affected the most

to temperature change, which in the end decreases methanol yield and increase H2O

yield.
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Considering the operating conditions of the present work, however, the choice of

wall thickness and material will be dictated by the overall volume of the multichannel

reactor block, as well as method and cost of reactor construction. In the light of

these findings, stainless steel is suitable material for the proposed reactor due to its

ease of application, excellent mechanical properties and enhanced corrosion resistance.

Thickness above 1 mm leads to a trade-off between slightly increased DME yield and

CO conversion, and increased reactor construction cost. 1 mm is the optimum solid

wall thickness for this work since thicker walls would increase the cost and thinner

walls may cause operational problems due to high pressure values [79].

Figure 4.8. Evolution of (a) temperature, (b) CO conversion, (c) rates of methanol

synthesis reactions, yields of (d) steam and (e) methanol, and (f) rate of methanol

dehydration along the reaction channel at different wall materials.
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4.8. Effects of Flow Partitioning

Effect of two different flow partitioning on the spatial evolution of the reaction

channel temperature, reaction rates, CO conversion and yields of methanol and steam

are presented in Figure 4.9. Reactive and cooling flow are fed counter-currently and co-

currently to the reactor. A significant hot-spot occurs in counter-current partitioning

whereas temperature is more distributed when partitioning is co-current (Figure 4.9a).

The main reason for this trend is the highly exothermic reactions involved in the system.

In counter-current partitioning more amount of heat can be exchange but it leads to

hot-spot formation. In co-current partitioning on the other hand, hot-spot formation is

prevented in the expense of less amount of heat transfer. It is also practically easier to

fed the reactor with counter-current partitioning compared to co-current partitioning.

Figure 4.9. Evolution of (a) temperature, (b) CO conversion, (c) rates of methanol

synthesis reactions, yields of (d) steam and (e) methanol, and (f) rate of methanol

dehydration along the reaction channel at different flow partitionings.
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Since kinetics of Reaction 2.2 is more sensitive than the other two, differing

temperature profiles affect this parameter the most, as Reaction 2.2 stays reversed

after 1.5x10-2 m of the reactor. This behavior decreases CO2 conversion (Rection 2.2),

and excess CO2 in the system forms CO and H2O via reversed water-gas shift (Reaction

2.4). Consequently CO conversion is fewer and H2O yield is more when the partitioning

is co-current compared to those of at counter-current. Reversed Reaction 2.2 also leads

to decrease in methanol yield.

Rate of Reaction 2.3 seems to be not affected with Reaction 2.1 and 2.2 since

it is much slower than the other two, and shows similar behavior with temperature

trends; higher the temperature higher the reaction rate. In overall rate of Reaction 2.3

is more in counter-current partitioning than that of co-current partitioning and this

situation slightly enhances DME yield 3.6% to 3.9%. However, due to practical easiness,

especially when larger scales of the proposed system is taken into consideration, makes

counter-current partitioning the optimum selection even though it gives less DME yield.



42

5. CONCLUSION

DME production from syngas involving CO2 is investigated in an air cooling

integrated catalytic microchannel reactor. Hydrogenation of both CO and CO2 to

methanol and its subsequent dehydration to DME are considered to take place on

Cu-ZnO/Al2O3 and γ-Al2O3, respectively, whose physical mixture at a mass ratio of

1:1 is washcoated to the inner walls of the reaction channels. The released heat is

transferred to the neighboring cooling channel through a solid wall. These phenomena

are simulated realistically by the two–dimensional conservation of momentum, heat

and species mass together with inter–channel conductive heat exchange and reactive

transport within the washcoated porous catalyst layer. After validating it by the

literature–based experimental data, the model is employed to elucidate the interplay

between exothermic equilibrium synthesis and dehydration reactions in the context of

a detailed parametric study whose key outcomes are summarized as follows:

• Compared to its packed–bed counterparts, heat–exchange integrated microchan-

nel reactor can suppress the magnitude of the hot spots in direct DME synthesis

by >∼75%.

• Feeding syngas and air at the same temperature offers effective regulation of hot

spot formation while favoring exothermic synthesis and dehydration reactions.

• Inlet syngas temperature has the most significant impact on CO conversion and

DME yield which increase from 33.1 to 44.7% and from 2 to 3.6%, respectively,

upon its change from 493 to 508 K. Increase in the pressure and flow rate of

syngas also favors DME production and CO consumption. While enriching the

syngas with CO favors its conversion as well as DME formation, these responses

are reversed upon increasing the CO2 amount in the feed.

• Steam is an undesired intermediate that can hamper catalytic activity towards

DME synthesis via sintering. In this respect, syngas feeding at 508 K, 50 bar,

H2/CO=2.5, H2/CO2=10 and 1×10-1 m s-1 offers an optimal balance between

minimized steam formation and increased syngas consumption together with el-

evated DME production.
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• Thickness and material of the wall between reaction and cooling channels have

negligible impacts on reactor performance. Nevertheless, use of thicker walls with

high thermal conductivity characteristically offers better regulation of reaction

temperature due to promotion of axial distribution of heat flux. These findings

increase the number of options for determination of wall material and thickness.

5.1. Recommendations

Some recommendations for providing deeper insight into the intensification of

DME synthesis and obtain higher DME yields are given below:

• Different methanol synthesis:methanol dehydration catalyst ratios other than

1:1 can be simulated to observe any possible effects of catalyst fraction. Since

methanol dehydration is much slower than methanol synthesis reactions, greater

ratios may enhance both CO conversion and DME yield.

• Methanol synthesis catalyst and methanol dehydration catalyst can be wash-

coated to opposing sides of the reactor channel.

• Instead of using a physical mixture of catalysts both of them can be washcoated

sequentially one after another.

• Hot-spot formation can be dampened by allowing faster cooling flow which would

enhance the axial distribution of heat flux along the reactor.

• Cooling flow can be fed at a temperature higher than syngas flow since the former

is more dominant than the latter regarding overall reactor temperature profile.

• Pressure of the cooling flow can be decreased regarding cost issues.
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51. McBride, K., T. Turek and R. Güttel, “Direct dimethyl ether synthesis by spa-

tial patterned catalyst arrangement: A modeling and simulation study”, AlChE

Journal , Vol. 58, pp. 2468–3473, 2012.

52. Simsek, E., A. K. Avcı and Z. I. Onsan, “Investigation of catalyst performance

and microstructured reactor configuration for syngas production by methane steam

reforming”, Catalysis Today , Vol. 178, pp. 157–163, 2011.

53. Simsek, E., A. K. Avcı and Z. I. Onsan, “Oxidative steam reforming of methane to

synthesis gas in microchannel reactors”, International Journal of Hydrogen Energy ,

Vol. 38, pp. 870–878, 2013.

54. Kolb, G. and V. Hessel, “Micro-structured reactors for gas phase reactions”, Chem-

ical Engineering Journal , Vol. 98, pp. 1–38, 2004.

55. Kiwi-Minsker, L. and A. Renken, “Microstructured reactors for catalytic reac-

tions”, Catalysis Today , Vol. 110, pp. 2–14, 2005.

56. Delparish, A. and A. K. Avcı, “Intensified catalytic reactors for Fischer-Tropsch



51

synthesis and for reforming of renewable fuels to hydrogen and synthesis gas”, Fuel

Processing Technology , Vol. 151, pp. 72–100, 2016.

57. Onsan, Z. I. and A. K. Avcı, Multiphase Catalytic Reactors: Theory, Design, Man-

ufacturing, and Applications , Wiley, Haboken, 2016.

58. Kolb, G., “Review: Microstructured reactors for distributed and renewable produc-

tion of fuels and electrical energy”, Chemical Engineering and Processing , Vol. 65,

pp. 1–44, 2013.

59. Onsan, Z. I. and A. K. Avcı, “Chapter 14 - Reactor Design for Fuel Processing”,

D. Shekhawat, J. J. Spivey and D. A. Berry (Editors), Fuel Cells: Technologies for

Fuel Processing , pp. 451–516, Elsevier Science, Amsterdam, 2011.

60. Rebrov, E. V., M. H. J. M. de Croon and J. C. Schouten, “Design of a microstruc-

tured reactor with integrated heat-exchanger for optimum performance of a highly

exothermic reaction”, Catalysis Today , Vol. 69, pp. 183–192, 2001.

61. Rebrov, E. V., M. H. J. M. de Croon and J. C. Schouten, “Development of the ki-

netic model of platinum catalyzed ammonia oxidation in a microreactor”, Chemical

Engineering Journal , Vol. 90, pp. 61–76, 2002.
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