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ABSTRACT

EXPERIMENTAL AND QUANTITATIVE ANALYSIS OF
MULTIPHASE CATALYTIC REACTIONS UNDER
MICROFLUIDIC FLOW CONDITIONS AND
GEOMETRIES

Catalytic synthesis gas and hydrogen production in coupled and decoupled com-
pact reaction/heat exchange systems are investigated by computational and experi-
mental techniques. Computer-based modeling and simulation studies carried out in
the first phase of the research demonstrate the effects of the structural parameters of
microchannel reactors on combustion-assisted conversion of C; and Cy hydrocarbons
and alcohols, and light petroleum distillates to synthesis gas/hydrogen. Outcomes of
these studies set the basis for the design and construction of wall-coated catalyst inte-
grated microchannel reactors that are used in the second part of the research involving
experimental studies in which microfluidic methane-to-synthesis gas conversions via
steam reforming and autothermal reforming mechanisms over Ni, Rh, Ru and Pt-
based catalysts are investigated. For each catalyst, impacts of parameters such as
temperature, residence time, feed compositions on methane conversion and product
distribution/synthesis gas production rates are studied. The wall-coated microchannel
reactor performance is also compared with that of a conventional packed-bed reactor
configuration under identical conditions. The outcomes clearly show that (i) robust
control of heat transfer is possible in compact reaction systems, (ii) synthesis gas pro-
duction is possible with energy requirements lower than the amounts used in industrial
applications, and (iii) methane conversions and synthesis gas production rates are no-
tably higher than those obtained from a packed-bed reactor operated under identical

conditions.
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OZET

COK FAZLI KATALITIK REAKSIYONLARIN
MIKROAKIS KOSUL VE GEOMETRILERINDE
DENEYSEL VE HESAPLAMALI YONTEMLERLE
INCELENMESI

Katalitik sentez gaz ve hidrojen iiretimi birlegik ve ayrigik kompakt reaksiyon /1s1
degisim sistemlerinde hesaplamali ve deneysel yontemlerle incelenmistir. Arastirmanin
ilk boliimiinde yiriitillen hesaplamali caligmalar, tek ve ¢ift karbonlu hidrokarbon ve
alkollerin ve hafif petrol distilatlarinin 1s1 degisimi destekli olarak sentez gazi/hidrojene
dontigtimlerinde mikrokanal reaktor yapisinin etkilerini ortaya koymaktadir. Elde edilen
sonuclar 1g1ginda tasarlanan ve imal edilen, katalizoriin kapl bir tabaka halinde bu-
lundugu mikrokanal reaktorler arastirmanin ikinci boliimiindeki deneysel ¢aligmalarda
kullanilmigtir. Bu caligmalar kapsaminda metanin sentez gazina mikroakis kogullarinda
oksijensiz ve oksijen destekli metan buhar reformlama reaksiyonlar1 ile dontigtimii
Ni, Rh, Ru ve Pt bazhi katalizorler iizerinde incelenmis, her katalizor icin sicaklik,
alikonma stiresi, besleme karigimi degerleri gibi degigkenlerin metan doniigimii ve
tirtin dagilimi/sentez gazi tiretim hizlar1 tizerindeki etkileri aragtirilmigtir.  Ayrica,
mikrokanal reaktor diizeni, klasik sabit yatak reaktor diizeni ile denk kogullarda kargi-
lagtirlmigtir. Sonuglar, (i) kompakt reaksiyon sistemlerinde 1s1 transferi kontroliiniin
son derece gelismig oldugunu, (ii) bu birimlerdeki sentez gazi iiretiminin, endiistride
uygulanan kogullara kiyasla, daha diigiik enerji girdileri ile gergeklegebilecegini ve (iii)
denk kosullarda ¢alisan sabit yatakli reaktorlere gore mikrokanal birimlerde ¢ok daha
yiiksek metan dontigiimii ve sentez gazi tiretim hizlar elde edilebilecegini somut olarak

ortaya koymaktadir.
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1. INTRODUCTION

In today’s world, great emphasis is placed on the value of sustainable development
in its environmental, social and economic dimensions. The inevitable change in indus-
trial production methods brings about challenges that are about meeting the increasing
demand for energy and products without sacrificing the principles of sustainability. For
the chemical industries, these challenges manifest themselves mainly as the depletion
of nonrenewable resources, rising oil prices, and environmental problems. In search of
viable solutions, the chemical engineering community has coined the term process in-
tensification [1] to describe the strategy that aims to deliver significant improvements
in manufacturing and processing. Smaller equipment sizes, increased output and eco-
nomic value per unit of raw material, reduced capital costs, and minimal environmental

impact are examples of these improvements.

Interpretation of process intensification leads to various approaches that refer to
all scales existing in chemical processes, from molecular to meso- and macroscale [2].
One of these is the association of process intensification with a reduction either in size
of individual process equipment or number of unit operations designed to achieve a
given production objective in unit time. Stankiewicz and Moulijn [3] extend the scope
of the term process intensification by considering size reduction merely as a result of
such holistic improvements as increase in production capacity within a given volume,
decrease in energy consumption per ton of product, and marked cut in waste and by-
product formation. Process intensification, in an up-to-date sense, comprises novel
equipment, processing techniques and process development methods that, compared
with conventional ones, offer substantial improvements in chemical manufacturing and

processing [4].

Process intensification can be achieved through development of process-intensi-
fying equipment, such as heat- and mass-transfer devices and chemical reactors that
enhance mixing and reduce transport lengths, to name but a few. Apart from novel

equipment design, implementation of methods such as hybrid separations, integration



of reaction and heat transfer, and of new process control algorithms can also lead to

process intensification [3].

Miniaturization, down to the submillimeter scale, of confinements and/or re-
peated units within a process equipment is one of the crucial strategies toward pro-
cess intensification. Such microstructured equipment has internal characteristic dimen-
sions like channel diameter or gap height within the micrometer range [5]. Compared
with conventional equipment comprised of macrosized elements, the common feature
of microstructured devices is their distinctly better-defined operating condition range,
higher flexibility and availability for internal and external numbering-up to increase

the throughput [6].

Chemical manufacturing systems that can be used in small scale and in dis-
tributed production are seen to have significant advantages such as reduced capital
cost, smaller plant footprints and potentially easier transportation [4]. These advan-
tages can also be particularly valuable when considering the exploitation of remote

resources such as offshore reserves of natural gas.

The high surface-to-volume ratio of microchannel reactors is their principal fea-
ture that is often exploited so as to overcome heat and mass transfer limitations fre-
quently encountered in traditional reactors. The specific surface in microchannel reac-
tors vary in the range 10000 — 50000 m? m~2 whereas it seldom exceeds 1000 m? m=3
in conventional laboratory and production vessels [7]. In such microfluidic geometries,
owing to the several orders-of-magnitude increase both in the heat-exchange surface
per unit volume and the heat transfer coefficient, very high overall heat transfer rates

can be realized, which is particularly important for efficient removal of heat generated

during highly exothermic reactions and suppression of hot spots [8].

Coupling exothermic and endothermic reactions in various configurations within
a microchannel reactor stack is a very efficient way of improved heat utilization [9-22].
One of the most frequently encountered applications is coupling of combustion and

steam reforming/decomposition reactions in microchannels for syngas and hydrogen



production. The reactions are allowed to take place in alternating combustion and re-
forming/decomposition channels (and/or plates) either in co-current or counter-current
mode; thus, the heat produced by the exothermic reaction can be quickly utilized by

the endothermic reaction.

Taking advantage of improved heat and mass transfer in microdevices allows
for higher production yields and efficiencies. Omne current drawback in attempting
to implement widespread use of microchannel reactors in chemical processing is the
fabrication cost arising from their delicate structures. Process efficiency may drop as a
result of catalyst deactivation in a single microchannel stack, for instance [23]. In such
a case, the microchannel module has to be replaced altogether, which will be wastefully

costly.

Apart from complete miniaturization of the process equipment, highly intensi-
fied, highly integrated processes can be devised by promoting intensification in heat
transfer while decoupling it from the reaction zones, as demonstrated by Seris and
coworkers [24,25] via a pilot plant for the production of syngas by methane steam
reforming. The fine passages employed during the fabrication of the Printed Circuit
Heat Exchanger (PCHE) [26-28] have characteristic dimensions of around 1 mm, ide-
ally suited to miniaturization. The reaction compartments, on the other hand, are of
packed-bed or monolithic types on the conventional design basis. In case when a packed
bed is used, smaller particles might be preferred in order to increase catalyst effective-
ness so as to assist process intensification, but pressure drop should still be acceptable.
One other advantage of using PCHEs and adiabatic beds is that flow patterns can be
configured to produce flat temperature profiles, thereby avoiding hot spots. The mul-
tiple adiabatic bed arrangement also allows periodic injection of fresh reactants, hence

the exothermicity of the reactions is kept within the safety margins [24].

The objective of the presented research is the experimental and quantitative in-
vestigation of multiphase catalytic reactions in microchannel reactors in the context of
production of Hy for fuel cells and syngas for feedstock. The proposed reactor designs

are explored to meet specific physical criteria using detailed mathematical models and



enhanced simulation tools via a parametric approach, and are then implemented into

experimental rigs for testing purposes.

Chapter 2 is comprised of an up-to-date literature review of the scope for pro-
cess intensification, achieved by miniaturization of process equipment, in particular of
heat exchange equipment and chemical reactors, and by possible cascading of these
devices at the micro or macro level according to novel process design guidelines. In
line with the goals of this research, well-established conventional fuel processing tech-
nologies for hydrogen-rich syngas production are also introduced in Chapter 2. The
specific processes modeled (e.g. combustion-assisted reforming of heptane or octane,
steam /autothermal reforming of methane) are described in detail in Chapter 3 together
with the mathematical models and numerical solution techniques employed. The tech-
niques, procedures and equipments used in the experiments are thoroughly described
in Chapter 4. Results of the research and the highlights are presented and discussed
in Chapter 5. Finally, Chapter 6 involves major conclusions and recommendations for

future work.



2. LITERATURE SURVEY

Rendering a reduction in the dimensions of a channel through which a given
amount of fluid is forced to flow provides a larger transfer area per unit volume. Heat
and mass transport rates are hence drastically enhanced that have direct influence on
exchange phenomena. Further, carrying out certain chemical reactions in microchan-
nels is shown to warrant high yields [29,30]. Still, in many cases, these benefits offered
by microchannel reactors and heat exchangers can be augmented by novel integration
of heat exchanger and reactor compartments. However, the increase in effectiveness
and productivity comes with a number of usually irreversible penalties due to the dif-
ficulties associated with working at the microscale: fouling in channels, deactivation
of coated catalyst, increased pressure drop, complex design of distribution manifolds
and flow instabilities induced by structured geometries. One of the aims of extensive
research being done in the field of microfluidics is to establish, in well-defined terms,
the thermal and hydraulic properties of single- and multiphase fluid flow in microstruc-
tured devices. While doing so, ways are also sought of numbering up and integrating
these in the most efficient configuration. In due course, the basic issues that need to
be addressed are cost-effective manufacturing processes, assurance of reliable opera-
tion and determination of thermal and hydraulic performance characteristics [31]. In
accordance with the requirements stated above, major works in the available literature
are surveyed as they fall into three specific but related parts: microchannel heat ex-
changers, microchannel reactors and integrated reaction/heat exchange systems. The
first part involves a descriptive review of the properties such as the dimensions and the
flow regime that characterize microchannel heat exchangers and the essential manufac-
turing techniques used. A compilation of correlations for the heat transfer coefficient
in the laminar flow regime is also made. However, care must be taken while doing so,
because the correlations are only valid under the assumption of continuum flow (the
“no slip” condition), which might, in certain cases, be inapplicable due to very small
channel diameters. After a brief comparison with conventional heat exchange equip-
ment on the basis of scaling effects and performance criteria, computer-based studies

on modeling, simulation and design of microchannel heat exchangers are reviewed. The



latter is particularly important for the optimization of the distribution manifold design
and flow configuration. Computational fluid dynamics (CFD) investigation of the heat
exchange systems not only give accurate results but it also allows for testing many

different geometries with lesser effort.

The review of works on microchannel reaction systems is made with consideration

of two very important processes:

e Processing of hydrocarbons and alcohols into synthesis gas (mixture of hydrogen
and carbon monoxide), which is an intermediate product that is used as feedstock
in commodity chemicals production processes (e.g. Fischer-Tropsch, methanol
and dimethyl ether syntheses), and that is further purified for use in fuel cells
which require CO-free hydrogen.

e [ischer-Tropsch synthesis, also known as carbon monoxide hydrogenation, for
production of a wide range of hydrocarbons, including paraffins, olefins and oxy-

genates.

Experimental studies on each reaction system are evaluated, involving enough detail
as to the catalyst type, microchannel dimensions and reaction conditions. Major mod-
eling and simulation works that make use of different computational tools are also
included in the survey. The ongoing transition to microchannel reaction systems takes
its roots from well-known and widely-applied integrated reactor/heat exchanger sys-
tems. Coupling highly exothermic and endothermic reactions in various configurations
and geometries provides efficient heat utilization, even at the macroscale. This part
of the literature survey is concerned with studies that aim at devising and experimen-
tally testing different ways of coupling reaction(s) and heat transfer, either in micro or
macro geometries. These include parallel microchannel reactors as well as plate-type
and annular reactors. However, the drawbacks of such novel arrangements might be
that efficient and uniform heat transfer be unachievable due to insufficient transfer
rates and reactions exhibiting different dynamics. Even worse is that in case of cata-
lyst deactivation or channel fouling, the microchannel module becomes totally useless

since the damage is irreversible. The decoupling of reaction and heat transfer, on the



other hand, might be the solution to overcome these difficulties. Cascade arrangement
of microchannel heat exchangers and microchannel or conventional adiabatic fixed-bed
reactors where intermediate heat transfer takes place between reactor efluent streams
seems to be a promising route to achieving process intensification and a compromise

between ease of operation, equipment size and cost.

2.1. Microchannel Heat Exchangers

2.1.1. General Characteristics

With hydraulic diameter being the characteristic dimension, channels are classi-
fied such that those with diameter in the range from 1 pm to 100 pum are referred to as
microchannels; as mesochannels when the diameter is between 100 ym and 1 mm, as
compact passages when it is between 1 mm and 6 mm, and as conventional passages
for diameters greater than 6 mm [32]. For practical purposes, however, all channels

with characteristic dimensions in the submillimeter range are called microchannels.

Lower bounds on the microchannel dimensions exist due to rarefaction effects
that become evident in extremely narrow flow passages. This effect is characterized by

the Knudsen number, Kn, for gas flows:

Kn = \/dy (2.1)

where A is the mean free path of the gas molecules and dy is the microchannel hydraulic
diameter. Table 2.1 gives the values of mean free paths for different gases [31]. For Kn
numbers greater than 1073 the continuum assumption of no slip at the wall does not
hold. With A ~ 50 um for gases at standard temperature and pressure and Kn ~ 1073,
the lower limit for microchannel diameter is approximately 50 pgm. Noncontinuum
effects might occur for a characteristic channel dimension that is less than this critical
value. For liquids it can be assumed that the critical value of dy is ten times smaller

than that for gases [33].



Table 2.1. Mean free paths for different gases.

Gas A, pm
Air 0.068
Helium 0.194
Hydrogen | 0.125

Nitrogen | 0.066

Heat transfer on small scales can be characterized by several scaling effects on

moving from macrosized to microsized devices. These are [33]

low Reynolds number flow

axial heat conduction in the fluid

conjugate heat transfer between fluids and solid surfaces

variable fluid property effects due to temperature and composition

An order-of-magnitude analysis for the Reynolds number in microflows shows that
it is around 1, that is, the flow is dominantly laminar, therefore, 1/Re? is not small. Also
assuming that the flow is not fully developed, especially at the channel inlet, the full
set of Navier-Stokes equations taking into account axial heat conduction and viscous
dissipation have to be considered. This is the main reason why computational fluid

dynamics (CFD) calculations are needed in the first place when modeling microsystems.

The critical Reynolds numbers for transition from laminar to turbulent regime in
internal flows are in the order of 10®> when Re is defined with a mean velocity and a
characteristic wall-to-wall distance. Even though there is some controversy whether the
critical Reynolds numbers for microdevices are smaller than those for macrogeometries,
O(Re.) = 103 is generally accepted [33,34]. Moreover, axial heat conduction in a fluid
cannot be neglected unless the Peclet number is high. It has to be accounted for in the
energy balance since in microgeometries Pe = RePr is often small. Heat conduction in

the walls of a microdevice can also be important, because the wall thickness is usually



much greater than the characteristic channel diameter. In this case, strong conjugate
heat transfer effects (heat conduction in the wall combined with convection into the
fluid) are observed [35,36]. Due to significant axial variations in both the fluid and
the solid, constant-property approximations are not suitable for microflows. Methods
that account for the temperature-dependent fluid properties (e.g. density, viscosity)
assume large Reynolds numbers. Therefore, in going from macro- to microscales, the

correlations have to be readjusted for the laminar flow regime.

The material of fabrication of microchannel heat exchangers depends on the know-
how and technology available to the manufacturer as well as on the targeted application
[37]. Stainless steel, aluminum alloys, copper, silver and titanium are frequently used
[38]. Material choice is very important during the design process as it might have
great impact on heat transfer efficiency. Considering counter-current flow arrangement
in a microchannel array, while high conductivity materials such as copper (having a
thermal conductivity of ~ 380 Wm~!K~!) and those with very low conductivity (in
the 1 — 15 Wm ™! K~! range) turn out to give low heat transfer efficiency, materials of
medium conductivity give the best results, reaching efficiencies up to 85% [38]. Ceramic
and its composites have also proven to be desirable for micro heat exchanger fabrication

owing to their relatively low costs and high resistance to corrosion [37,39,40].

2.1.2. Fabrication Techniques

Existing microfabrication technologies developed for microfluidic applications
cover a broad range of machining principles, from traditional milling to modern laser
beaming, as depicted taxonomically in Figure 2.1. The aim here is to briefly summarize

the state-of-the-art techniques used for fabrication and interconnection of microplates.

Silicon- and metal-based bulk and surface micromachining techniques are com-
monly employed in the mass fabrication of microstructured components. In bulk mi-
cromachining, layers of the starting substrate (silicon or metal) are selectively removed
once and for all. In contrast, surface micromachining creates the final form on or

above the starting substrate through a series of deposition, patterning and etching
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Figure 2.1. Taxonomic chart of microfabrication technologies [31].

(b)

Figure 2.2. (a) Isotropic and (b) anisotropic etches.
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steps. Since the original substrate remains stress-free at the end of the bulk machining

technique, the final structure has tremendous strength [31].

Etching process constitutes the major part of the bulk micromachining technique.
It is used to chemically remove layers from the surface of a wafer during manufacturing.
The two fundamental types of etching are wet chemical etching and dry (plasma-phase)
etching, and both have isotropic and anisotropic variants [41]. Figure 2.2 illustrates
the difference between isotropic and anisotropic etches. The dark region is the masking
layer resistant to the chemical, and the gray region is the layer to be removed (etched).
Figure 2.2a shows the isotropic etch that produces round sidewalls, and Figure 2.2b
shows the anisotropic etch that produces vertical sidewalls. Modern processes greatly

prefer anisotropic etches, because they produce sharp, well-controlled features.

Wet chemical etching process uses liquid-phase etchants such as potassium hy-
droxide for silicon and buffered hydrofluoric acid and nitric acid for stainless steel.
Since wet etchants are usually isotropic and give typical etch rates in the range of 1

pm/min, they are seldom used in microfabrication [31].

Figure 2.3. Microchannel array formed by dry ion etching [41].

Emergence of dry etching technology, on the other hand, has enabled the creation
of perfectly anisotropic profiles with very large aspect ratios at etch rates as high as 20
pm/min. Figure 2.3 shows a set of microchannels with 42 pm trenches that are etched

to greater than 100 pm [31]. In wet chemical etching the wafer is immersed in a bath
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of etchant, whereas in dry etching, the reaction chamber is fitted with an inductively
coupled energy source to create the plasma that produces energetic ions that bombard
the surface of the wafer. Because the etching is performed by ions, which approach the
wafer approximately from one direction, this process is highly anisotropic.

X-rays

AAAAAAAAAAAAR A AR

-
-

Resist

Substiate

Exposure of x-ray resist

L]

Development of resist

Creation of a molding master

100

Creation of a separable part

Figure 2.4. The LIGA process [31].

LIGA (German acronym for Lithographie, Galvanoformung, Abformung) is based
on a sequence of process steps combining lithography, electroforming and molding. The
first step of the LIGA process involves generation of a microstructure by means of a
lithographic process in a thick resistant layer. This can be achieved by utilizing a laser,
a high-energy electron or ion beam as well as standard ultraviolet or X-ray lithography
with synchrotron radiation [38]. Ultraprecise microstructures with large aspect ratios
can be produced using X-rays. In the second step, a complementary metal structure is

generated from the resistant layer by means of electroforming. This metal structure is
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used, in the third step, as a mold insert allowing the molding process to be replicated
for mass fabrication. The LIGA process, shown schematically in Figure 2.4, is very
convenient and feasible when working with ceramic, stainless steel or metal alloys. Fab-
rication of microstructures using the LIGA process is characterized by high precision,
high surface quality and large aspect ratios. For inexpensive mass production, molding

processes in its framework are gaining importance [38].

Advanced precision engineering techniques that make use of mechanical principles
include cutting with diamond tools, milling, turning and drilling. Parallel grooves of
usually rectangular shape are made by ground-in precision diamonds or ceramic inserts
as cutting tools [38]. Figure 2.5 shows the cross section of a stack of microstructured

plates of a cross-flow heat exchanger obtained by surface cutting with diamond.

Figure 2.5. Cut view of a stack of microstructured plates of a cross-flow heat

exchanger [38].

Owing to the fact that stainless steel is a preferred material for thermal and
chemical applications, mechanical techniques such as milling, turning and drilling are
often used for the fabrication of larger fluidic channels in the range of several hundred
micrometers. SEM image of stainless steel channels micromachined using mechanical
techniques is shown in Figure 2.6. Precise manufacture of housing and distribution

manifolds is also possible using these techniques [38].
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Figure 2.6. SEM of linear microchannels in stainless steel, generated by mechanical
micromachining. The channels are about 200 pm wide and 70 ym deep. Right: SEM
detail of the photo left [40].

The second stage in the microfabrication process is assembling, directly followed
by the third stage, the bonding process. The main point is the adjustment and align-
ment accuracy of the parts. Depending on the surface roughness and the bonding
technology applied, alignment errors may be severe as to reach the characteristic di-
mensions of the microstructure itself. Alignment techniques can be simple mechanical
methods like the use of alignment pins or optical methods like assembling under mi-

croscope [40].

Sealing of microstructured plates on top of one another using graphite foils is a
standard method. Leak tightness is difficult to achieve, however, due to surface rough-
ness. Most other methods that involve alteration of the materials are irreversible. They
can be differentiated into those needing additional material for interconnection such
as brazing, soldering and intermetallic bonding, and those in which no other material
is introduced, like diffusion bonding and laser welding. Using different materials for
joining plates, however, introduces flaws into the complete structure and reduces its

resistance to stress, especially under very high pressure [40].

The industrially attractive technique of diffusion bonding is a process by which
two nominally flat interfaces can be joined at elevated temperatures higher than 2/3 of

the melting point of the parent material using an applied pressure for a time ranging
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from a few minutes to a few hours. The furnace where bonding takes place is either
evacuated or filled with an inert gas at preset pressure [40]. If diffusion bonding pro-
ceeds to completion without flaws, very stable and irremovable interconnection between
the plates is achieved. Care must be taken when applying this technique for bonding
alloy materials because the process may lead to local composition changes [42]. In
Figure 2.7 a cross-flow micro heat exhanger stack is shown prior to and after diffusion

bonding.

Figure 2.7. (a) Stacked metal foils (b) microstructured plates after diffusion
bonding [40].

Laser welding is a technique used to join multiple metal pieces through the use of
a laser. The laser beam provides a concentrated heat source, allowing for narrow, deep
welds and high welding rates. While not suited for bonding plates made of stainless
steel and at high design pressures, laser microwelding is still of interest if diffusion
bonding cannot be applied. This is the case for such materials as aluminum alloys,
tantalum and alloyed steel. Nevertheless, laser welding of materials with tendency for

oxidation and pore and crack formation is a challenge in microsystem technology [40].

The printed circuit heat exchanger (PCHE), manufactured in the UK by Heatric
Ltd., is formed by the diffusion bonding of a stack of stainless steel plates with chem-
ically milled fluid passages of diameters of ca. 700 um. Diffusion bonding technique

gives base-material strength and capacity to handle very high pressures, in addition
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to resistance against corrosion. A typical cross section of a plate stack and photomi-
crograph of channel cross section are shown in Figure 2.8 [43]. Microchannel PCHEs
are high-integrity heat exchangers that can withstand up to 600 bar of design pres-
sure and 800°C of design temperature. The close temperature approaches that can be
achieved with PCHEs offer considerable cost savings. By arranging microchannels in
true counter-current flow configuration, high thermal effectiveness (99%) is possible

with PCHEs [44].

Figure 2.8. (a) Cross section of PCHE stack (b) photomicrograph of channel cross
section [43].

2.1.3. Heat Transfer Coefficients

Accurate prediction of convective heat transfer coefficients in microchannels are of
vital importance for modeling and simulation purposes. Since the flow at the microscale
is laminar, a number of investigations have been carried out in which experimental
results have been compared with numerical results from conventional correlations orig-
inally worked out for macrosized channel flow. However, wide discrepancies between
different sets of publications are seen [45-47]. Measured heat transfer coefficients have
either well exceeded or falled far below those predicted for flow in conventional chan-
nels. Possible explanations to account for the deviation from classical theory includes

surface roughness at the microscale [48] and aspect ratio effects [45].
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Lee and coworkers [49] have compiled commonly used heat transfer correlations
for laminar flow in channels that are widely employed in the literature for compari-
son against experimental results for microchannels. These are shown in Table 2.2; the
correlations therein are categorized according to the state of development of the flow
and thermal fields. Based on comparison with these conventional correlations, various
conclusions have been drawn regarding their applicability to microchannel heat trans-
fer. Table 2.3 summarizes the conditions considered in these microchannel studies, the
conventional correlations against which results were compared, conclusions that were

drawn regarding their applicability, and any new correlations that were proposed.

More recent studies have confirmed that the behavior of microchannels is quite
similar to that of the conventional channels. Over a hydraulic diameter range of
244 — 974 pm, conventional correlations offer reliable predictions for laminar flow in
rectangular microchannels [49]. Another study that involved also the frictional pressure
drop measurements for Reynolds numbers between 8 and 20 in 15 — 150 pum diameter

tubes showed no significant deviation from macroscale flow theory [50].

2.1.4. Comparison with Conventional Equipments

Due to enhanced heat transfer coefficients and increased surface area per unit
volume, micro heat exchangers can be 85% smaller and lighter than an equivalent
shell-and-tube exchanger [51]. Typical overall heat transfer coefficients of micro heat
exchangers range from 2600 Wm2K~! for gas/liquid flow to 26000 Wm 2K~ for
liquid/liquid flow. Heat transfer coefficients in conventional heat exchangers, such as
the plate-type exchanger which exhibits very good transfer characteristics, range from

200 to 2500 Wm~2K~! for gas/liquid and liquid/liquid flow, respectively [52].

The application of microstructured devices in gas-phase processes can be demon-
strated by means of a radical gas-phase reaction that is run at temperatures of about
500°C. Axiva, a former associate of Aventis Research & Technologies GmbH & Co. and
currently owned by Siemens, compared the performance of a conventional preheater to

that of a micro heat exchanger in a pilot plant unit for gas flow rates of about 1 m3h1.



Table 2.2. Conventional relations from the literature for the prediction of heat transfer in circular and rectangular ducts [49].

Conditions Range of validity Correlation
Geometry Flow regime
Rectangular Fully developed Re < 2200 Nujg =8.235 (1 — 1.183/a + 3.767/a? — 5.814/a3 — 2/a®) (2.2)
) ) ) B 173 ((1g 014
Circular Simultaneously developing Re < 2200 Nuyq = 1.86 (RePrD/L) s (2.3)
" 1.33
Circular Simultaneously developing (constant | 0.7 < Pr < 7 or RePrD/L < 33 | Nuyg = 3.657 + % (2.4)
wall temperature) for Pr > 7
1.33
Circular Simultaneously developing (constant | 0.7 < Pr < 7 or RePrD/L < 33 | Nuyq = 4.364 + % (2.5)
wall heat flux) for Pr > 7
0.8
Circular Thermally developing laminar (con- | Re < 2200 Nuyq = 3.66 + 1+(())'11S1)§?1”:§1;rDD//LL))U-4G7 (2.6)
stant wall temperature)
1.953 (RePrD/L)/3 (RePrD/L) > 33.3
Circular Simultaneously developing (constant | 0.7 < Pr < 7 or RePrD/L < 33 | Nu= (2.7)
wall heat flus) for Pr > 7 4.364 +0.0722 (RePrD/L)  (RePrD/L) < 33.3
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Table 2.3. Conclusions in the literature regarding the validity of conventional correlations [49].

Parameters Conclusions on the validity of conventional theory Correlations used in | Proposed new correlation
the work
w = 89-92 um
h = 493 — 572 pm . o s . . . . 1.09 0.4
L 98 Measured Nu higher than prediction by conventional correlation | Equation 2.3 with Re < | Nu = 0.00222Re"-°?Pr" (2.8)
= mm
Re = 400 - 2200 2200
D = 3-812 pm
L = 24-52 mm Measured Nu exhibit Re-dependence - Nu = 0.000972Re! 17Pr!/3 (2.9)
Re = 20-—2000
w = 100—-300 pm
Z - ?80 — 400 pm Measured Nu lower than prediction by correlation Equation 2.3 Nu = 0.1165 (D/w:)%8 % (2.10)
= mm
Re _ 50 — 2200 (h/w)fOA’?Q x RCOAGZPI‘OASS
w = 270 pm
h = 1
000 pm Measured Nu higher than prediction by correlation Equation 2.9 -
L = 20.5 mm
Re = 120 - 1300
D = 172—-520 pm
L = 26.7 mm Measured Nu higher than prediction by correlation Equation 2.6

100 — 2200
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Figure 2.9. Electrically heated microstructured heat exchangers [53].

The reaction mixture consisting of the reactants and a radical precursor is heated up
to the desired reaction temperature. During heating, radicals are formed and unde-
sired by-products are generated. Therefore, fast heating is the key to low by-product
formation. In the conventional process, preheating takes as long as the reaction itself
(=~ 1 s). Furthermore, a temperature overshoot is observed. In the pilot plant trials
at Axiva, two electrically heated microstructured heat exchangers (Figure 2.9) were
used in series for heating the gas stream. The preheating took about 5 ms, which was
15 times faster than the conventional equipment. Also, the desired temperature level
was reached immediately without the occurrence of an overshoot (Figure 2.10). The
micro heat exchanger acts like a temperature switch—very fast and accurate. Conver-
sion in the reaction zone could be enhanced by 25% for the investigated reaction and

space-time yield was nearly doubled [53].

2.1.5. Modeling, Simulation and Design

Numerous works are available in the literature that involve numerical modeling,
simulation and design of various types of microchannel heat exchangers for different ap-
plications ranging from electronic package cooling to microchemical processing. Upon
advance of commercial CFD package softwares, complexity of published works is ever

increasing. Yet, when the proposed design poses massive CFD calculations, certain
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Figure 2.10. Performance comparion of preheating with conventional and

microstructured heat exchangers [53].

Figure 2.11. General structure of a microchannel heat sink.
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plausible simplifications can be made that lead to solution using widely known and ap-
plied numerical techniques such as the finite element and finite volume methods. The
study of Quadir and coworkers [54] is an example of non-CFD solution in which they
have developed a Galerkin finite element formulation to study the performance of a
microchannel heat exchanger used in electronic circuits (Figure 2.11). The method has
been validated successfully against available results of uniform heat flux distribution
for the same channel geometry and fluid flow conditions. The proposed methodology
has an additional advantage of considering the non-uniform heat flux distribution as
well. It is also useful for studying the effect of parameters such as the channel height

and width, and fin thicknesses on the performance of the microchannel heat exchanger.

Performance of micro heat exchangers can be optimized with respect to certain
design parameters like channel height, width and the aspect ratio. The study performed
by Lee and coworkers [55] employs a hybrid artificial neural network-genetic algorithm
method for predicting the effectiveness of a cross-flow micro heat exchanger whose
performance has been determined using the finite element method for a limited number
of parameters. In order to achieve maximum effectiveness, they propose a new set of

design parameters.

The ultimate goal of process intensification is, of course, industrial production,
which requires increasing the throughput. It can be done by numbering-up of microde-
vices once their working principles have well been understood. During this process of
scaling-up, one is to come across many challenges such as fluid maldistribution into
the microchannels, intolerable pressure drops and discrepancies between theory and
experiment. Multi-scale optimization methods are an effective link that connects the
microscopic world to the macroscopic world. Optimization can be done according to
technical, thermodynamic and economic criteria. Constructal approach is an emerging
tool that appropriately addresses the questions of developing a multi-scale engineering
science. It hints to the idea that the scale parameters may be optimization variables
themselves. This approach is exemplified in the studies of Fan and Luo [51] and Luo
and coworkers [56] using the design optimization of a cross-flow exchanger with the

constraint of pressure drop.
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The most important design considerations for a micro heat exchanger are the

shape and size of the flow passages, even distribution of working fluids into these pas-

sages and accuracy in the connection of microplates for prevention of mixing of different

fluids. The first two of these issues can be resolved by resorting to CFD simulation

of the flows. For determining the flow and thermal field inside microchannels, Navier-

Stokes equations shown below for laminar flow have to be solved numerically using

CFD.
Continuity:
aii i) =0
Momentum:
where
() + (=5 G
Energy:
pujg—z = uig—i o+ aii (kgf)
where

(2.11)

(2.12)

(2.13)
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CFED analysis combined with analytical approaches is often employed in simula-
tion and design of micro heat exchangers since it gives reliable results over a wide range
of geometries and operating conditions. Foli and coworkers [57] have investigated the
optimal dimensions of parallel rectangular microchannels of width between 100 and
1000 pgm in order to maximize the transfer between two gas streams flowing through
alternate channels in counter-current arrangement (Figure 2.12). Their approach also
involved the usage of multi-objective genetic algorithms in combination with CFD sim-

ulation so that pressure drop would be at a minimum while the heat load would be

maximized.
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Figure 2.12. Counter-current heat transfer in alternating rectangular

microchannels [57].

Maldistribution of the fluids into the channels is expected to reduce the heat
exchanger effectiveness, therefore, good design of distribution manifolds is necessary.
A CFD-based optimization method was proposed by Tonomura and coworkers [58] for
the design of plate-fin microdevices. They investigated the influence of channel length
and manifold shape and size on uniform flow distribution. According to the parametric
study, flow distribution was seen to be more uniform in longer microchannels that had

a greater outlet manifold area.
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Temperature dependence of fluid properties such as density and viscosity has to
be taken into account when downscaling flows in ducts to microscales. The multi-
objective optimization study carried out by Husain and Kim [59] involves solving the
set of three-dimensional Navier-Stokes equations for determining the design parameters
that minimize the thermal resistance of a silicon-based microchannel heat sink and the
pumping power. Thermal conductivity and viscosity of liquid water have been assumed
to be varying with temperature. The schematic of the heat sink is shown in Figure 2.13.
The design variables were chosen to be 6 (= W./H,.) and ¢ (= W,,/H.). Depth of the
microchannels H, = 400 pum was kept constant for all trials in order to assess the effect
of the channel and fin widths on the objectives. The two objectives are competing in
nature as the decrease in pumping power leads to an increase in thermal resistance.

Due to this fact, only Pareto optimal solutions could be obtained.

LY
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Figure 2.13. Microchannel heat sink with water flowing as the cooling fluid.

2.2. Production of Hy-Rich Syngas for Fuel Cells

2.2.1. On-Board Fuel Conversion Processes

Conversion of liquid or gaseous fuels into hydrogen for fuel cells, commonly re-
ferred to as fuel processing, most often involves either hydrocarbons, like methane,
propane or alcohols, e.g. methanol and ethanol. The conversion of fuels to hydrogen,
or hydrogen-rich product streams may be carried out by two basically different types

of processes. One is endothermic steam reforming (SR) in which the hydrocarbon
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or alcohol is reacted catalytically with steam. The heat required is supplied either by
combustion of part of the feed, by burning combustible off-gases or by a combination of
both. The other type of process is exothermic partial ozidation (POX), where the feed
reacts directly with air at a balanced oxygen—to—fuel ratio. In either of the processes,

thermal integration is the key to achieve high overall efficiencies [60-62].

Steam reforming of either natural gas (Equation 2.14) or liquid hydrocarbons like

heptane (Equation 2.15) on Ni-based catalysts is the well-known route to hydrogen:

CH, + H,0 = CO + 3H, AHY, = 206.2 kJ mol ! (2.14)

C-Hyg + THoO = 7CO + 15H, AHY, = 1175.2kJ mol ! (2.15)

For small-scale applications, steam reforming of methanol (Equation 2.16) may

be an attractive alternative [63]:

CH3OH + H,O = CO, + 3H, AHY, = 49.6kJ mol ! (2.16)

The water—gas shift (WGS) reaction (Equation 2.17), takes place independently

and increases the hydrogen produced while lowering the undesired carbon monoxide:

CO + H,0 = CO, + H, AHY% = —41.2kJ mol™! (2.17)

Direct partial oxidation, or catalytic partial oxidation (CPO), represented by
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Equation 2.18, is another route to hydrogen:

CH, + 10, — CO + 2H, AHY%, = —35.7kJ mol ™! (2.18)

It has been shown that at temperatures as high as 1100°C and under extremely short
residence times as low as 10* — 1072 s, methane may be partially oxidized, forming Hj
and CO as the main products [64]. CPO is kinetically controlled due to the short con-
tact times and to the oxidation reactions being much faster than the steam reforming
and shift reactions. The process characteristics, temperature and concentration pro-
files, and eventually the entire product distribution are determined by heat and mass

transfer resistances which dominate over kinetics [62,65,66].

Another promising method of hydrogen production is Indirect Partial Ozidation
(IPOX), which is the combination of total oxidation of the fuel (Equation 2.19), SR
and WGS [67,68]. Oxidation can be catalytic (flameless) or non—catalytic, but the

stoichiometry for the conversion is the same either way:

CH, + 205 — COy + 2H,0 AHY, = —802.3kJ mol ™! (2.19)

The heat required to initiate and sustain SR can be supplied by the exothermic oxida-
tion. The water produced by oxidation is not sufficient to drive SR and WGS, so further
water injection is needed. Also, in order to minimize coke formation during SR [69]
and for temperature control [70], extra water is required. When water is fed together
with the fuel and air, the process is also called autothermal reforming (ATR) [60].
Thermal integration due to the combination of exothermic and endothermic reactions,
high space velocity and preset Hy : CO ratio regulated by the inlet fuel-to-oxygen and

oxygen-to-water ratios are the main features of ATR [62,71].

Compared to catalytic partial oxidation and autothermal reforming, steam re-
forming yields the highest hydrogen concentration in the product. For mobile ap-

plications, however, the CPO and ATR processes are more attractive because their
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response to changes in demand is more robust and the hardware can be more com-
pact [60]. Further, the advantages offered by the CPO process may be offset by the
competing total oxidation reactions which significantly enhance process exothermic-
ity [63]. Similar carbon monoxide and hydrogen selectivities as for CPO can also be

obtained by ATR [62,67,68,72].

2.2.2. Fuels and CO Removal Techniques

2.2.2.1. Fuels. The choice of the fuel for conversion to hydrogen varies with the appli-
cation. In mobile applications it may be a liquid fuel such as methanol or gasoline. In
stationary systems natural gas or propane (LPG) can be the fuel. Ethanol or biomass—
derived materials can also be used depending on the availability and extent of renewa-
bility. During reforming of diesel, coke deposition on the catalyst is likely to occur, so

it is not suitable for on-board conversion [62,73].

Table 2.4 shows the temperature ranges in which steam reforming of different fuels
takes place. Low-temperature reforming of methanol (Equation 2.16), in addition to its
being in liquid form at ambient temperatures, is an attractive feature. Commercially
available methanol possesses essentially no sulphur, as it can be removed at an early

stage of manufacture [74].

Table 2.4. Reactor temperature ranges for steam reforming of different fuels [74].

Fuel Temperature range (K)
Methane 1000 — 1100
Methanol 500 — 560
Ethanol ~ 800 — 1000
Multi-carbon hydrocarbons 1000 — 1150

Approximate carbon monoxide concentrations in reformate streams obtained by
SR of different fuels are presented in Table 2.5. Methanol reforming does not generate

significant amounts of carbon monoxide, as opposed to the other fuels.
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Table 2.5. Carbon monoxide contents after reforming of different fuels [74].

Fuel CO in product stream before WGS (mol%)
Methane 11.2

Methanol 0.8

Ethanol 10—-14

Multi-carbon hydrocarbons 20.0

The primary fuel for prototype fuel-cell-driven automobiles currently appears to
be methanol. However, there are serious problems associated with practical usage of
methanol for generating fuel-cell-grade hydrogen. Synthesis gas, produced by methane
SR, is the feedstock for methanol production. Current methanol supply can only meet
the requirements of a limited number of fuel-cell powered automobiles, if the latter
becomes available for widespread use [62,75]. A reliable distribution network yet needs
to be established. Methanol’s toxicity, combined with its solubility in water is a serious

environmental threat in case of a leakage and major spill [74].

Like methanol, gasoline offers advantages in terms of high energy density and
easy fuel handling; but, unlike methanol, it has an existing refueling infrastructure.
Furthermore, gasoline is directly obtained by refining crude oil, not requiring a synthesis
step as does methanol. However, coke formation at the reforming conditions may
occur due to the presence of aromatic hydrocarbons in the mixture [76]. Also, sulphur
content above 30 ppm may cause catalyst deactivation [75,77]. Nevertheless, difficulties
associated with its conversion can be overcome by novel technologies, so all major car

manufacturers are developing prototypes resting on gasoline-based fuel cell systems

[78).

Liquefied Petroleum Gas (LPG) is another fuel that can be stored in liquid form
in pressurized vessels. LPG is a by-product in crude oil refining and is a mixture of
propane and n—butane whose relative amounts depend on oil well location. Being a
widely available and relatively cheap fuel with high energy density, LPG can be used

as the primary fuel in small-scale stationary and mobile fuel cell applications [60].
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Ethanol can be converted to hydrogen more easily than gasoline. It is termed
a “renewable source” since it can be produced from sugar cane or corn via fermenta-
tion. Although complete gasification of the alcohol is necessary for SR, [79], ethanol is
potentially a primary fuel for on—board conversion. Literature on kinetics of ethanol
steam reforming has been enhancing over the past decade [80-91]. Some groups have

been carrying out thermodynamic analyses and testing catalysts [79,92-94].

Natural gas, among many potential sources, is considered to be one of the ideal
fuels for fuel-cell-grade hydrogen. Almost half the world’s hydrogen feedstock is thought
to be fixed in natural gas reserves [95]. Besides its abundance, natural gas has the
lowest carbon dioxide emissions. It is mainly composed of 75 — 85 per cent methane,
the rest being ethane, propane and trace carbon dioxide [62,96]. Thus the ratio of
hydrogen atoms to carbon atoms is close to 4 : 1, which makes natural gas cleaner
than any other hydrocarbon. Apart from being environmentally benign, it is available
through well-established distribution networks, either through pipelines in gaseous form
or through shipping in the form of liquefied natural gas (LNG). Like gasoline and LPG,

its composition varies from feedstock to feedstock.

Even though processing natural gas possesses many advantages, there are hin-
drances to its usage as a primary fuel for on—board conversion. It is a gas at ambient
temperature and pressure, which requires bulky and costly pressurized cylinders for
on-board storage. Also, methane molecule is very stable and considerable energy in-
put is needed to initiate a reaction. Once it is triggered, higher temperatures are still
required to sustain the reaction(s). The most common method, steam reforming of
natural gas, which is endothermic, is well suited for steady-state operation and can
deliver a relatively high concentration of hydrogen, but it suffers from a poor tran-
sient operation. Therefore, natural gas is not a suitable fuel for on-board conversion.
Processing of natural gas for stationary (residential and commercial) applications and
on-site hydrogen production, however, seems to be the promising solution. Commer-
cialization of direct hydrogen storage technologies in the coming years is thought to

pronounce the significance of on-site hydrogen production from natural gas [96].
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2.2.2.2. CO Removal Techniques. Carbon monoxide content in a hydrogen—rich prod-

uct stream from the reformer or IPOX reactor is usually 2 — 6 mole per cent, which
is 106 times higher than the tolerable limit below which a PEM fuel cell can safely
operate. Therefore, before the stream is fed to the fuel cell, carbon monoxide must
be removed catalytically. Majority of the CO can be removed by the WGS process
(Equation 2.17). The shift reaction can be carried out at two different temperature
ranges and is hence named accordingly: high—temperature shift (HTS) taking place in
the range 623 — 673 K, and low-temperature shift (LTS) in the range 453 — 523 K. Iron
supported on chromium oxides is used to catalyze the HTS, and the LTS is catalyzed
by copper on zinc oxide support [62,97]. Therefore, either or both of the HTS and
LTS reactors can be placed downstream of the fuel processor to remove CO. How-
ever, neither configuration can achieve sufficient CO elimination, so additional removal

techniques need to be applied.

Among several methods such as methanation of CO and the use of hydrogen
diffusion membranes [62, 67], preferential oxidation of CO to COs seems to be the
optimal choice [62,98,99], since during methanation a significant amount of CO5 may
be converted along with CO, resulting in considerable hydrogen loss. Across Pd—based
diffusion membranes, on the other hand, temperature and pressure differentials may be
high and the overall efficiency may be significantly reduced. Simultaneously carrying
out water—gas shift and preferential oxidation reactions by feeding oxygen into the shift

reactor is also being investigated [100].

2.2.3. Fuel Processing Reactions of Methane

2.2.3.1. Total Oxidation. Catalytic combustion of hydrocarbons, because of its claims

of near—zero pollutant emissions and a wide range of applications, is receiving increased
attention as a candidate for replacing a number of gas-phase combustion processes in
the future. It is already being employed in such applications as stationary gas turbine
combustors [101], fuel cells [102], domestic and industrial process heaters [103]. Many
important chemicals may also be produced by catalytic partial oxidation of fuel-rich

hydrocarbon-air mixtures [104]. Homogeneous combustion of hydrocarbons requires
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very high temperatures, leading to the formation of unwanted nitrogen oxides (NO,).

Steam reforming of a hydrocarbon fuel is the well-known route to hydrogen for
fuel cells. The heat input to the endothermic reaction can be supplied by means of an
electric heater at the expense of a reduction in overall efficiency. Another and more

feasible possibility is catalytically combusting part of the fuel to generate the necessary

heat [67]:

CH4 + 202 — COQ -+ QHQO AHggg = —802.3kJ mol™* (219)

Combination of total oxidation and steam reforming, also called indirect partial oxi-
dation, is a thermally self-sustaining process. However, initiation of total oxidation of
hydrocarbons cannot be achieved at ambient conditions since high temperatures are
required. On the contrary, hydrogen and methanol are reported to have been oxidized
at room temperaure over a precious metal catalyst such as platinum [105-107], and

they can be used for triggering oxidation.

Unlike hydrogen and methanol, methane can be made to react at rigorous condi-
tions since it is the most stable hydrocarbon. Precious metals that are relatively stable
at high temperatures are used as the active phase of the oxidation catalysts. It is con-
firmed that platinum, palladium or a combination of both are suitable for combustion
of hydrocarbons [104]. While the ignition (light-off) temperature of methane oxidation
is the lowest on palladium-based catalysts [108-111], platinum-based [107,112,113] and
rhodium—based [109] catalysts are also being utilized. Light-off temperature is usually
defined as the temperature at which approximately 10 per cent of the hydrocarbon
has been oxidized, and is an indication of the activity of the oxidation catalyst. On

the basis of their activity, precious metals can be classified in the order Pd > Pt >
Rh [108,109].

The activity of oxidation catalysts is found to depend on metal particle size.
Methane oxidation is a structure—sensitive reaction on supported Pd and Pt, with

turnover frequencies (TOF) decreasing with increasing metal dispersion due to the
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diminished influence of the support [114]. Oxidation kinetics of light hydrocarbons
over Pt/~—Al,O3 is influenced by platinum concentration and particle size [115]. Rate
of oxidation is enhanced with an increase in Pt particle size, and with an increase in

Pt concentration, TOF changed by one order of magnitude [116].

Understanding of catalyst ignition in all oxidation processes involving methane
is important for process safety and start—up of partial and complete oxidation sys-
tems [117]. It is observed that an increase in methane inlet composition results in a
decrease in light—off temperature of Pt—based catalysts [113]. However, the coupling of
gas—phase and surface chemistry and transport phenomena hinders better understand-
ing of mechanisms controlling ignition. Table 2.6 shows the light—off temperatures of

methane oxidation over Pt/Al;O3 at different methane—to—oxygen ratios [107].

Table 2.6. Light-off temperatures of methane oxidation at different CH, : O,

ratios [107].
CH,: 0, | T} (K)
0.27 724
0.9 641
2.53 623
5.04 589

There is a vast of amount of literature on kinetic studies conducted on hydrocar-
bon oxidation. Because of the absence of a universally accepted rate law and absence
of agreement on the range of operating conditions, however, the subject receives con-
siderable attention. Power-law rate expressions are usually valid in a narrow range of
operating temperatures and hydrocarbon—to—oxygen ratios, but still some generaliza-
tions can be made. In general, the reaction orders with respect to the hydrocarbon
are found to be positive, whereas oxygen is seen to have an effect as to decrease the
rate of oxidation over Pt—based catalysts [61]. However, this negative dependency with
respect to oxygen becomes less pronounced when the hydrocarbon-to-oxygen ratio is
over-stoichiometric, and even positive orders may be observed [107]. A plausible ex-

planation to this is that even though the heat of adsorption for oxygen is less, and
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Table 2.7. Kinetic parameters for the oxidation of methane based on the power rate

law expression [120].

Catalyst/| Fuel Reaction order k Activation | Reference
Support regime (molh~! kPa®th) energy
(kJ mol—1)

CH4 (o) | O2 (8)
Pt/ CHy-rich | 0.95 —0.17 1.20 - 10*m_2 88.5 [107]
6-Al2O3
Pt-NiO/ CHy-rich | 1.22 —0.38 6.73-10"3g_2 80.9 [120]
6-Al2O3

hence it has a higher sticking probability, Pt surface becomes poisoned by excessive

hydrocarbon molecules [118].

Use of bimetallic, bifunctional catalysts can be an innovative solution to the
heat transfer problem arising in autothermal reforming of hydrocarbons. The heat
released upon oxidation of the fuel can be transmitted with much higher efficiency to
the reforming sites via oxides of the catalyst support, which act as micro—exchangers, in
addition to transport via bulk fluid [61,119]. In an experimental work conducted with
bimetallic Pt-NiO/d-AlyO3 catalyst [120], positive and negative dependencies of the
oxidation rate on methane and oxygen concentrations, respectively, are seen to be in
agreement with the generalizations made above, despite the non—monotonic behavior of
oxygen. The use of a bimetallic catalyst is found to introduce a synergistic effect, which
is attributed to the interaction of the two metal centers to form completely new active
sites. The difference between the activation energy calculated for the bimetallic catalyst
(80.88 kJmol™!) and composition-weighted average of individual activation energies
of the monometallic Pt and NiO catalysts (103.56 kJ mol™!) verifies the phenomenon.

Kinetic parameters for two power—law rate expressions are presented in Table 2.7.

Kinetics of methane oxidation over Pt—based catalysts can also be expressed
by theoretical Langmuir-Hinshelwood type expressions [107,112]. Table 2.8 presents
this type of kinetic expressions proposed for a series of Pt-based catalysts at different
temperatures. The first term of the rate (Equation 2.21) accounts for the reaction
between molecularly adsorbed methane and oxygen, while the second term describes

the Eley-Rideal reaction between molecularly adsorbed methane and oxygen in the
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Table 2.8. Kinetic parameters for the oxidation of methane based on

Langmuir-Hinshelwood-Hougen-Watson (LHHW) type rate law expression.

Catalyst/ Temperature| Rate expression Reference
Support range (K)
kipcm, gy k
Pt/Al,O3 <813 r= 102 2PCH4POs (9 90 [112]
1+ Kipy 1+ Kapo,
(porous) 2
_ k1PCH,4PO4
= (1+K1pcuH, +K2p0 )2
Pt/Al 1 4 2 2.21 112
/Al203 > 813 kQPCH4Pé/2 ( ) [112]
(porous) 1+Ki1pcH, +K2pP0,
k1pcn,po
Pt/Al2O3 > 823 -r= =2 3 (2.22) [112]
(1+ Kipcu, + K2po,)
(non-porous)
k1 Kipcu, v/ K2po
Pt/6-AlO3 663 — 723 —r= v 2 (2.23) [107]
(1 + Kipcu, + +/K2p0,)

gas phase. The rate coefficients and adsorption constants are estimated at a fixed
temperature of 830 K using a nonlinear regression method. The rate coefficients k; and
ko in Equation 2.21 are considered to be dependent on temperature according to an

Arrhenius-type equation [112].

2.2.3.2. Steam Reforming. Reforming means rearrangement of atoms. Catalytic steam

reforming of hydrocarbons is the well-known route to hydrogen for fuel cells. Industrial-
scale steam reforming is also the most economical way to produce hydrogen [95]. A
good overview of the process is given in the literature [62,72,76,121]. The process in-
volves, in the presence of steam, catalytic conversion of hydrocarbons, usually natural
gas, to a mixture of hydrogen, carbon monoxide, carbon dioxide and methane. The

generic reactions for hydrocarbon steam reforming are

C,,H, + mH,O = mCO + (m + n/2) Hy AHY >0 (2.24)

CpHy + (2m) HoO = mCO; + (2m + n/2) Hy AHYy >0 (2.25)

The hydrocarbon is directly steam-reformed to carbon dioxide by the other primary

reaction (Equation 2.25), which runs in parallel with reaction (Equation 2.24). Steam
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reforming of methane (SRM) is specifically achieved through

CH, + H,O = CO + 3H, AHY%: = 206.2kJ mol ™ (2.14)

CH4 + QHQO - COQ + 4H2 AHQOQB = 165kJ mol~! (226)

An important side reaction, the water—gas shift (WGS), takes place simultane-
ously with the SR reactions and favors the formation of carbon dioxide at lower tem-
peratures. It is particularly crucial in fuel cell applications since part of the undesired

carbon monoxide is converted to hydrogen:

CO + HQO = COQ —+ H2 AHS% = —41.2kJ IIlOlf1 (217)

Methanation reactions (the reverse of Equations 2.14 and 2.26) become significant at

low temperatures:

CO + 3Hy = CHy + HyO AHYy = —206.2kJ mol ! (2.27)

CO, + 4H, = CH, + 2H,0 AHYs = —165kJ mol ™! (2.28)

Steam reforming is thermodynamically favored at high temperatures, typically greater
than 800°C, and at low pressures. However, in industrial practice, the reactions are
carried out at pressures greater than 20 atm [95]. The overall process is highly en-
dothermic, and considerable heat should be supplied from the surroundings. Primary
reformers usually contain between 40 and 400 tubes, typically 6 to 12 meters long, 70
to 160 mm in diameter and 10 to 20 mm in wall thickness [76]. Reactor tubes usu-
ally contain cylindrical catalyst particles, nickel dispersed on alumina. Heat transfer

from external burners to the catalyst bed is the most important operating factor with
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respect to product distribution and optimal reactor performance [122].

Catalytic steam reforming in practice is almost invariably conducted on Ni-based
catalysts as the metal is sufficiently active and can be obtained easily at a low price.
However, as already mentioned, carbon formation over these catalysts is facilitated un-
der steam reforming conditions. Coke deposition over Ni is usually overcome by keeping
steam-to-carbon ratios above stoichiometric values; for methane, ratios between 2.5 and

3 are recommended [76].

Precious metals such as Rh and Ru are known to be more active and selective
than Ni, and can safely operate without coke deposition [76,123] . The major hindrance
to their commercial use is their high price. The activity of various catalysts for SRM

is reported as follows [124]:

Ru, Rh > Ir > Pd, Ni, Pt > Re > Co

Minimizing coke formation over nickel-based catalysts is also investigated. Doping of
catalysts with small amounts of tin, antimony and silver results in significant reduction
of coke formation rate in SRM [69]. Addition of SnOy and WOj3 as well as oxides of K,
Na, Mg, Ca and Ba also helps in suppressing coking over nickel [125,126]. In search of
more economically viable solutions, Ni catalysts doped with trace amounts of a noble
metal (e.g. Ru [127], Rh [128], Pt [129]) were also studied. The effect of doping is such
that methane adsorption is prevented, and hence its decomposition on the surface.
Apart from doping, high activities in SRM are reported even at low steam—to—carbon
ratios (HoO : CHy ~ 1) when catalysts with low nickel content such as Nig3Mgg 970
are used [130]. An extensive review of the methods to overcome the coke formation

problem can be found in the work of Ma and coworkers [116].

The effect of catalyst support on SRM activity also deserves attention. It is

revealed that activity of nickel supported on titania (TiO,) is greater than nickel on
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other catalyst supports [131]:

Ni/TiOy > Ni/C > Ni/SiO5 > Ni/MgO

Similarly, nickel on alumina (Ni/Al;O3) is shown to be more active and stable than

nickel on silica (Ni/SiO,) [132].

A review and compilation of kinetics and mechanism of SRM can be found in
the literature [76]. In general, the reaction rate expressions exhibit first order kinetics
with respect to methane partial pressure. However, depending on the partial pressure
of steam, the overall reaction orders attain negative or positive values; even zero-order
reaction rates can be observed [133]. The results displayed by the comprehensive model
proposed by Xu and Froment [134,135] indeed contradicted their previously reported
counterparts. The discrepancies, however, are attributed to the non-monotonic depen-

dency of the reaction rate on partial pressure of steam [133].

Xu and Froment [134] investigated the intrinsic kinetics of SRM using a Ni/MgO-
Al; Oy catalyst. To avoid reoxidation of the Ni catalyst by steam, the experiments were
conducted with hydrogen in the feed. Langmuir-Hinshelwood type rate equations for
SR toward CO and CO, (Equations 2.14 and 2.26), as well as for WGS (Equation 2.17),
were constructed using the elementary—step kinetic model proposed, as presented in
Table 2.9. The three rate equations are seen to be inversely proportional to the partial
pressure of hydrogen, which will consequently give infinite reaction rates. Since the
feed generally contains some hydrogen, simulation of a reactor will not suffer from
this problem. Also, Xu and Froment [134] worked in a relatively lower temperature
range; for obtaining the model they employed temperatures between 773 and 848 K
and pressures between 3 and 15 bar. During the indirect partial oxidation process,
however, high catalyst temperatures will occur due to the exothermic total oxidation

reaction.

To simulate SRM at elevated tempeatures, the kinetic model proposed by Nu-
maguchi and Kikuchi [136] can be used, for it was derived at higher catalyst temper-
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Table 2.9. Rate equations for steam reforming of methane.

Reaction Rate expression Reference
k / 2.5 3 /KI
(214) . 1 sz PCH4PH,0 pH2pCO eq (229) [134}
_ DEN?
3.5 2 4 11
(2.26) . k2/pH; (pCH4pH20 — Pp,PCO, /Keq) (2.30) [134}
_ DEN?
(2.17) . k3/pu, (pcopu,o —pP™2pco, /KL (2.31) [134]
DEN?
k 3 KI
(2.14) ,— ! (pCH4 P, pco/ eq) (2.32) [136]
0.596
Py,
(2.17) r=ky (pco — PH,PCO, /Kig) (2.33) [136]
Table 2.10. SRM catalyst specifications.
Xu and Froment [134] Numaguchi and Kikuchi [136]
Catalyst Ni/MgO—A1204 Ni/AlgOg
Metal Content (wt%) 15.2 8.7
Metal surface area (m?g=1) | 4.1 3.6
Density (kgm™3) 1870 1970

atures up to 1160 K and higher pressures up to 25 bar. Based on a rate-determining
surface reaction, Langmuir-Hinshelwood type rate equations for SR towards CO were
proposed, presented also in Table 2.9. Equation 2.26, which shows SRM toward CO,
was not taken into account in the model of Numaguchi and Kikuchi. Properties of the
catalysts used by Xu and Froment [134] and Numaguchi and Kikuchi [136] for perform-
ing SR experiments are shown in Table 2.10. The Ni-content of the Numaguchi-Kikuchi
catalyst is lower than that of the catalyst used by Xu and Froment. The Ni-surface
areas, however, are more or less identical and allow a reasonable comparison of both

kinetic models.

The differences between the applied rate equations for steam reforming were
examined by de Smet et al. [137] by calculating the corresponding reforming rates
as a function of total operating pressure. The catalyst was at 800 K and the feed

consisted of methane, oxygen, steam and some hydrogen whose composition was as
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Figure 2.14. SRM rates calculated by XF and NK kinetic models versus total

pressure [137].

follows: CHy : Og : HoO : Hy = 33.3 : 16.7 : 49.9 : 0.1. As indicated in Figure 2.14,
the reforming rate decreases considerably at increasing total pressure in the case of
the model of Xu and Froment, whereas the rate increases in the case of the rate
equation proposed by Numaguchi and Kikuchi. The difference between the calculated
reforming rates is attributed to the negative partial pressure reaction order with respect
to hydrogen in the model of Xu and Froment. In the presence of significant amounts
of hydrogen, the difference between the calculated rates is less pronounced. Different
temperature and concentration profiles will thus be obtained when the proposed rate

equations are applied at different operating pressures.

2.2.3.3. Autothermal Reforming and Catalytic Partial Oxidation. Steam reforming of

hydrocarbons is the route to maximum hydrogen production, yet it suffers from the en-
dothermicity of the reactions involved and the sluggish kinetics. Partial oxidation, on
the other hand, is much faster, requires smaller amounts of catalyst and is energetically
self-sustaining once started, all of which make it a candidate for supplying propulsion

power in automobiles. Partial oxidation is known to occur via two pathways:
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e Indirect partial oxidation (IPOX), or autothermal reforming (ATR), in which
oxidation and steam reforming reactions are coupled since oxygen and steam are
co-fed

e Direct partial oxidation in which the hydrocarbon is converted into syngas in a

single-step process

Autothermal reforming is basically a combination of the oxidation and steam
reforming reactions. What makes it distinct among the conversion routes is its au-
tothermicity such that heat released by the oxidation of the fuel is harnessed by the
endothermic steam reforming reactions. Thus, exogenous heat supply will not be nec-
essary once the process is dynamically stable. This aspect of autothermal conversion is
already realized in industrial practice in which non-catalytic (homogeneous) combus-
tion is used to supply heat for catalytic methane steam reforming [138]. Problem of
coke formation can partially be eliminated during homogeneous combustion by steam
injection, but operation at elevated temperatures (> 2000 K) brings about more serious

problems such as material degradation [139].

ATR of methane—model fuel for natural gas—is carried out over Ni-based catalysts
at temperatures in excess of 900°C in order to affect the syngas feed ratio in favor
of the Fischer-Tropsch (2.00 < Hy : CO < 2.15) or methanol (Hy : CO & 3.0) syntheses
[140]. Problems associated with ATR over Ni include deactivation and loss of reforming
activity of the catalysts by oxidation [141], hot spot formation upstream of the reactor
due to very high oxidation rates [142], and carbon deposition on the catalysts [143].
Hot spots during ATR are reported to have been suppressed by utilizing Pt- [144] and
Rh-based [145] catalysts. Moreover, along with Pt and Rh, other noble metals (Ru and
Ir) exhibit prominently higher steam reforming activity [76], and are much less prone
to carbon deposition [123]. Even though Ni-based catalysts are used in large-scale
production of syngas, owing to their availability and low costs, sometimes use of noble
metals may prove viable due to their superior activity, selectivity, and stability under
harsh operating conditions [146]. Methane ATR performance increase via promotion
of Ni catalysts by addition of trace amounts of a noble metal is also widely investigated

in the literature [147-154].
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In contrast with indirect partial oxidation, synthesis gas can be obtained from

methane in a single-step process via direct partial oxidation:

CH,+ 10y = CO+2H,  AHY, = —35.7kJ mol ™! (2.18)

The advantage of the process is that synthesis gas in its ideal composition, i.e.
Hy : CO = 2 : 1, is produced without the need for steam. However, for fuel cell
applications post-processing of the effluent is necessary since carbon monoxide is a

poison for PEM fuel cells.

Direct partial oxidation of methane to synthesis gas over Rh and Pt catalysts was
investigated by Schmidt and coworkers [139,155]. It was concluded that while Rh was
selective to synthesis gas, Pt catalyzed olefin formation. Also, product composition
was close to the equilibrium value at elevated temperatures usually exceeding 1000°C,
at contact times on the order of milliseconds, at metal loadings greater than 10 per cent
and at near-stoichiometric feed mixtures. Mass transfer resistances were also reported
to affect product distribution. The possibility of direct partial oxidation of methane
over Ru/TiO; at lower temperatures has been reported as well [156]. Jin et al. [157]
investigated the mechanism of catalytic partial oxidation of methane to synthesis gas
over Ni/Al,O3 catalyst. They observed that the partial oxidation reaction principally
took place over a thin layer of the catalyst bed and that total oxygen and over 90 per
cent of methane were converted in the main reaction zone. High methane conversion
of 88.4 per cent and CO selectivity of about 96 per cent were obtained even on 1 mm

of catalyst bed and at very high space velocities.

Compared with indirect partial oxidation, direct partial oxidation poses some
operational challenges during on-board conversion. The process requires high tem-
peratures, millisecond contact times and feed mixtures near the explosive limit, all of
which are hindrances to practical applications involving frequent start-ups/shutdowns.

However, direct partial oxidation coupled with water injection and low-temperature
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water-gas shift was simulated and higher hydrogen yields compared with indirect par-
tial oxidation were obtained [61,158,159]. Being dynamically responsive and more
feasible a process, direct partial oxidation needs to be further considered for use in

mobile applications.

2.2.4. Inhibition of Catalytic Activity

The three major routes for catalyst deactivation during fuel processing of hydro-

carbons and alcohols are poisoning, fouling and sintering.

2.2.4.1. Poisoning. Interaction of a gas-phase species found in the feed or product

streams and the active catalyst sites is the main reason for catalyst poisoning. Sulphur
is well known for its poisoning activity, and heavy metals or their ions, and organic
bases may also deactivate catalysts with high acidity. Trimm [67] reported that even
a few parts-per-billion of HyS is sufficient to cover majority of the active sites of a
catalyst. The three types of catalyst poisons fall into the categories below: (i) Group
5A and 6A elements (5A: N, P, As, Sb, 6A: O, S, Se, Te), (ii) toxic heavy metals
(e.g. Pb, Hg, Cd, Cu), and (iii) specific molecules that interact with catalyst surfaces
(carbon monoxide poisoning of Pt-based catalysts within the PEM fuel cells) [160].

High-temperature oxidation is a way to regenerated catalysts poisoned by sulphur,
because the sulphates that can react with supports such as alumina, break up to give
SO,, which can diffuse into the gas phase and be removed. Hydrodesulphurization
is another technique to remove sulphur-containing compounds before they reach the

reactor [160].

2.2.4.2. Fouling. Fouling is the deposition of a substance on the catalyst surface,

and subsequent loss of activity due to physical blocking of the catalytic sites. Coke
deposition during hydrocarbon processing is the well-known example of catalyst fouling
[160]. Coke may be a combination of various kinds of carbonaceous deposits. Coking

usually occurs under conditions employed for catalytic steam reforming. It is more
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likely at high temperatures and at lower steam-to-carbon ratios. The typical coking

reactions are as follows [67]:

CH, = C + 2H, AHY = 74.9kJ mol ™! (2.34)
2C0 = C + CO, AHYs = —172.4kJ mol ™! (2.35)
CO+Hy=C+H,0  AHYg =—135.6kJmol™! (2.36)
CoHonio =nC+ (n+1)Hy,  AHY >0 (2.37)

Since the reactions are reversible, it is possible to minimize coke formation for example
by increasing the amounts of carbon dioxide and water that will revert the directions

of the Boudouard reaction (Equation 2.35) and the reaction given by Equation 2.36.

Three common types of carbon deposits have been identified in nickel-catalyzed
steam reforming. These are (i) pyrolytic carbon, (ii) whisker-like carbon, and (iii)
encapsulating carbon [161]. Pyrolytic carbon forms due to the thermal cracking re-
action (Equation 2.37) of hydrocarbons at elevated temperatures (650 K) [161]. This
type of carbon can also form at high residence times. Pyrolytic carbon works two ways
to foul the process: by encapsulating the active Ni sites, and hence deactivating the
catalyst, and by blocking the passages through which gas flows, and hence leading to

excessive pressure drop and overall process inefficiency [76].

The formation of whisker carbon and encapsulating carbon can be explained by

the coking mechanism over nickel [161]. The process is believed to initiate with the
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dissociation of hydrocarbons into highly reactive monatomic carbon (C,), which can
easily be gasified to form carbon monoxide. However, if C, is formed in excessive
quantities or gasification is slow, then polymerization to Cg begins. It has been shown
that Cz is much less reactive than C,, so the gasification step is fairly slow [69]. As
a result, Cg may either accumulate on the catalyst surface or dissolve in the nickel
leading to encapsulated carbon or whisker carbon, respectively. Noble metal catalysts,
on the other hand, do not dissolve carbon, i.e., do not favor the whisker formation

mechanism, and therefore, possess greater resistance against coking [162].

2.2.4.3. Sintering. Catalysts that possess a high surface area are favorable in process

engineering, but they are not favored by thermodynamics. Therefore, when the con-
ditions are suitable (e.g. high temperatures and presence of a substance with high
affinity for the catalytic material), the catalysts transform into agglomerates which
have smaller surface areas. This is known as sintering, or thermal degradation [163].
Thermal rearrangement of most of the solids occurs usually at around 0.3 — 0.5 times
the melting point of the support material [164], which is sometimes accelerated un-
der certain conditions. For example, hydrothermal conditions in steam reforming lead
to sintering. Moist atmospheres are also known to facilitate sintering of oxide sup-

ports [67].

7-Al,O3 is a commonly used catalyst support, but its high surface area (ca.
250m? g~ ') starts to decline at temperatures greater than 600°C. As the temperature
increases, the v phase transforms first into the ¢ phase, and then into the 6 phase.
Finally obtained at the excessive temperature of 1100°C is the highly stable phase «,

which has a surface area as low as ca. 5m?g~! [165].
2.3. Fischer-Tropsch Synthesis
The conversion of synthesis gas (obtained from natural gas, light hydrocarbons,

coal or biomass) to (heavy) hydrocarbons is currently one of the most promising topics

in the energy sector due to economic utilization of remote natural gas or other fuels to
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environmentally clean fuels, specialty chemicals and waxes. The conversion of syngas to
aliphatic hydrocarbons over metal catalysts was discovered by Franz Fischer and Hans
Tropsch at the Kaiser Wilhem Institute for Coal Research in Miillheim in 1923. They
proved that CO hydrogenation over iron, cobalt or nickel catalysts at 180 — 250°C
and atmospheric pressure results in a product mixture of linear hydrocarbons. The
Fischer-Tropsch product spectrum consists of a complex multicomponent mixture of
linear and branched hydrocarbons and oxygenated products. Main products are linear
paraffins and a-olefins. The overall reactions of the Fischer-Tropsch (FT) synthesis

are [166]

Main reactions:

Paraffins (2n+ 1)Hy + nCO — C,Hay 0 + nH20O

Olefins 2nHs + nCO — C,H,y,, + nH;O

Water-gas shift CO + Hy,O = COy + Hy

Side reactions:

Alcohols (2n)Hy + nCO — C,Ha,120 + (n — 1)H0

Boudouard reaction 2C0 — C+ COq

Catalyst modifications:

Catalyst oxidation/reduction M,0O, + yHy = yHy0 + M

M,0O, +yCO = yCO; + M

Bulk carbide formation yC+a2M = M,C,
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The reactions of the FT synthesis on iron catalysts can be simplified as a combi-

nation of the FT reaction and the water-gas shift (WGS) reaction:

CO+ (1 +m/2n)Hy — 1/nC,H,, + H,O (FT) —AHpr = 165kJ mol ™!

CO + Hy,O = COy + Hy (WGS) _AHWGS = 41.3kJmol ™!

where n is the average carbon number and m the average number of hydrogen atoms
of the hydrocarbon products. Water is a primary product of the F'T reaction, and
CO4 can be produced by the WGS reaction. The WGS activity can be high over

potassium-promoted iron catalysts and is negligible over cobalt or ruthenium.

The compositions of the hydrocarbon products of Fischer-Tropsch synthesis show
a distinctly regular pattern [167]. Tt was first noticed in 1946 by Herrington that the
molar amount of individual carbon number fractions was to decline exponentially with
carbon number, which was accepted to indicate similarity to polymerization kinetics
[168,169]. It is agreed that —CHy— is acting as the monomer in FT synthesis and
building blocks of hydrocarbons. It is then argued that there should be a way to

indicate the growth probability of chains just as in ideal polymerization reactions [170].

In most of the studies in literature, it is concluded that the hydrocarbon prod-
uct composition of the Fischer-Tropsch synthesis follows the Anderson-Schulz-Flory
(ASF) distribution. This distribution is defined by a term called growth probability,
«, which shows the probability of the addition of a carbon intermediate to a chain.
Growth probability depends on reaction conditions and type of catalyst used [171,172].
ASF specifies growth probability as independent of the carbon number [173]. However,
through experiment it was reported that there were significant deviations from ASF
distribution, such as high methane yield, anomalies of ethane and ethene productions
as a result of secondary reactions, and decrease in olefin-to-paraffin ratio. The devi-
ations from ASF theory led researchers to seek new methods to predict the product

distribution of FT synthesis [172].
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FT synthesis involves the production of linear hydrocarbons, which directly affects
the quality of the diesel and the gasoline produced [174]. The importance comes from
the fact that the product aromaticity is low, and sulphur, nitrogen or heavy metal
content is zero. The high cetane number of the middle distillate fraction obtained is
the indicator of superior combustion properties and reduced emissions that result from
burning the produced fuel [170,175,176]. The Fischer-Tropsch synthesis diesel has
unique advantages when compared with other fuels; it has high energy density, i.e. the
energy stored per volume is greater. Moreover, its low vapor pressure dampens the
safety issues related to storage. Additionally, F'T diesel is not soluble in water and is

biodegradable [170].

FT synthesis can be classified according to the range of the processing tempera-
ture: high temperature Fischer-Tropsch (HTF'T) in an approximate temperature range
of 300—350°C, and low temperature Fischer-Tropsch (LTFT) in the temperature range
of 200 — 240°C [177]. Primary product of HTFT is more branched and more olefinic
than that of LTFT. The ASF distribution of HTFT products is more toward lighter
products in the range of gasoline, consisting of hydrocarbons with between 4 and 12
carbon atoms per molecule. LTFT primary products can be classified in two groups:
hydrocarbon condensate forming the light fraction—consisting of hydrocarbons of 5 to
6 carbons, which is liquid under ambient conditions, and a heavy fraction, known as
wax, composed of heavy paraffins (Cg — Cy) [178,179]. LTFT process enables the
production of large-scale, high quality diesel, with cetane number of approximately 75,
whereas a big portion of the products in HTFT belongs to light alkenes. Additionally,
the ratio of diesel to naphtha in the end product is higher in LTFT process revealing its
superiority on HTF'T process in diesel production. However, for production of gasoline,

HTFT is a much better choice in terms of gasoline selectivity and octane number [174].

FT reactions can only be catalytically activated by metals from group VIII,
namely, Fe, Co and Ru [166,177]. Iron-based catalysts are commonly used because
of their low costs in comparison to other metals. For iron-based catalysts high conver-
sions (~ 90%) can be achieved, but this requires a two-stage operation that involves

recycling of gas, which inevitably increases the capital and operational expenditures.
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When utilizing syngas produced from coal, iron catalysts perform better compared

with cobalt-based catalysts because of their resistance to possible poisoning [170].

In FT synthesis, the highest hydrocarbon yields are obtained with cobalt-based
catalysts, and the product is abundantly made up of linear alkanes. Because water does
not have an inhibiting effect on the catalyst, it is possible to achieve higher productivity
at higher conversions. However, since they favor CH; at high temperatures, their
usage is mostly limited to LTFT processes [166,177]. The sensitivity of conversion and

product distribution to the Hy/CO ratio is higher during FT synthesis on cobalt [179].
2.3.1. Effect of Operating Conditions on FT Synthesis Product Distribution

FT synthesis results in a wide variety of products such as alkanes, alkenes, alcohols
and oxygenates with carbon number in the C; — Cqgy, range. Selective distribution of

these products is strongly related to the operating conditions such as temperature,

pressure and feed composition [166,177].

2.3.1.1. Temperature. The reaction temperature has much more significance on FT

synthesis product distribution than any other operating parameter [166,167,177]. Run-
ning the reaction at temperatures higher than the ascribed range for the particular
catalyst leads to a shift toward lower-carbon products, producing more of secondary
products like ketones and aromatics. More specifically, high temperature operation
results in a distribution where light alkenes (C; — C;) and light alkanes (C; — C7) are
abundant, and heavy alkenes (Cg — Cq4) and heavy alkanes (Cy5, ) are fractionally low.
Thus, the average chain length decreases whereas branching increases. Additionally,
methane selectivity increases, as the F'T reaction mechanism favors methane produc-
tion at high temperatures [167,177]. The ratio of alkenes to alkanes (olefin-to-paraffin
ratio) also increases with increasing temperature because hydrogenation becomes ther-
modynamically less favored at higher temperatures due to its exothermicity [179]. High
temperatures lead to catalyst deactivation as well, especially in the case of using iron-

based catalysts [167,170].
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2.3.1.2. Pressure. Total pressure is another parameter that significantly affects F'T

synthesis product distribution. It was shown that increase in total pressure results in a
shift in product selectivity toward heavier products and more oxygenates [166]. It was
also reported that the percent conversion remained constant when the pressure was
increased while keeping other variables constant [177]. In LTFT process, selectivity
of hard wax, which is most abundant, was not affected by any change in pressure.
However, in HTFT process, it results in a shift to heavier products with decrease in

methane selectivity [179].

2.3.1.3. Feed Composition. Syngas conversion increases as the molar Hy : CO ratio in

the feed is increased because steam production is favored, which enhances the WGS
rate. In such a case, though, yields of heavier hydrocarbons are adversely affected [180].
An increase in Hy : CO results in higher amounts of lighter hydrocarbons and a lower
olefin content [177,181]. When the ratio is smaller, on the other hand, hydrogen
deficiency leads to a loss in process efficiency since required hydrogen is supplied by
splitting of the water molecules by expending energy to break the bonds [170]. It was
shown that the lower Hy : CO ratio in the feed favored the production of heavier alkenes
(Coy). It was noted that the lowest Hy : CO ratio led to the presence of a high amount
of heavy alkenes up to about Cys in the product gas [182].

Injection of CO5 and H5O to the feed also affects product distribution. HyO, with
its increased partial pressure, inhibits the reactions, especially over iron-based catalysts.
Increasing the partial pressure of CO, results in a decrease in methane selectivity [166].
Extra CO; shifts the WGS equilibrium to the left, limiting the consumption of CO,

which is then converted into hydrocarbons at a higher rate [180].
2.4. Microchannel Reactors for Fuel Processing and Synthesis
Use of microchannels in reaction technology is introduced in this section by means

of review of some of the major experimental and computer-based studies in the field.

Two reaction systems are considered: gas-phase synthesis gas (syngas) production
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from various fuels (e.g. hydrocarbons and alcohols) by different reaction schemes such
as steam reforming, partial oxidation and autothermal reforming, and hydrocarbon

production from synthesis gas by the Fischer-Tropsch synthesis.

2.4.1. Microchannel Reactors in Synthesis Gas Production

Synthesis gas can be used as feedstock for further chemicals production processes
such as the Fischer-Tropsch, methanol and dimethyl ether syntheses, and can also be
purified into fuel-cell-grade hydrogen. It can be obtained by steam reforming, catalytic
partial oxidation or autothermal reforming of fossil fuels and alcohols, as described in

detail in Section 2.2.

2.4.1.1. Experimental Studies. Steam reforming of methane (SRM) has been studied

in catalytic microchannel reactors by several groups. Wang et al. [183] investigated
methods of coating Rh/MgO-Al,O3 on Al-containing porous metal substrates that
make up the engineered microchannel, and evaluated the SRM performances of the re-
sulting reactors at 850°C. The catalyst was coated either on an interfacial oxide layer
previously coated on the surface of the substrate or on the substrate itself a native alu-
minum oxide layer. They concluded that engineered catalysts with an interfacial layer
provided flexibility in catalyst configuration, and that the resulting SRM activity and
catalyst stability were higher. In another study [184], different metal alloy substrates
making up the skeleton of the microchannel reactors and coating techniques were com-
pared. FeCrAl, calcined at high temperature, and NiCrFeAl, washcoated with alumina,
were used to support Rh. The reactors were tested for their stabilities and catalytic
partial oxidation activities. The NiCrFeAl reactor did not yield any steam reforming
conversion even at 800°C while the FeCrAl reactor remained active for 3 h, which
began to deactivate possibly due to the migration and sintering of Rh particles. The
reason for the lack of activity of the NiCrFeAl reactor was argued to be the coverage

of the Rh particles by the Cr layer and Cr oxides.

Ryu et al. [185] compared the performances of Ni-based commercial catalysts
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both washcoated onto metal monoliths and in powder form. They reported significantly
increased activity on the monolith due to enhanced transport rates. The differences
between the activities were notable at higher space velocities since the monolith also
offered the advantage of much smaller pressure drop. Another highlight from this
study was that doping a small amount (0.12wt%) of Ru, Pt or Ir onto the unreduced
Ni catalyst promoted its activity which would otherwise be attained by pre-reduction in
a stream of Hy at 600°C. Tonkovich et al. [11] and Wang et al. [186] developed coating
techniques for highly active and stable Rh/MgO-Al,O3 catalyst on metal (FeCrAl)
substrates, and optimized the metal loading and dispersion. The microchannel reactor,
operated at contact times between 1 and 25 ms, was observed to remain active and
resistant to coke formation for 14 hours of time on stream [186]. Comparison between
structured and conventional lab-scale packed-bed reactors was also made, and the
former was found to demonstrate much higher volumetric productivity. In a follow-up
work, Tonkovich et al. [187] succeeded to pull down the 1 ms barrier for SRM, and

achieved ca. 98% approach to equilibrium methane conversion at 900 us.

Izquierdo et al. [188] tested Ni-based catalysts, namely, Ni/MgO and Ni/Al,Os,
Pd/Al,O3, and Pt/Al;O3 in a microchannel reactor and a conventional fixed bed for
hydrogen production via SRM. With either reaction system, the Ni/Al,O3 catalyst gave
high conversions; however, it suffered from rapid deactivation. The Ni/MgO catalyst,
on the other hand, yielded the highest conversion at 1073 K and a steam-to-carbon
ratio of 1.5 while preserving its activity. For all the catalysts, higher conversions were

obtained in the microchannel reactor when compared with the fixed bed on an identical

WHSYV basis.

Work of Wichert et al. [189] involved the development and testing of a completely
miniaturized LPG fuel processor for ca. 250 W of electric power output. The propane—
model fuel for LPG-reformer was coupled to a catalytic burner. The reactor consisted
of stainless steel sheets patterned by wet chemical etching. The elliptic microchannels
(600 pm width, 800 um depth) are separated by 250 yum fins. The microchannel shape
and dimensions were determined by computer simulations in order to optimize the flow

distribution and minimize pressure drop. The catalyst for propane steam reforming
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was coated in a single step by filling the microchannels with the noble metal-containing
alumina carrier suspension (undisclosed), removing the excess suspension followed by
calcination. The prepared microchannel sheets were stacked and welded by laser for
sealing. Long-term (1060 h) stable operation of the reformer was maintained despite
many start-up/shutdown cycles. Neither the stainless steel skeleton of the reformer nor
the welding seams were affected by the operating temperatures around 750°C. No effect
of the elevated temperature on the mechanical integrity of the catalyst coating was

observed. Complete conversion of propane was obtained for all experimental conditions.

Besides reforming of light hydrocarbons (e.g. CH,, C3Hg), reforming of liquid
hydrocarbons such as gasoline and diesel is a very attractive, yet challenging, route for
producing hydrogen-rich syngas for fuel cells. In order to understand the underlying
mechanisms, Thormann et al. [190] examined isothermal reforming of gasoline and
diesel in a microchannel reactor using a Rh/Al,O3 catalyst. The test reactor was
filled with 14 micro-structured foils on which 200 ym x 200 ym square microchannels
were machined. Each foil contained 100 channels of 80 mm length which resulted in a
geometric surface are of 6360 mm? including the top of the fins. The temperature of the
reactor was controlled using eight heat cartridges, four on top and four on the bottom
of the foil stack. Catalyst preparation involved the coating of the foils by Al,O3 using
the sol-gel technique, followed by impregnation of the support with aqueous RhCl;
solution. Each foil was coated with ~ 10 mg Al,O3 and ~ 2.7 mg Rh. The thickness of
the coating was determined to be 2 —3 pum. At 700°C, with a steam-to-carbon ratio of
4.0 and GHSV between 15000 and 25000 h~!, the conversion of iso-octane-model fuel
for gasoline-was nearly 100% that yielded a product gas composition of 9.7vol% CO,
4.2% CO,, 0.6% CHy, 33.9% H,, 0.003% C4H;q, balance water and nitrogen. Under
such operating conditions, reforming conversion of hexadecane, the diesel surrogate,
decreased from 95% to 65% over a 12-h period. The decrease is argued to be the result
of soot formation, which was seen to be reversible by catalyst regeneration under air
flow at 750°C. The product gas from hexadecane reforming, prior to deactivation of
the catalyst, consisted of 3.8vol% CO, 4.4% CO,, 25.2% H,, 0.07% H,, 0.03% C,Hg,
0.02% C1gHay, traces of pentane, hexane, and decane, as well as of water and nitrogen.

Their results led the authors to speculate, and further investigate the statement that
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iso-paraffins (e.g. iso-octane) are more active in steam reforming than n-paraffins.

Gawade et al. [191] evaluated the combustion as well as reforming kinetics of hex-
adecane over a Rh-Ni/Al,O3 catalyst in a micro heat exchanger/reactor system that
enabled efficient heat transfer from the combustion channels to the reforming chan-
nels. Reforming data were obtained over a temperature range of 500 — 750°C, and
at high steam-to-carbon ratios (>3.0). Three different mechanistic models were used
to model the kinetics: Eley—Rideal, Langmuir-Hinshelwood bimolecular adsorption,
and Langmuir-Hinshelwood dual site. Among these, the Eley—Rideal model compared
the best with the data. Combustion kinetics were also found to be well represented
by a power-law model. Reforming of diesel (having an average chemical formula of
Ci4.37Ha7.40) has also been investigated in a wall-coated microchannel reactor comprised
of reforming and combustion compartments that have been arranged for co-current,
counter-current and cross-flow configurations [192]. The results showed that the reac-
tor design allows inlet temperatures below 500°C because of its internal superheating
capacity due to excellent heat transfer between the exothermic and endothermic reac-

tions.

The use of catalytic microchannel reactors offers potential solutions to problems
encountered during ATR of fuels (such as those mentioned in Section 2.2.3.3), and
additional benefit of increase in productivity per unit volume or mass of catalyst [186].
With characteristic dimensions less than 1 mm, microchannel reactors allow for high
surface area-to-volume ratios and enhanced heat transfer coefficients that are one or
two orders of magnitude greater than those in conventional tubular reactors [186]. This
facilitates rapid delivery of the released heat throughout the microchannel and across
the metallic channel walls, thus quenching the highly exothermic oxidation reactions
and inhibiting local hot spots [193]. Moreover, since excessive pressure drop along the
channels is not a concern, it is possible to operate at residence times below 1 ms [187].
Reduced residence times lead to increased production rates and can be manipulated
so as to suppress undesired slow reactions leading to coke formation [8]. In view of
these aspects, partial oxidation of methane in microchannel reactors has been studied

over different metal-based catalysts. Fichtner et al. [194] used a honeycomb catalyst
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made of Rh foils whose high thermal conductivity provided a good heat distribution
in the flow direction that led to higher methane conversions and CO selectivities.
Younes-Metzler et al. [195] demonstrated that POX of methane could be carried out
over a Pd-based catalyst within safety margins due to good reaction control. Enger
et al. [184] tested Fecralloy and Nicrofer as the material of construction of the Rh-
impregnated microchannels in terms of stability and catalytic activity, and found out
that the former resulted in a thin but stable layer of alumina, increasing the effective
reactor surface area and providing more sites for the Rh particles. Makarshin et al. [196]
compared two flow configurations, namely, co-current and counter- current flows. The
latter outperformed the co-current configuration both in methane conversion and CO
selectivity, especially at high heat loads, because it tended to spread out the heat over
a wider catalytically active region. As for fuels other than methane, ATR of iso-octane
over Pt [197], of methanol over Pd-Zn [198], and of ethanol over Rh [199] have been
studied in microchannel reactors. The issue of carbon deposition over the microchannel
catalysts during SR of methane has also been addressed in several works [200,201] in
which the catalysts’ operational resistance even at very low steam-to-carbon ratios has

been demonstrated.

Rh-impregnated metallic microchannel reactors were studied for production of
hydrogen-rich syngas through short contact time catalytic partial oxidation and au-
tothermal reforming of propane by Aartun et al. [193]. The metallic microchannel
monolith was manufactured from Fecralloy (72.6% Fe, 22% Cr, 4.8% Al) and consisted
of 676 channels of dimensions 120 ym x 130 gm x 20 mm. The monolith was oxidized
in air at 1000°C to form a thin alumina surface layer. It was subsequently impreg-
nated with Rh by passing an aqueous solution of RhCl3 through the channels followed
by drying at 120°C. The mass increase resulting from impregnation corresponded to
1 mg Rh. The Rh/Al,O3/Fecralloy monolith was reduced in situ at 800°C for 3 h in
10% Hj in Ny.The monolith was placed in a quartz container. Schematic drawing of

the experimental apparatus is shown in Figure 2.15.

The experiments were carried out using a continuous reactant flow at near-to-

atmospheric pressure and furnace temperatures from 300 to 950°C. The concentration
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Figure 2.15. Schematic drawing of the quartz reactor loaded with microchannel

monolith [193].

of propane was kept the same for both POX and ATR. The reactant mixture consisted
of propane and air for POX, with a C : O ratio equal to 0.8. In case of ATR, steam
was added to the feed and the C : O and HyO : O, ratios were 0.5 and 2.0, respectively,
with Ny to balance. A total flow rate of 1000 Nmlmin™" (at 0°Cand 1 atm) was chosen

as reference.

The results showed that gas phase ignition at the monolith entrance occured
at furnace temperatures above 700°C for both POX and ATR for a feed gas flow of
1000 Nmlmin~!, corresponding to a residence time of 12.7 ms. Ignition observed
at high temperatures was followed by a substantial decrease in the selectivity to the
desired product of syngas, as well as increased hydrocarbon by-product formation.
This behavior was ascribed to gas-phase reactions, especially formation of methane
and ethene as cracking products. Lowering the residence time below 10 ms increased
the syngas selectivity, probably due to quenching of the gas-phase reactions at high

linear gas velocities, and suggested that direct formation of hydrogen and CO was
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part of the reaction scheme. No catalyst deactivation was observed despite repeated

temperature cycling under POX and ATR reactant exposure.

Another study by the same group [202] involved determination of the temperature
profiles for both POX and ATR of propane taking place in the identical reaction system
with Fecralloy microchannel monolith washcoated with Rh-containing alumina. The
profiles along the reactor axis showed that the metallic microchannel reactor was able
to minimize temperature gradients due to the exothermic reactions POX and ATR.
Variation of the total flow rate at constant furnace temperature resulted in decreased
propane and oxygen conversion along with increased Hy and CO selectivity and reduced
hydrocarbon by-product formation at residence times below 10 ms for both POX and
ATR. This was recognized as an indication that gas phase ignition was suppressed
at sufficiently high gas hourly space velocities (GHSV). The Rh/Al,O3/Fecralloy mi-
crochannel reactor also showed promising stability, since it was found not to deactivate
after more than 70 experiments at POX or ATR conditions with temperature cycling

from 300 to 1000°C.

Syngas production by POX of propane was also studied by the group of Penne-
mann [203]. Various catalysts based on rhodium, palladium and platinum on ~y-alumina
were washcoated into microstructured reactors. The experiments were carried out with
sandwich-type reactors composed of two stainless steel plates each having 14 channels
with 500 pm width and 250 pm depth. The microchannels were made by wet chemical
etching using an aqueous iron chloride solution. The catalysts were introduced into the
microchannels by a sequential procedure comprising washcoating, drying, calcination,
impregnation and second calcination. The suspended support material of 7-Al,O3 was
introduced into the channels by a fill-in wipe-off technique followed by a drying and
a calcination step at 600°C. Subsequently, the support was impregnated with the re-
spective metal salt solutions and calcined a second time at 450°C. After passivation
layers and catalysts had been coated into the channels, the sandwich-type reactors
were sealed by laser welding. The reactor was placed into a metal block equipped with
a heating cartridge. At the beginning of each run, the freshly prepared catalyst was
reduced at 700°C at a hydrogen flow rate of 20 Nmlmin~! for 1 h. Without further



o8

pretreatment, partial oxidation was initiated at 700 °C. After a sample had been taken
online for analysis the reactor temperature was increased by 10°C. This procedure was
repeated until a final temperature of 850°C was reached. Experiments were carried
out at O : C ratios in the range of 1.0 — 1.3. Flow rates were adjusted to a total flow
rate of 400 Nmlmin~! with respect to the reactants, resulting in a GHSV of 274000 h—*
and an overall pressure drop of approximately 0.8 bar. Product gases were analyzed

by an online gas chromatograph.

The results of the experiments showed that propane conversion was strongly de-
pendent on the catalyst type. In the case of rhodium, complete conversion and high
selectivities towards hydrogen and carbon monoxide close to thermodynamic equilib-
rium were achieved. In contrast, over platinum and palladium, products of total oxi-
dation, such as water and carbon dioxide were favored. Only in the case of platinum
and palladium trace quantities of ethylene and propylene were detected. Furthermore,
bimetallic rhodium/platinum catalysts were investigated and turned out to be as se-
lective as a pure rhodium catalyst when the rhodium concentration of the bimetallic
catalysts was higher than 0.5 wt%. In general, it was determined that in the case of
complete or nearly complete propane conversion, the experiment had to be terminated
after a certain time due to an increase in the pressure drop. By opening of the reactor
coke formation was found to be the cause of plugging. Although both the reaction
plates and the connection tubes were made of stainless steel, coke formation in the re-
actor outlet tube was the crucial factor. For prevention of deactivation due to coking,

protective coating of the active surfaces was suggested.

Reforming of alcohols, as well as of hydrocarbons, are widely investigated in the
literature for the purpose of production of hydrogen to be used in small- to medium-
scale power applications. In their work, Park and coworkers [204] investigated methanol
steam reforming in a microchannel reactor coated with Cu/Zn0O/Al;O3 catalyst. The
reactor was constructed from stainless steel plates the channels on which were patterned
by wet chemical etching (Figure 2.16). The microchannels were 500 pm wide, 200 pm
deep and 33 mm long. The catalyst slurry was made of ICI Synetix 33-5 catalyst, 20%

alumina sol, distilled water and 2-propanol. In order to enhance the adhesion between
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Figure 2.16. Microchannel sheets for methanol steam reforming [204].

catalyst powders and the substrate structure, alumina was undercoated on the surface
of the microchannels and then the suspension of powdered catalysts was coated on
the preformed alumina layer. After drying in air, catalyst-coated metal structure was
calcined at 350 —400°C. About 0.1 g of catalyst was coated on each microchannel basic
structure. The plates were bonded together by a brazing process and were heated by
rod-type electric heaters. The reforming reaction was conducted in the temperature
range 200 — 260°C. Methanol was evaporated in a vaporizer before mixing with steam.
The feed flow rate was 0.1 mLmin~!. The product stream was separated using a cold
trap maintained at 5°C and the composition of the dry reformed gas was analyzed by

a gas chromatograph.

The performance of the reactor is shown in Figure 2.17a. The Hy production
rate was enhanced with increasing temperature. However, the amount of produced H,
decreased with increasing steam-to-carbon ratio. This was mainly due to the decrease
of absolute amount of methanol in the feed of methanol-water mixture with increasing
steam-to-carbon ratio. Therefore, a high reaction temperature and a low steam-to-
carbon ratio were more favorable for high amount of Hy production during methanol
steam reforming. The effect of reaction temperature and steam-to-carbon ratio on
CO formation is shown in Figure 2.17b. The concentration of Hy and CO, was less
sensitive to the reaction temperature and steam-to-carbon ratio revealing 72 — 75% H,

and 24 —25% COy in all runs. However, CO concentration increased from 0.17 to 1.6%
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as the reforming temperature increased from 200 to 260°C. This was mainly because
of the reverse water-gas shift reaction which was enhanced by increased temperature.

CO concentration also decreased as the steam-to-carbon ratio increased.

Men et al. [205] designed, constructed and studied the performance of a micro-
structured methanol reformer to be installed into a completely miniaturized fuel pro-
cessor that is to function as hydrogen supplier for low-power applications. The re-
actor consisted of stainless steel sheets patterned by wet chemical etching. The el-
liptic microchannels (600 um width, 800 um depth) are separated by 250 um fins,
and are 44 mm long. The microchannel shape and dimensions were determined by
computer simulations for optimizing the flow distribution and minimizing pressure
drop. The Cu/ZnO catalyst was coated in a single step by filling the microchannels
with the metal-containing alumina carrier suspension, removing the excess suspen-
sion followed by calcination. The prepared microchannel sheets were stacked and
welded by laser for sealing. Both sides of the end plates had two holes for rod-
type electric heaters. The effects of temperature (in the range 235 — 275°C), con-
tact time (W/F = 1.425 x 1073 — 5.7 x 1073 g, minml™1), and steam-to-carbon
ratio (S : C = 1.1 — 2.0) on conversion, Hy yield, and CO and CO, selectivities
were examined. At S : C = 2.0, full methanol conversion was achieved at 275°C and

W/F = 2.85x% 1073 g min ml~! whereas 0.35% CO containing reformate was obtained.

Steam reforming of methanol, together with the side reaction of methanol decom-
position, was studied in a reactor with dimensions 40 mm x 40 mm X 8 mm comprising
125 microchannels coated with a Cu/ZnO/Al,O3 catalyst [206]. The continuous and
stable operation for 100 h showed that the microchannel reactor could generate enough

hydrogen for a power output of 11 W.

Peela et al. [90] performed a kinetic investigation of steam reforming of ethanol
over 2%Rh/20%CeO5/Al,03 in a microchannel reactor in the temperature range 450 —
550°C. The microchannels were etched on a stainless steel sheet with 1 mm thickness
by laser micromachining. The plate had 60-mm long 25 microchannels each with a

depth of 400 yum and width 500 ym, separated by 300 um fins. A binder (polyvinyl
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alcohol) was coated beneath the support layer. Thickness of the catalyst layer was
~ 30 um. After joining the catalyst-coated sheet to a plain stainless steel plate by
laser spot-welding, four cartridge heaters were inserted into the assembly to maintain
the temperature at the value set. The steam-to-carbon ratio was varied between 2 and
4, and the weight of the catalyst deposited on the plate was ~ 70 mg. The contact
time, based on ethanol flow rate, was between 0.07 and 1.28 ge.s hmol~!. The reaction
scheme was determined to consist of reaction of steam with ethanol, decomposition of
ethanol, steam reforming of methane, and the water-gas shift. The proposed kinetic
model that is based on Langmuir-Hinshelwood kinetics satisfactorily predicted the

conversion and product distribution.

2.4.1.2. Modeling and Simulation Studies. Detailed and accurate modeling and simu-

lation of flows at the microscale has gained momentum with the widespread availability
of commercial flow modeling softwares such as ANSYS FLUENT™, ANSYS CFX™
and COMSOL MultiphysicsTM that also provide the opportunity to couple the flow
field with global /elementary transport phenomena and reaction kinetics. This is the
reason why the number of works involving modeling of microchannel reactors for the
specific purpose of simulating heterogeneous reaction systems has arisen immensely in
the last couple of years. This section gives an overview of the studies that have solely
considered steam reforming of various fuels in which the required heat is supplied by
means of electrical power. Works that comprise different schemes of coupling of steam
reforming and a heat source—whether it be the combustion reaction of same or another

fuel or simply a stream of hot gas—are introduced in Section 2.5.

The work of Cao and coworkers [207] involved developing a heterogeneous three-
dimensional model in order to simulate reforming of methane in a microchannel reactor.
The reactor consisted of two aligned FeCrAlY felts with identical dimensions (250 pm
X 9mm x 51 mm). About 14 mg of 10 wt% Rh/MgO/Al,O3 catalyst was washcoated
onto each square centimeter of the felt surface. Heat was supplied by means of a
furnace. Mixtures of methane and steam at varying compositions were introduced at

GHSVs varying in the range 144000 — 3600000 h—!.
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The model assumed that the variations in washcoat effective diffusivity, effec-
tive thermal conductivity and heat capacity were small, and the axial conduction and
diffusion were negligible compared to convection. The empirical kinetic rate constant
and apparent activation energy were used to express the first-order reaction with re-
spect to methane. The following fundamental equations represented the conservation
laws of mass and energy in rectangular coordinates (z-y-z) with dependent variables

temperature and methane concentration:

Gas phase:
dc Pc 0%
oT o*T  0°T
Washcoat:
e O
T  0°T

The set of equations were solved by the finite element method using the FEM-
LAB (now COMSOL™) Multiphysics environment. Figure 2.18a shows the tempera-
ture profile at the axial position z = 2.54 mm. It can be seen that the temperature

distribution is very narrow in the cross section at a typical operating condition (850°C,
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Figure 2.18. (a) Temperature distribution in SRM microchannel reactor (b) Methane

concentration profile at z = 2.54 mm [207].

20 atm, S : C = 2.0, 13.8 ms contact time, 72% methane conversion). The local cold
spots typically inherent in conventional fixed bed reforming reactors were eliminated.
Such improved heat transfer ensures the catalyst is being operated at an average high
temperature that is close to the reactor wall temperature. Figure 2.18b shows the local
methane concentration profiles at a certain distance from the reactor inlet. It can be
seen that the conversion is uniform in neither phase. The local conversion is directly

associated with the local temperature distribution shown in Figure 2.18a.

The amount of catalyst deposited on the walls of microchannels can have great
effect on reactor performance. In light of this claim, Stutz and coworkers [208] inves-
tigated numerically the effect of catalyst surface site density (catalyst amount) and
reactor geometry on the POX of methane in a wall-coated, single-channel microreac-
tor. Such a reactor, consisting of a tubular flow channel and a thermally conductive
channel, was considered to be a good representation of microfabricated channels and
monoliths. It was found that hydrogen selectivity changed significantly with varying
catalyst loading, which was a noteworthy result. This was ascribed to the splitting rate
of methane and water, which is a function of catalyst density. Furthermore, the study
showed the significance of scaling the inlet volume not only with the reactor volume

(GHSV) but also with the catalyst amount (catalyst space velocity).
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In the more recent work by Stutz and Poulikakos [209], syngas production was
investigated by a numerical model of an adiabatic monolith reformer in which POX of
methane took place. The study included the thermal and diffusive properties of a wash-
coat of finite thickness that was modeled as a porous layer composed of a ceramic sup-
port containing catalytically active Rh sites. It was combined with a two-dimensional
radially symmetric model of a single tubular minichannel, considering both the thermal
and diffusive transport phenomena in all domains. The channel diameter was taken
to be 1 mm. CFD calculations combined with detailed surface reaction mechanisms
were carried out. It was found that both the methane conversion and the hydrogen
yield depended markedly on the washcoat thickness. An interesting result was that if
the inlet volumetric flow and the amount of catalyst per washcoat volume were con-
stant, an optimum washcoat thickness of 70 um was found, where the hydrogen yield
was maximal. For a thinner washcoat, the smalller amount of catalyst was limiting,
leading to a low methane conversion. For a thicker washcoat, the limiting effect was
the reduced residence time, which stemmed inherently from the constraint of constant

volume flow, rather than the increased diffusive resistance.

As the continuation of their experimental study (Section 2.4.1.1), Thormann et
al. [210] investigated hexadecane-the chosen diesel surrogate-reforming in microchan-
nels coated with Rh/CeQO,. Developing a detailed kinetic model that also comprises the
steam reforming of methane and propane for a better understanding of conversion of
hexadecane fragments, they found out, using experimental data, that the turnover fre-
quencies of the linear alkanes were inversely proportional to the number of carbon atoms
per hydrocarbon molecule. These results were the basis for the kinetic model that links
a global reaction equation for the dissociative adsorption of long-chain hydrocarbons
with an elementary surface reaction mechanism of steam reforming of methane over
Rh/Al,O3 catalysts. The model was seen to predict the correlation between turnover
frequency and the number of carbon atoms. Even more, the ceria support was observed

to have significant impact on the reformate composition.

The large number of modeling studies of reforming of methanol in microchan-

nel reactors is representative of the importance of methanol in the fuel processing
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literature such that it features low reforming temperatures and low carbon monoxide
content [63,206,211-217]. Hsueh et al. [213,214] performed numerical simulations of
steam reforming of methanol in a plate-type microreactor. The effects of channel size
and aspect ratio (ratio of channel height to channel width) on the transport char-
acteristics and reactor performance were analyzed. It was found that as the aspect
ratio decreases, methanol conversion and Hs yield increase. Moreover, the tempera-
ture distribution throughout the channel becomes more uniform. As for the effect of
channel size, use of smaller microchannels resulted in more uniform temperature dis-
tributions that led to reduced thermal entrance lengths, which translate to improved

fuel utilization efficiencies.

Jang et al. [215] performed a similar CFD simulation study of methanol steam
reforming in which they investigated the effects of wall temperature, channel geometry
and inlet /outlet manifold configurations on fuel conversion and product distribution.
The featured finding was that the manifold configuration of central inlet/two outlets
not only results in ~ 30% increase (32.4% — 42.3%) in conversion but it also yields a

~ 30% decrease (0.39% — 0.27%) in carbon monoxide content.

Ethanol is another promising fuel for hydrogen production due to its high hy-
drogen content, availability, low toxicity and easy storage [219,220]. Steam reforming
of ethanol obtained from biomass has great potential in fuel processing particularly
because bioethanol comes as a dilute aqueous solution (12 wt% ethanol) that can di-
rectly be used in reforming [220]. Uriz et al. [221] carried out a three-dimensional CFD
simulation study of reforming of ethanol in microreactors with square channels over
Co304-Zn0O catalyst. The kinetic model implemented included ethanol dehydrogena-
tion to acetaldehyde, ethanol decomposition to CO and CHy, acetaldehyde reforming
to Hy and CO,, and the water-gas shift reaction. The simulation results indicated
that at high reaction temperatures (>625°C) ethanol decomposition—due to its higher
activation energy and lower reaction enthalpy—competed with its dehydrogenation to
acetaldehyde, which was the key intermediate of the reforming process. The net result
was the reduction in the hydrogen yield and increase in the carbon monoxide content.

It was shown that by increasing the surface area-to-volume ratio and the catalyst load-
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ing, it was possible to allow a reduction in the operating temperature while increasing
the selectivity. Parametric study of the channel sidelengths showed that microchannels
with sidelength between 0.10 and 0.35 mm resulted in nearly isothermal flow with high
hydrogen yields.

Up until this point in the review, the microchannel reactors, whether they be
part of experimental test rigs or objects of purely theoretical design, consisted of single
or a multitude of straight, parallel catalytic channels. Hao et al. [218] proposed a very
interesting and promising microreactor design that involved eight non-parallel channels
(Fig. 2.19a) in order to improve the performance of steam reforming of methanol. The
widths of some channels were taken as variable along the reactor length by manipulating
the entrance inclination angle # and the channel inclination angle ¢. Channels 224 and 5
gradually narrow down along the flow direction. In contrast, widths of channels 2°1 and
8 increase while the widths of the remaining channels are unchanged (Fig. 2.19b). Two-
dimensional velocity contours under different entrance angles were plotted (Fig. 2.19¢).
Based on the criterion that all eight channels were to have similar velocity distributions,
the optimal flow uniformity was obtained when 6 and ¢ were equal to 55° and 9°,

respectively, which also yielded the maximum conversion values.

2.4.2. Microchannel Reactors in Fischer-Tropsch Synthesis

The number of works in the open literature in which the Fischer-Tropsch synthe-
sis had been carried out in the submillimeter range has shown a steady rise since 2008.
The principal reason is the continuous development of micromanufacturing and micro-
machining technologies, which has enabled researchers to come up with new and robust
designs of micro devices. On the other hand, as already mentioned in Section 2.4.1.2,
ubiquity of CFD flow modeling softwares and increasing processor and memory power

has made it possible to work with detailed reactor models at the micro scale.

2.4.2.1. Experimental Studies. One of the earliest works in literature as concerns the

FT synthesis at the micro scale has been published by Chin et al. [222]. They synthe-
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sized and tested a novel micro-structured catalyst based on aligned multiwall carbon
nanotube arrays (Figure 2.20a). An Al,Oj thin film was deposited over FeCrAlY
foam first to enhance the adhesion between the ceramic-based catalyst and the metal
substrate. The nanotubes were deposited uniformly over the substrate by controlled
catalytic decomposition of ethylene. The outer surfaces of the nanotubes with the ac-
tive catalyst layer (Co-Re/Al;O3) formed a unique hierarchical structure. The catalyst
possessed superior thermal conductivity due to the carbon nanotube, which allowed
efficient heat removal from catalytic active sites during the exothermic FT synthe-
sis reactions. The experiments were carried out in a microchannel reactor made of
stainless steel, with a channel dimension of 3.56 cm x 0.90cm x 0.15cm. The metal
foams used for preparing the structured catalysts were machined to match the internal
geometry of the reactor channel, where bypass between the catalyst and the channel
wall was minimized. The reactor temperature and pressure were adjusted to 240°C
and 1.5 MPa, respectively, prior to the FT reaction. The feed composition was set to
CO :Hy: Ar =32 :64 : 4. Total feed flow rate was set to achieve a desired GHSV of
14400 h~!. The stream leaving the reactor (unreacted syngas and hydrocarbon prod-
ucts) was separated into condensed and non-condensable products. A pressurized cold
trap operated at 0°C was installed to capture majority of the condensable products
(C41). Gaseous products were analyzed by a gas chromatograph to obtain CO con-
version and product selectivity. CO conversion and product selectivity were calculated
based on feed and product flow rates and a carbon balance.
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Figure 2.20. (a) Schematic and (b) performance of the microstructured catalyst based

on carbon nanotube arrays for FT synthesis [222].
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Heat generated during the F'TS reactions can be conducted along the length
of the carbon nanotubes, and then quickly removed from active sites, thus lowering
methane selectivity (Figure 2.20b). It was shown that the CH, selectivity was stable
in the temperature range of 240 — 290°C. For comparison, the authors carried out
the FT reactions over the same active catalyst and microstructure, but without the
carbon nanotube arrays. With the nanotube array, two- and four-fold enhancement was
observed respectively in CO conversion and specific activity (mmolcocony gco * h™1).
This was attributed to the improved mass and heat transfer which allowed the FT
synthesis to be operated at higher temperatures without selectivity runaway that favors

methane formation.

Guillou et al. [223] used a Co/SiO4 catalyst grafted on a stainless steel substrate
for FT synthesis (FTS) in a micro-chamber reactor. The reactor consisted of a stacking
of a single catalytic plate between two mechanically engineered steel blocks. Upper
and lower blocks were equipped with a thermocouple and power cartridges to ensure
electrical heating and temperature control. The upper block acted as a gas distributor
and collector. Inlet and outlet were located in perpendicular to the catalytic plate
(Figure 2.21). The reaction chamber of 200 ul volume was obtained by engraving the
upper block with a 40 mm x 20 mm x 250 pum rectangular groove. A similar groove

was engraved in the lower block and received the catalyst coated plate.

Inlet (180°C) Qutlet (250°C)
y-chamber

| % Heating °

Aluminium  Catalytic Thermocouple rod
gasket plate

Figure 2.21. Micro-chamber test reactor for stainless steel supported catalysts [223].
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Leakage from the stacking was prevented by means of an aluminum metallic joint.
The working pressure was set at 0.1 MPa. Prior to FTS, catalyst was activated in situ
under pure Hy (680 mlh™!) for 4 h at 450°C. After reduction, the reactor was cooled
down to the required reaction temperature and gas flow was switched to the proper
syngas composition at 0.1 MPa. Total flow rate was set to achieve a desired constant
contact time of 1s. Outlet stream was heated at 250°C to avoid product condensation.

Gaseous products were analyzed online by a gas chromatograph.

Table 2.11. FTS reaction parameters and influence over activity and product

distribution [223].

Experimental Conditions Analytical results
H2:CO | e (um) | T (°C) Xco (%) | C1—=Ca (%) | C5—=Cq (%) | Crot (%)
1.5 50 180 10.01 46 24.9 29.1
1.75 50 180 11.04 46.7 26.2 27.1
2 50 180 12 52.5 27.9 19.6
2 50 180 12.5 50 28.3 21.6
2.5 50 180 15 53.6 24.2 21.2
3 50 180 16.02 59 26.7 14.3
2 70 150 1.03 45.2 25.6 28.9
2 70 170 13.5 43 29.1 27.9
2 70 180 15.1 51.4 28.9 19.7
2 70 200 18.7 66 28.1 6
2 70 220 24.1 85.5 14.4 0.1

Table 2.11 shows the FTS conditions, CO conversion (Xco) and product distri-
bution (C;_4, C5_g, Cyos selectivities) obtained for various inlet compositions (Hy : CO
inlet partial pressures ratio), catalyst thicknesses (e) and reaction temperature (7).
Results obtained on a 50 pum thick catalyst showed that conversion increases with hy-
drogen partial pressure. The variation of the rate-related X¢o shows the influence of
syngas composition on the activity; the highest conversion levels were obtained for the
H, richest inlet feeds. Product distribution showed a similar sensitivity to Hy : CO.
Higher relative hydrogen partial pressure caused a progressive shift of the distribution
toward shorter hydrocarbons. However, the relationship between product distribution

and conversion did not exhibit any clear trend: most CO;¢, yields for constant tem-
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perature experiments were closely distributed around a constant yield level curve at

2.5%.

The group of Guillou also investigated the FTS in a microchannel reactor [224].
The stacked single channel microstructured reactor was made up of an engineered
stainless steel foil arranged between two housing devices. The housing was equipped
with inlets (gas distributor) and outlet connections, as well as heating devices and a
thermocouple. The temperature was adjusted with a PID controller. The engineered
foil was the channel plate. The channel dimensions were 80 mm x 1mm. It was
mechanically engraved in a 250 pum thick steel foil. It was stacked between the upper
and lower distributors. A 20wt% Co/SiO, catalyst was used for the FTS. It was
obtained by a sol-gel modified method. A classical sol made out of the catalyst and
support precursors (Co(NOj3)s and Si(CyH50),) acidified with HNO3 was used. Coating
was applied by a continuous hot spraying process. The freshly-coated catalysts were
then treated under air at 350°C for 1 h. The reactor was operated at P = 0.1 MPa and
T = 180°C. The activity and product distribution results were comparable with the
ones previously observed (Table 2.11) for the same catalyst for a different microreactor

flow configuration [223].

Zhao et al. [225] studied the effect of ruthenium (Ru, 0.4wt%) as a promoter on
silica-supported iron and cobalt nanocatalysts for syngas conversion to higher alkanes
in a silicon microchannel reactor. Fe-Co/SiO, catalysts with and without Ru were
synthesized by a sol-gel method. The reactor (Figure 2.22) consisted of a feed inlet,
product outlet and 239 straight channels with 25 pm width and 100 yum depth. The
volume of the reactor was approximately 9 mm?. The multi-entry (16 ports) microre-
actor inlets and outlets were designed for better distribution of reactant and product
gases passing through the microchannels. The microchannels on the silicon wafers were
opened using photolithographic techniques and dry plasma etching. The packaging of
the microreactor was completed using anodic bonding to avoid leakage of reactants.
The catalyst slurry was coated on the reactor microchannels using a drop coating

method (Figure 2.23).
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Figure 2.22. Typical silicon microreactor (3.1 cm X 1.6 cm) containing 239 channels,

25 pum wide and 100 pum deep, used for FT synthesis [225].

Figure 2.23. SEM image of silica-supported Fe-Co catalyst deposited in 25 pm wide
and 100 pgm deep microchannels [225].
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Figure 2.24. Comparative studies on CO conversion to alkanes at different
temperatures and two Hy : CO ratios, using silica-supported Fe-Co catalysts with and

without Ru [225].

CO hydrogenation for silica-supported Fe-Co catalysts with and without Ru in
25 pm wide channel microreactors was carried out at atmospheric pressure, using a
total flow rate of 0.4 sccm at different temperatures and ratios of Hy : CO (2 —3: 1).
The highest CO conversion on the Ru-Fe-Co/SiO catalyst reached ca. 78% at 220°C
by adding only 0.4wt% Ru at a Hy : CO ratio of 3 : 1. This was much higher than
that observed for the Fe-Co/SiOs catalyst (63%), although the loadings of iron and
cobalt were less in the Ru-Fe-Co/SiO, catalysts. The general trend was that 220°C was
the optimum temperature for all the catalysts and Hy : CO ratios (Figure 2.24). In
addition, except at 200°C, a Hy : CO ratio of 3 : 1 was better for syngas conversion
than the ratio of 2 : 1, which was consistent with syngas conversion using alumina-
supported catalysts. Furthermore, the ratio effect on CO conversion was less with Ru
than that observed without Ru. With Ru, CO conversion was almost same for both
3 :1 and 2 : 1 ratios of Hy : CO at 200°C, whereas the Hy : CO ratio effect was
significant without Ru (40% at 2 : 1 to 49% at 3 : 1). This indicates that the role of

Ru is more important in CO conversion than that of the Hy : CO ratio.

Addition of the Ru promoter not only increased CO conversion significantly, but

it also affected the selectivity to alkanes. While the Ru-Fe-Co/SiO, catalyst at a
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Figure 2.25. Selectivity to various alkanes at different Hy : CO ratios using

silica-supported Fe-Co catalysts with and without Ru [225].

Hs : CO ratio of 3 : 1 yielded ~70% selectivity to propane, ~20% to ethane and ~10%
to methane (Figure 2.25), these values with the Fe-Co/SiO, catalyst were ~80, 17 and
3%, respectively.

Apart from the well-established parallel microchannel configuration, several groups
investigated different microstructuring methods. The reactor whose schematic is shown
in Figure 2.26a consisted of eight parallel catalyst sections sandwiched between cross-
flow oil channels for heat exchange. Each catalyst section was comprised of two foils
with an etched 400 um deep pillar structure, hexagonally arranged with 800 pum dis-
tance between the pillars. The foils were stacked opposite to each other, giving 800 pum
channel height. Three thermocouples in the reactor body measured the reactor wall
temperature and were regulated against temperature in the oil circulator bath during

the experiments.

The milli-structured fixed-bed slit reactor (Figure 2.26b) studied by Knochen

et al. [226] consisted of channels for the heat transfer medium and the catalyst bed.
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Figure 2.26. (a) Pillar structured catalyst foils and the cross-flow rectangular oil
channels [227] (b) Milli-structured fixed-bed slit reactor [226] (¢) Micromonolith
(FeCrAlY) and (d) Foam (aluminum) reactors [228].

The dimensions of these channels and the walls could be chosen independently, which
offered degrees of freedom for reactor optimization and maximization of the catalyst
inventory. A larger slit width for the catalyst bed dg resulted in higher ratio of catalyst
and reactor volume while on the other hand the radial temperature gradient increased
as well. Almeida et al. [228] used several types of structured supports in the work: par-
allel channel monoliths, foams and a microchannels block. Homemade parallel channel
monoliths consisting of 50 pum FeCrAlY sheets, corrugated using rollers, were fabri-
cated. Monoliths (Figure 2.26¢) were made by rolling around a spindle alternate flat

and corrugated sheets. Aluminum foils (Figure 2.26d) were cut out from slabs by a
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hollow drill with a diamond saw border. Both monoliths and foams were cylindrical.
In order to improve the interaction between the AlyOs-based washcoat layer and the
metallic supports, the surfaces of both monoliths and foams were modified. The mono-
liths were heat-treated in air to generate a-alumina whiskers whereas the foams were
pretreated by anodization in 1.6M oxalic acid at 50°C for obtaining a rough alumina
surface. All the structured reactors and catalysts shown in Figure 2.26 were compared
with conventional fixed-bed reactors for production on the basis of syngas conversion,
product (methane and Cs ) selectivities, temperature control and overall pressure drop,

and were found to perform much better with regard to these criteria.

2.4.2.2. Modeling and Simulation Studies. Transport limitations inherent in the gas-

liquid-solid phase reactions taking place during the F'TS play a significant role in the
product selectivity. For instance, strong exothermic effect in the synthesis process
enhances methanation, and diffusion limitations on reactants or products control the
chain growth and affects secondary reactions. Conventional lab reactor testing uses a
microtubular fixed bed which still shows large exothermicity in a wide range of con-
ditions, particularly at short residence times (< 1s) and high temperatures (above
210°C). As an example, Cao and coworkers [229] simulated Fischer-Tropsch synthesis
in a microtubular reactor with an i.d. of 4 mm on a Co-based catalyst at 210°C and 20
atm with a GHSV of 18000 h™! (Hy : CO = 2.0). Figure 2.27a shows the bed tempera-
ture profile in such a microtubular reactor by finite element modeling at an overall CO
conversion of 62%. The temperature gradient shows local hot spots in the bed. The
maximum temperature excursion can be as high as 29°C even at moderate synthesis
conditions such as GHSV of 18000 h™! and wall temperature of 210°C. In such cases,
intrinsic catalyst activity is overestimated as the catalyst sees a high average temper-
ature. When various catalyst compositions are investigated, performance differences
could be masked by such temperature non-uniformity. In order to reduce such heat
transfer resistances, bed dilution using inert materials with high thermal conductivity
such as SiC is usually employed to mitigate temperature gradients. However, catalyst
dilution may change the hydrodynamic behavior and cause a large pressure drop. In

addition, the dilution introduces foreign materials and gives unnecessary trouble in
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Figure 2.27. (a) Temperature profiles in a conventional tubular reactor for FTS.
Overall CO conversion is 62% (b) Temperature profiles in a microchannel reactor for
FTS. Overall CO conversion is 50% (In both cases, P = 20 atm, reactor wall
temperature at 210°C, Hy : CO = 2.0, GHSV = 18,000 h~') [229].

separating them from the spent catalysts for post-reaction characterization. The mi-
crochannel reactor approach provides a unique solution to such problems. For example,
modeling results shown in Figure 2.27b indicate that the hot spots can be largely elim-
inated under the identical conditions as that used in the 4 mm microtubular reactor.
The maximum temperature gradient was found to be less than 1°C in comparison to

29°C in the case of using microtubular reactor at the same wall temperature.

CFD analysis can help determine the optimal shape and geometry of reactor mi-
crochannels. This was demonstrated in the numerical and experimental work by Yu
and coworkers [230] in which a novel microreactor with a network of omega-shaped mi-
crochannels was designed, fabricated and tested for enhanced chemical species mixing
and reaction conversion for FTS. Fluidic and mixing properties of the omega chan-
nel reactor were investigated by means of CFD simulations. Also, a stochastic model
describing particle transport in the axial direction was applied to characterize the

residence time distribution or the cumulative probability of a particle exiting the mi-
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croreactor over time. Both fluidic simulation and stochastic model approaches revealed
the advantage of the omega-shaped microchannels as compared to straight or zig-zag-

shaped microchannels (Figure 2.28).

Figure 2.28. SEM image of an omega channel microreactor [230].

The so-called omega channel microreactor consisted of a network of omega-shaped
channels, and these channels were integrated with one another to simulate a cellular
structure of honeycombs. The omega configuration produced flow obstables that led to
high velocities. The obstacles formed by the omega channel force the flow to commingle
back and forth between the center and the channel wall. The velocity of flow in the
omega channel varied significantly from point to point and its variance was large. It
was shown that the velocity variance in the microreactor with omega channels was
larger than that with straight or zig-zag channels. The flow in the straight and zig-zag
channels was almost laminar and the velocity was about 200 pym per second. On the
other hand, flow velocity in the omega channels varied from 200 to 700 pum per second.
This played an important role in the enhancement of mixing and increased residence

time.

Heat transfer phenomenon during low-temperature FTS was studied by Arza-
mendi et al. [231] in a microchannel reactor with the aid of three-dimensional CFD
simulations. The microreactor consisted of 80 square microchannels of 1mm side-

length for syngas in cross flow with the coolant water. The syngas (Hy : CO = 2.0)
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GHSV was in the range of 5000 — 30000 h~! at standard temperature and pressure.
The thermal effect of the exothermic FTS was simulated as a uniform heat source in
the catalytic layers. For a specified rate of CO flow (Fcoomols™) and CO conversion

at the reactor outlet (X¢o), the heat generated (Q,) by the FTS was calculated using

Foo0Xco (—AHg)

w2l
Qg [kWm™] 40 x (4 x 1 x 21) x 10-°

= 49107Fco.0Xco (2.42)

The results indicated that when processing up to 30000 h~! of syngas, FTS op-
eration in the temperature range of 483 — 513K could be achieved by setting the
pressure between 5 and 35 atm, and adjusting the cooling water flow rate in the range
0.25—250 gmin~!. Due to the importance of buoyancy effects, very low steam content

(1%) in the coolant stream was sufficient to improve the heat exchange efficiency.

Hydrodynamics plays an important role in the F'T synthesis because of the liquid
products formation and their interaction with the syngas and also with the gaseous
products. Derevich et al. [232] developed a theoretical hydrodynamics model in a
microchannel reactor that considered the downward movement of liquid and gaseous
products in annular flow regime. A geometry that was comprised of irregular internal
walls coated with a cobalt-based catalyst was investigated using cylindrical coordi-
nates. System of equations of two-phase hydrodynamics was obtained on the basis of
generalized equations for mass continuity and momentum conservation in each phase.
Moreover, a stable algorithm for calculation of the thermodynamic equilibrium of the
gas-liquid phases was proposed. The hydrodynamics was modeled by considering the
conjugation of gas and liquid flows, and also variations of mass fractions and thermo-
physical properties of liquid and gaseous products along the microchannel. One of the
analysis results of this work that presented a complete hydrodynamics investigation
of FTS in a microchannel for the first time was that the pressure gradient depended
strongly on the roughness of the microchannel walls that varied with the catalyst coat-

ing shape. Another finding was that inertial and capillary forces had a strong influence



81

on the shape of the liquid-gas interface. The liquid film thickness also depended weakly

on the syngas flow rate.

2.5. Integrated Reactor/Heat Exchanger Systems

Improved heat utilization is essential to the design of efficient chemical process
equipments at macro- and microscales. Extensive academic and industrial research
is being conducted on integration methods of reaction and heat exchange systems.
Focus of many works has been the coupling of an exothermic combustion reaction
with an endothermic synthesis reaction such that both reactions either take place in
adjacent channels (spatially segregated), whether they be of conventional fixed-bed or
of microchannel type, or in the same compartment (spatially integrated), and heat
is exchanged simultaneously. This approach has pros and cons, the latter of which
arise mainly from heat transfer limitations due to the nature of the walls between the
compartments and the nature of the catalysts. The more recently realized approach of
decoupling reaction and heat transfer processes claims to solve this issue, but it also
poses certain design problems in the construction stage. The literature survey aims
at reviewing recent experimental and computer-based works on integration of reaction
and heat exchange systems by means of coupling and decoupling, thereby providing an

outlook to the contents of the work performed by the author.

2.5.1. Coupled Reaction/Heat Exchange Systems

Thermal coupling between an exothermic (e.g. combustion) and an endothermic
(e.g. steam reforming) reaction can be achieved in a number of ways. One strategy
is to use “direct” coupling where both reactions are carried out simultaneously in the
same reactor using a suitable bifunctional catalyst or a pair of different catalysts [70].
This idea has been limited to “one-fuel” systems on account of the complexity of the
process. A second strategy is “temporal” coupling of the two reactions, where the
exothermic and endothermic reactions are alternately carried out in the same reaction
chamber [158]. Direct and temporal coupling are classified under the term “spatial

integration”. The final heat integration strategy involves “spatial segregation”. In



Table 2.12. Summary of literature investigations on spatially coupled reactors.

Reactor

Type of study

Conditi Ref
onditions dimensions (Model/Experiments) clerence
CHy steam reforming (WGS and reverse methanation) on Ni-Mg-AlaO3 L =50cm 1-D steady-state dispersion model [233]
coupled with CH4 oxidation (homogeneous and catalytic)
experiments
CHy reforming coupled with CH4 oxidation (using proprietary catalysts) L =25cm Tin =653 K (reformer) [234]
Tin = 803 K (combustor)

L=1m

W =2 2D steady-state di i del
C2Hg dehydrogenation on Pd coupled with CH4 combustion on Pd i steacy-state cispersion mode [235]

T =2mm Tin =923 K

H=1m

L =40cm

bench scal i t d 1-D steady-stat del
CHy steam reforming (WGS and reverse methanation) on Ni-MgO-AlaO3 i C:ni2 rsrfa °) ;ﬁ)(zlg;%n_s ;(;10 K steady-state fnode [158]
coupled with CH4 oxidation on Pt-Al2O3 (industrial)
CHy steam reforming coupled with CHy catalytic oxidation (homogeneous L=1m 1-D steady-state model [236]
and catalytic)

L =3cm
CH30H steam reforming on Cu/ZnO coupled with CH30H combustion W = 0.32mm experiments [10]
on cobalt oxide T'=02mm

L =3cm

=2 i ts i ded tub

C4H1p combustion on Pt-Al3O3 coupled with NHj3 cracking on Ir-Al2O3 w 00 pun experiments i a suspended tu C [237]

H = 500 pm reactor and heat transfer modeling

T =2pm
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this approach, the exothermic and endothermic reactions are carried out in different
chambers that are separated by a heat-conducting medium. Spatial segregation allows
an independent choice of fuel, of catalysts and of reaction conditions for the exothermic
and endothermic reactions. This flexibility in conjunction with the small feature size
of a microdevice, which facilitates heat transfer, renders this approach suitable for

microdevices.

A summary of investigations on spatially segregated multifunctional reactors is
presented in Table 2.12. Several issues are worth pointing out. Energy has usually been
generated via catalytic combustion. Most of the works have focused on macroscale.
Additionally, heat- and mass-transfer correlations have often been employed in one-
dimensional (1-D) models to capture the underlying physics. L stands for the length,
W and D are the width or inner diameter of the reactor channel, T is the wall thickness

and H the height.

2.5.1.1. Parallel microchannel reactors. Microchannel reactors offer opportunities for

the development of compact fuel processors for PEMFCs. In their work, Ryi and
coworkers [13] proposed the design of a microdevice for the methane steam reforming
with hydrogen catalytic combustion and investigated its performance at various oper-
ating conditions. Novel flow channels on reformer sheets and microholes on combustor

sheet to inhibit the hot spot formation, which takes place at the reactor entrance.

The designed microchannel reactor consisted of a cover plate, a base plate and 25
sets (50 plates) of microchannel sheets. Figure 2.29 shows the schematic representation
of the microchannel sheets and flow paths. Inconel plate was used to fabricate the
microchannel sheets and stainless steel for cover and base plates. Microchannels were
patterned on a plate using a wet chemical etching method. The cover plate had three
conduits and the base plate, two conduits, which act as flow inlet and outlet. Each
microchannel sheet had two conduits and two flow distribution chambers for uniform
distribution. Each sheet had 22 channels with the following dimensions: 500 pym width,
250 pm depth and 17 mm length. Combustion and reforming sheets were stacked
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Figure 2.29. Schematic representation of the novel microchannel sheets and flow
paths. Red dotted line: fuel for combustion flow path; red dashed line: fuel/air
mixture and combustion off-gas flow path; blue solid line: reforming reactants flow

path; blue dashed line: reformate flow path [13].

alternately and then bonded by a brazing method. The dimensions of the combustor
and reformer unit excluding fittings were about 40 mm x 40 mm x 30 mm. Pt-
Sn/Al,O3 catalyst for hydrogen combustion and Rh-Mg/Al,O3 catalyst for methane
steam reforming were prepared by alumina washcoating followed by the subsequent
impregnation of Pt-Sn and Rh-Mg solution in the combustor and reformer sheets,
respectively.

Initial flow rates of the hydrogen and air were 3.8 and 9.9 x 1073 mol min—!,
respectively. At the same time, Ny of 4.9 x 1073 molmin~! and steam of 1.5 x

1

1072 molmin—! were introduced into the reformer. Water was introduced when the

temperature of the reformer reached 120°C. When the combustor outlet temperature

reached 800°C, hydrogen and air flow rates were increased to 4.2 and 1.1 x 1072

1 1

mol min~!, respectively. Then methane of 4.9 x 1073 molmin~! was introduced for
methane steam reforming instead of Ny when the reformer outlet temperature was

750°C. Out of numerous results, the most important ones were that the reformer
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generated hydrogen for a PEM fuel cell output of 26 W, and that it took about 2.5 h

for start-up of the fuel processor.

Petrachi et al. [12] investigated, using a 2D mathematical model, the coupling dy-
namics of iso-octane, steam reforming and catalytic combustion in a multifunctional
reactor consisting of one combustion and one reforming channel separated by a steel
wall. They also considered the flow of flue gas from an external burner as the heat
source for steam reforming and reported that the latter configuration was more advan-

tageous for use in on-board applications due to shorter start-up times.

Deshmukh and Vlachos [15] numerically investigated counter-current coupling of
combustor /reformer microdevices for hydrogen production. They used two-dimensional
CFD simulations to study spatially coupled, multifunctional microchemical devices. In
particular, coupling between homogeneous propane combustion and catalytic ammonia
decomposition on a Ru catalyst was studied in a microdevice consisting of alternat-
ing combustion and decomposition channels as a function of flow rate and materials
conductivity in the counter-current flow configuration. A premixed, stoichiometric
propane/air mixture was fed to the inlet of the combustion channel. The homogeneous

propane combustion was modeled as an irreversible, one-step reaction

with the rate expression

ocyn, [kmolm™? 57| = 4.836x

1.256 x 10° J kmol ™!
10° exp (— o0 x JgT‘] —— )Cg;HBCé)-ff’ (2.44)

where the concentrations were in kmol m=3.
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Pure ammonia flowed counter-currently into the reforming channel, which had
Ru catalyst deposited on the channel walls. The ammonia decomposition reaction

occurred at the catalytic channel wall resulting in hydrogen production

The following reduced rate expression derived using a microkinetic model of elementary-
like reaction steps was used to calculate the conversion of ammonia

—2 (kyw? — k3P,
ONH3 = (e 3P (2.46)

2
<1+:_EPNH3+N/Z_;PH2+W>

where
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Figure 2.30. Schematic of a multifunctional microreformer/microcombustor

device [15].

The simulated microreactor was a parallel plate reactor with alternating combus-
tion and reforming channels separated by walls, as shown schematically in Figure 2.30.
The device was 1 cm long. The combustion channel was 600 ym wide, the reforming

channel 300 pm wide, and the wall separating the two channels was 300 pm thick. The
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height of the channel was typically in the order of 5 — 10 mm. A 2D representation of
the system was reasonable because of the large aspect ratio. The alternating channel
configuration allowed solving only half of each channel due to symmetry. It was found
that the high temperatures generated via homogeneous combustion led to high conver-
sions in short contact times and thus to compact devices. Sufficiently high ammonia
flow rates served a dual purpose by lowering device temperatures and enabling more
production of hydrogen. It was also shown that device operation was limited only to

high conductivity materials and fast ammonia flows.

A turning point in integrated microchannel reactor/heat exchanger technology
was the development and testing of a complete fuel processor, which was designed to
supply a 5-kW fuel cell with purified reformate applying iso-octane as fuel [243]. iso-
Octane had been chosen as a model substance for gasoline. The reactors were built
as cross-flow plate heat-exchangers. It was composed of the autothermal reformer
reactor (ATR), a heat exchanger for cooling the reformate downstream the ATR, a
cross-flow cooled high-temperature water-gas shift reactor, a low-temperature water-
gas shift reactor and a PrOx reactor again cooled by a cross-flow arrangement. The
autothermal reformer was composed of 200 micro-structured metal foils of 400 pm
thickness carrying a total of 25000 channels each 400 pm wide and 250 pm deep.
A 1 wt% Rh on alumina sol carrier catalyst was coated onto the micro-structured
plates, which were then sealed by laser welding and put into a stainless steel housing to
assure mechanical stability at the maximum operating temperature of 800°C. The total
amount of catalyst incorporated into the reactor was 19.8 g, which corresponds to 0.2 g
of the active Rh species. The reactor was operated at a WHSV of 330 Ndm? g.,, ' h~!.
Analysis of the outlet streams showed that near complete conversion of iso-octane was
achieved. Besides the desired and expected products CO, CO,, Hy and CHy, also small
amounts of ethylene and propylene were found in the reformer product. A degradation

of the reactor performance was not observed over the total operation time of 20 h.

Summary of select and recent modeling works in the literature on multifunctional
microchannel reactors that comprise spatially segregated combustion and reforming

reactions running over pertinent catalysts is given in Table 2.13.



Table 2.13. Summary of works on spatially segregated microchannel reactors for coupling of exo- and endothermic reactions.

Reaction/ Coupled with/ Flow Channel Temperature Model
. . . Reference
Catalyst Catalyst configuration dimensions range remarks
CH3OH steam reforming CH3OH combustion 3 o /e 3D
=0. 2
Pd-Zn0 /Al O3 T parallel annular flow V =0.3cm 300°C (inlet) CFD [238]
C3zHg combustion NH3 decomposition co-current L=lem 2D
hjmi eneous Ru ?;)ased ' collnter current H = 0.6 mm (COMB) 300K (inlet) CFD [14,15]
s H = 0.3mm (DECOMP)
L =11.4mm
CH4 steam reforming Hs combustion 2D
cross-flow W =10.7mm 745 — 810°C [187]
Rh-MgO/Al2O3 Pd/Al2 O3 H — 0.356 mm CFD
CH4 steam reforming CH4 combustion co-current, L =20mm o /e 3D
239,24
Ni-based Pd/Al203 cross-flow W =H = 0.35 — 2.80 mm 600°C (inlet) CFD [239,240]
L=5—-10cm
CH,4 steam reforming CH4 combustion H = 0.2mm (SR) 400K (SR inlet) 2D
co-current ; [20,21]
Rh-based Pt-based H = 0.3mm (COMB) 340 K (COMB inlet) CFD
T =0.75mm
L =10cm
CH3OH steam reforming CH30H combustion co-current H = 0.2mm (SR) 400K (SR inlet) 2D [21]
Cu-based Pd-based H = 0.3mm (COMB) 340K (COMB inlet) CFD
T =0.75mm
CH30H steam reforming CH30H combustion co-current, L =20mm 150°C (SR inlet) 3D [239]
Cu-ZnO/Al203 Cu-ZnO/Al203 cross-flow W = H = 0.70 mm 200°C (COMB inlet) CFD
L =10mm
CH4 steam reforming CH4 combustion W = 10mm . 2D
- t ° let 241
Pt/Al,O3 Rh/AlO3 comeurren H = 0.5mm 800°C (inlet) CFD [241]
T =1mm
C16H3s4 steam reforming C16H34 combustion _ 3 800°C (SR inlet) Series
Rh-Ni/Al;O3 Rh-Ni/Al;O3 co-current V' =0615cm 377°C (COMB inlet) of CSTRs [191]
L =4mm
CH3OH steam reforming CH3OH combustion co-current, W = 10mm o /e 3D
214,242
Cu/ZrO2/CeO2 Pt/Al203 serpentine W = H = 0.45mm 120°C (inlet) CFD (214, ]
T = 0.45mm
Fischer-Tropsch synthesis Water (coolant) L =21mm o . 3D
- 231
Co-based cross-flow W = H — 1.00 mm 250°C (Syngas inlet) CFD [231]
L = 60mm
C2H5OH steam reforming W = 0.50 mm . 2D
Hot fl - t 450 — ° let 90
Rh/CeOs /Al Os ot flue gas co-curren H — 0.40 mm 50 — 550°C (inlet) CFD [90]

T = 0.30 mm
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2.5.2. Decoupled Reaction/Heat Exchange Systems

The benefits of process integration by decoupling of the reaction and heat ex-
change systems have been demonstrated by Seris and coworkers [24,25] at the Univer-
sity of Sydney, Australia and Heatric Ltd. (UK). They have designed and operated a
scaleable, microstructured plant for syngas production by methane steam reforming.
After laying out the reasons why such a technology is necessary, they describe the plant

design. The plant is composed of four main modules:

e pre-reforming module including the high-temperature water-gas shift reactor

e reforming and combustion module

low temperature shift reactor

steam drum

The only heat input to the process is provided by the catalytic combustion reactions
in the reforming and combustion module. A highly complex network of printed circuit
heat exchangers (PCHES) distributes the heat to the other parts of the process (pre-

reformer module, steam generation, pre-heat of the reactants).

Printed circuit heat exchangers are compact, industrial-scale heat exchangers
widely employed under extreme processing conditions, including highly corrosive fluids
at high temperatures and pressures. PCHESs are single- material (usually metal) matri-
ces formed by diffusion bonding together plates into which fluid flow passages have been
formed by photochemical machining. Complex fluid circuitry is readily implemented
with this technique, with characteristic passage dimensions in the range 100 — 2000 pm

as dictated by the cleanliness of the fluids and allowable pressure drops [37,43].

The design basis of the steam reforming pilot plant, designed for a PEMFC, is
taken to be

e 2 bar (abs) process side pressure, atmospheric combustion side pressure

e low-CO hydrogen required
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Figure 2.31. Assembly of adiabatic beds and PCHEs (www.heatric.com).

e typical levels of hydrogen conversion (~ 78%) in the fuel cell

Methane fed to the module has to be sulphur-free in order to prevent catalyst
deactivation. Crushed catalyst pellets or monoliths are used in the reactors for ease
of catalyst deployment. Material of construction is austenitic stainless steel for testing
purposes. The base shape of the pre-reformer and reformer modules is a rectangular
block, similar to the base shape of the commercialized PCHE (Figure 2.31). The

scale-up of PCHEs can be achieved on three levels by multiplication of

e the number of channels (or size of the plate)
e the number of plates, stacked to create a block

e the number of blocks, combined under common headers

This linear scale-up on three levels allows a great flexibility in the size of the final plant.

This compact geometry offers two advantages:

e Easy scale-up by multiplication. The size of the local plant can be matched to
the local demand in a single step.

e Low cost manufacturing through the production of the same base unit.
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In conventional fixed-bed tubular reactors, maintaining the radial and axial tempera-
ture profiles within acceptable bounds require the striking of a delicate balance between
reaction and heat transfer within the tubes, heat transfer to the outside of the tubes,
and pressure drop. One outcome of this balance is that tubular reformers are bulky
since relatively large catalyst particles with low effectiveness are employed. Xu and
Froment [134, 135] calculate an effectiveness of the active catalyst of less than 3% for
the reforming reactions, with the active catalyst applied to only the outer 2 mm of the
catalyst particles they considered. The implication is that the reforming catalyst bed
could be two orders of magnitude smaller if effectiveness could be held near 1 simply
by the use of small catalyst particles, without any improvement of intrinsic activity.
Small particles are incompatible with tubular reformers, however, because pressure

drop constraints would dictate the use of many parallel, short tubes.

There is the possibility of applying a thin layer of reforming catalyst onto the
surfaces of micro-reactors. There is no doubt that PCHE cores would constitute an
excellent matrix for such an approach. However, whilst this technique has great promise

in appropriate circumstances, certain difficulties remain, including

e adhesion of the catalyst to the metal substrate
e difficulties associated with catalyst life and replacement
e coupling of the heat transfer and catalyst areas—generally requiring very high

activity catalyst if heat exchange surface is to be kept as small as possible

An alternative approach, put into practice in the pilot plant, is the use of multiple
adiabatic beds (M ABs), with heat interchangers between the beds. This is quite a tra-
ditional approach to temperature control in chemical reactions [244,245], but combined

with PCHESs certain advantages arise:

e The flexibility of PCHEs allows them to be configured cost-effectively as panels
between the beds, avoiding interconnecting piping and the need to redistribute
the reactants to each bed after heat exchange. Thus many stages of adiabatic

reaction and heat exchange can be employed, making the approach applicable to
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MAB PCR —a novel combination of proven technologies
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Figure 2.32. Schematic representation of catalyst bed and PCHE arrangement

(www.heatric.com)

high heat load reactions such as reforming. A saw-tooth temperature pattern will
result, with the size of the teeth inversely proportional to the number of them,
so that temperatures can be held between any required bounds (Figure 2.32).
Overall isothermal, ascending or descending temperature profiles can be applied
to the reaction.

e The catalyst beds can be presented to the reactants with a short flow path and
large face area, allowing the use of small catalyst particles with high effectiveness.

e Conventional, proven catalyst forms can be employed in configurations which
allow ready replacement of the catalyst in accessible, “large” slots. The only
variation which might be preferred for the catalyst is smaller particle sizes than

for tubular reactors to assist process intensification. Crushing of conventional
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sizes is a makeshift option. In many cases, a preferred catalyst form would be
coated ceramic monolith, in order to minimize pressure drop. In the present
case, the combustion, water-gas shift and reforming reactions are carried out over
monolith catalyst with low pressure drop (e.g. 0.02 bar for the overall pressure
drop in the combustion air stream). Crushed pellets (1 — 2 mm) employs higher
but still acceptable pressure drops.

e The heat transfer volume and the catalyst volume in the reactor are decoupled.
Depending on the heat loads and heat transfer fluid temperature, the ratio be-
tween the two volumes can be varied at will.

e Flow patterns within the PCHE panels can be configured to produce flat tem-
perature profiles in the reactants avoiding hot spots.

e Periodic injection of fresh reactants is readily incorporated, thereby allowing the

extent of exothermic reactions to be safely limited in each stage.
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Figure 2.33. Saw-tooth pattern for the temperature profile in the reforming and

combustion module [24]

In the present test unit, both the steam reforming reaction and the combustion
reaction supplying heat to the reformer are carried out using multiple adiabatic beds.
Figure 2.33 describes the combustion and reforming temperature profiles arising. The

low pressure (200 kPa) in the reformer means that satisfactory conversions of methane
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(90%) are achievable at much lower temperatures than in higher-pressure industrial

reformers operating.

The plant consisting of the above-mentioned cascade of monolith reactors and
PCHEs produced a stream containing 80% hydrogen at a rate of 5 Nm3h~!. The
process intensity is approximately one order of magnitude greater than is achievable in
conventional large-scale reformers and there are no efficiency penalties in achieving this
because of process intensification. The PCHE construction technique means that the
system is scaleable and provides the basis for hydrogen production over a wide range

of applications and market sizes.



3.1.1. Chemicals

3. EXPERIMENTAL

3.1. Materials

All the chemicals used for catalyst preparation are presented in Table 3.1.

Table 3.1. Chemicals used for catalyst synthesis.
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Cambridge, Ltd.

Chemicals Specification Source M(?lecular
weight
Nickel nitrate Ni (NOs), - 6H20 Sigma-Aldrich 290.81
extra pure
. . Rh (NO3), . .
Rhodium(III) nitrate ~ 10Wt%Rh in > 5wt%nitric acid Sigma-Aldrich 288.92
Ruthenium (I11) Ru (NO) (NO3), (OHg)y . .
L -Aldrich 18.1
nitrosyl nitrate 1.5wt%Ru in dilute nitric acid Sigma-Aldric 318.10
T.etraammlneplatlnum(ﬂ) [Pt (NHs),] (NO3), Sigma-Aldrich 387.92
nitrate 50.4wt %Pt
. v — Al203
Gamma alumina 925 m? g~ Alfa Aesar —_
Gamma alumina v — Al203 Merck
(3um) 120 — 190m? g1
fell
FeCrAlY FeCrAlY sheets Goodfellow —

3.1.2. Gases and Liquids

All of the cylinder gases used in this research were supplied by Linde Turkey,

Istanbul. Table 3.2 lists the specification and application of each gas. Deionized water

with conductivity less than 0.1 zS cm™! is used in all experiments.

Table 3.2. Specifications and applications of the gases used.

Gas Specification Application

Argon 99.999% (Linde) GC carrier gas

Helium 99.999% (Linde) GC carrier gas

Nitrogen 99.998% (Linde) Inert

Hydrogen 99.99% (Linde) GC calibration,
reduction

Carbon monoxide

99.999% (Linde)

GC calibration

Carbon dioxide

99.999% (Linde)

GC calibration

Dry air

78.4% Na + 21.5% Oz (Linde)

GC calibration,
reactant

Methane

99.9% (Linde)

GC calibration,
reactant
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3.2. Experimental Systems

The systems used in this work can be classified into four groups:

e Catalyst Preparation System: the setup used for synthesizing the catalysts
by the incipient-to-wetness impregnation technique

e Catalyst Characterization Systems: X-ray diffraction (XRD) and scanning
electron microscopy (SEM) for crystal structure and surface morphology of the
catalysts

e Catalytic Reaction System: the assembly, which is used for assessing catalytic
activity /selectivity, consists of gas and liquid flow control units, electric heat
tracing, reaction chamber, and feed /product sampling sections

e Product Analysis System: gas chromatograph (GC) for quantitative determi-

nation of the composition of the feed and product streams

3.2.1. Catalyst Preparation System

The system used for catalyst synthesis by incipient-to-wetness impregnation meth-
od (Figure 3.1) consists of a Retsch UR1 ultrasonic mixer, a vacuum pump, a Biichner

flask and a Masterflex computerized-drive peristaltic pump.

3.2.2. Catalyst Characterization Systems

The structural analyses of the catalyst samples were carried out at Bogazici Uni-
versity Advanced Technologies R&D Center through Backscattering Electron-Scanning
Electron Microscopy (BSE-SEM) and Energy Dispersive X-ray Analysis (EDX) us-
ing a Philips XL30 ESEM-FEG unit, and through X-ray Diffraction (XRD) using a
Rigaku D/MAX-Ultima+ equipment.
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Figure 3.1. Schematic diagram of the impregnation system. 1. Ultrasonic mixer, 2.
Biichner flask, 3. Vacuum pump, 4. Peristaltic pump, 5. Aqueous catalyst solution,

6. Silicon tubing (1.6 mm ID) [246].

3.2.3. Catalytic Reaction System

The in-house reaction system was designed and constructed at the Department

of Chemical Engineering. It consists of three characteristic sections:

e Feed section
e Reaction section

e Product analysis section

The feed section consists of mass flow control units, 1/4”,1/8” and 1/16” stainless
steel tubes and fittings for precise feeding of water and the gases. Gases in pressurized
cylinders are regulated in gas flow regulators (items 1 in Figure 3.2). Flow rates of

the gases are measured and controlled by Bronkhorst F-201CV series digital mass flow
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controllers (items 2 in Figure 3.2) whose calibration curves are given in Appendix A.
On-off valves (items 3 in Figure 3.2) are placed downstream the line to prevent possible
back-pressure fluctuations. Using a different line for each gas makes it possible to meter

their flow independently and adjust the desired feed ratios.

6
— Pump i Ay
H,0 7§
MASS FLOW CONTROLLER
MAIN UNIT A o
3a 3a 3a 3a
i o > s
i il o7 H)
2[00 2[00] 2[CO] 2[00] VENT
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1
1 1 1 TRAPS
TO FEED GAS - SHIMADZU GC-2014
ANALYSIS - GAS SAMPLER
- CARBOXEN 1000
PACKED COLUMN
- THERMAL CONDUCTIVITY
DETECTOR

=

Figure 3.2. Schematic diagram of the reaction system. 1. Gas regulators, 2. Mass
flow controllers, 3. On-off valves, 4. Three-way valves, 5. Thermocouple locations, 6.

Mixing zone, 7. Quartz tube.

Shimadzu LC-20AD HPLC pump is used to feed the system with constant and
pulse-free flow of deionized water. Water is vaporized before mixing with the gases in
the 1/16” tube, which is kept at 120£3°C using a 1 m heating tape, a 16-gauge wire
K-type sheathed thermocouple (at 5a in Figure 3.2) and a four-channel temperature
controller. Steam and the gas mixture are then allowed to mix (in zone 6 in Figure 3.2)

in order to introduce a homogeneous mixture into the reactor. Temperature of the
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mixing zone, which is also heat traced, is measured and controlled by a thermocouple

(at 5b in Figure 3.2) and the temperature controller.

Installation of three-way valves are necessary for diverting the flow upon need. To
perform a feed gas analysis, i.e. to determine the composition of the reactive stream
prior to reaction, the gases should be directed to the gas chromatograph, which is
undertaken by Valves 4a and 4d in Figure 3.2). Valve 4b switches the flow between
the reactor line and the vent. The mixture is vented off for 30 min so that steady and
well-mixed flow is established before the reaction is initiated. The reaction section is

described in detail in Section 3.4.

In order to prevent condensation of water vapor present in the product stream
leaving the reactor, the line between Valve 4c¢ and the cold traps are kept at 120°C. The
soap bubble meter is necessary for gas calibration before system testing and for moni-
toring the flow during the reaction tests. Two salt-ice cold traps held in Dewar flasks
are placed before the GC unit to remove water vapor in the product mixture, which
may be detrimental for the Carboxen column. Details concerning product analysis

using the GC are given in the following section.

3.2.4. Product Analysis System

The product stream contains-on a dry basis—unconverted methane, hydrogen,
carbon monoxide and dioxide, inert nitrogen, and probably other light hydrocarbons
such as ethane and propane. Shimadzu GC-2014 gas chromatograph, equipped with a
Carboxen 1000 packed column and a thermal conductivity detector (TCD), is able to

separate and quantify all the said species.

Before proceeding with the reaction tests, the gas chromatograph is calibrated
by injecting known volumes of the species through the injection ports to the column
under the conditions given in Table 3.3. Area of the peaks that correspond to each
species in the chromatogram are then calculated by integration and plotted against the

known volumes. The calibration curves are presented in Appendix B.
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Table 3.3. GC conditions for product analysis.

GC Parameter Shimadzu GC-2014

Detector type TCD
40°C (0 — 13.5min)

Column temperature 40 — 150°C  (13.5 — 15.5min)
150°C (15.5 — 23.5min)

Injector temperature 110°C

Detector temperature 175°C

Detector current 50 pA

Carrier gas Ar

Carrier gas flow rate 25 mlmin—1

Column packing material Carboxen 1000

Column tubing material Stainless steel

Column length & ID 6 m & 3mm

Sampling loop 1 mlkept at 25°C

3.3. Catalyst Preparation and Pretreatment

3.3.1. Support Preparation

Catalytic oxidation and steam reforming of hydrocarbons, specifically those of
methane, occur at elevated temperatures. Therefore, the catalyst supports should
not only have high surface areas but also have good thermal stabilities. v-AlyO3 is a
commonly used support material due to its high surface area. However, it has been
reported to have lower stability at temperatures greater than 600°C and tendency to
facilitate carbon formation in the presence of steam due to its high acidity [116]. The
most thermally stable phase of alumina is obtained when the v phase is transformed
into the v phase at temperatures greater than 1127°C [247]. However, its low surface
area, which is less than 5m? g}, is likely to result in poor catalytic activities. Using a
support such as d-alumina—an intermediate phase between v and a—, having relatively
high thermal stability and a decent surface area, can be the optimum in terms of

catalytic performance [116].

Avci and coworkers investigated three different support preparation procedures
that are given in Table 3.4 [248]. They basically involved the calcination of v-Al,O3
(BET surface area: 279m?g™!) at various temperatures. Comparison of the resulting

materials was based on their BET surface areas.
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Table 3.4. Al,O3 support preparation procedures [248].

BET surface area
(m?g™")
Calcination at 1000°C for 4 h 46.8

Drying of Al2O3 at 150°C for 2h
followed by calcination at 900°C for 4 h
Drying of Al203 at 105°C overnight
followed by calcination at 875°C for4h

Procedure

81.6

73.2

The second procedure in Table 3.4 resulted in the highest BET surface area,
possibly due to the low temperature removal of bonded water. It is likely that the
duration of drying is important, since a longer period of drying at a lower temperature
resulted in a lower surface area, even though the calcination temperature was less than

that for the second procedure.

The experimental tests in this research comprise steam and autothermal re-
forming of methane for the comparative and parametric study of packed-bed (PB)
and microchannel (MC) reactor configurations. A set of Xwt% M/6-Al,O3 catalysts
(M = Ni, Rh, Ru, Pt) with varying metal loadings (X = 10for Ni, 2 for others) are
prepared by the incipient-to-wetness impregnation method for the steam reforming
experiments. Methane ATR experiments in the microchannel reactor are conducted
over a combination of 0.2wt%Pt/0-Al,O3 and 2wt%Rh/d-AlyO3 catalysts. Alumina
particles (Table 3.1), crushed and sieved to 45 — 60 mesh (250 — 354 um) size range
are used as support for the PB catalysts. Alumina powder of 3-um size (Table 3.1)
is used for synthesizing the MC catalysts. Thermally stable § phase of both supports
are obtained by drying at 150°C for 2h and calcination at 900°C for 4 h in accordance
with the procedural guidelines given in Table 3.4.

3.3.2. Preparation of Active Catalysts

The incipient-to-wetness impregnation method is common to both packed-bed
and microchannel catalyst syntheses. The latter involves another and different route
after the catalyst powders are prepared (Section 3.3.2.1) while the as-synthesized par-

ticulate catalysts are used in the PB experiments.
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3.3.2.1. Incipient-to-wetness Impregnation of Active Metals. Aqueous solutions of the

metal precursors given in Table 3.1 are prepared by dissolving/mixing the calculated
amount of the precursor salts/solutions in definite amounts of deionized water (ca.
1 mlorution gs_u;port). The support, either 45 — 60 mesh- or 3 pm-size §-Al,O3, is put into
the Biichner erlen and mixed ultrasonically for 25 minunder vacuum. The aqueous
solution is then impregnated over the support via a peristaltic pump (Figure 3.1). The
resulting slurry is allowed to mix ultrasonically under vacuum for another 1.5h, and is
dried overnight at 120°C. All the catalysts except Ni/J-Al;O3 are calcined at 500°C at
a ramping rate of 5°Cmin~! for 3h. The calcination temperature for Ni/§-Al,O3 is

set to 600°C.

3.3.2.2. Catalytic Microchannel Synthesis. Several mechanical and chemical treatment

methods are required for the preparation of the catalytic microchannel. The first of
these is wire electro discharge machining of FeCrAlY sheets (Table 3.1) into 2 mm X
S5mm X 20 mm plates, and 310-grade stainless steel into a cylindrical housing with di-
ameter D = 18.6 mm, and length . = 30mm. As a next step, in order to enhance
the adhesion of the coated plates, a native alumina layer on the plates are formed by
calcining them in air at 900°C at a ramping rate of 20 °Cmin~! for 2h. Then, the cal-
cined 3-um powders are mixed with deionized water at a water-to-powder weight ratio
of 5 —8: 1. The resulting slurries are blade-coated repeatedly onto the 5 mm x 20 mm
plates until the weight per surface area reaches ca. 0.02g.; cm~2. The coated plates

are dried overnight at 120°C and calcined for 3h either at 500 (others) or 600°C (Ni).

The last step in catalytic microchannel preparation is the insertion of the catalyst
coated plates into the cylindrical housing. The interior of the housing is engineered
by wire electro discharge machining to have a combined opening for the plate(s) and
the microchannel. The plate(s) (single plate coated with M/0-Al,O3 for SRM, two
plates coated with Pt/0-Al,O3 and Rh/4-Al,O3 for ATR of methane) is inserted with
0.5mm fitting to the grooves at each side to give one microchannel with dimensions
0.75mm (H;) x 4mm (W;) x 20 mm depth, with height including the thickness of the

coated catalyst layers. The net weight of catalysts used are determined after insertion
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of the plate(s) into the housing, and then removing them since the grooves strip off
some coating on the sides during insertion. Possible displacement of the plate(s) is
prevented by stuffing ceramic wool into the remaining 10 mm gap between the bottom

of the catalytic plate(s) and the bottom of the housing.

Figure 3.3a shows the orthographic drawing of the cylindrical housing and the
synthesized catalytic microchannel used in the steam reforming of methane (SRM).
The catalyst arrangement is shown in Figure 3.3b, where the reactive mixture consist-
ing of methane, steam and nitrogen flows top down through the microchannel reactor.
Figure 3.4a,b show the drawing of the “H-type” cylindrical housing and the microchan-

nel used in autothermal reforming (ATR) of methane, and the catalyst arrangement,

respectively.
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Figure 3.3. (a) Orthographic drawing of the steel housing and the microchannel used
in the SRM experiments, (b) details of the catalytic microchannel configuration

(M = Ni, Rh, Ru, Pt).
3.3.3. Pretreatment

It is usually required to activate the catalysts after calcination, which means that

the active metals should be reduced from their oxidized states to the metallic state.
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Figure 3.4. (a) Orthographic drawing of the steel housing and the microchannel used

in methane ATR, (b) details of the catalytic microchannel configuration.

Catalysts for the PB and MC configurations are reduced in situ (Section 3.4) under
40 Nml min—! hydrogen flow at 800°C for 2h before the reaction tests.

3.4. Reaction Tests
3.4.1. Blank Tests

Blank tests are conducted to ensure that the materials of construction (stainless
steel and FeCrAlY), glass and ceramic wools, and §-Al,O3 (used as diluent) are inert
toward the reactants. GOC analysis of the reactor effluents in blank runs that are
carried out using particulate alumina and uncoated plates respectively in PB and MC

experiments do not indicate any oxidation or steam reforming activity.
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Figure 3.5. (a) The hollow ring inside the quartz tube, the microchannel reactor
arrangement inside the quartz tube (b) for steam and (c) autothermal reforming of

methane.

3.4.2. Steam Reforming of Methane in Packed-bed and Microchannel Re-

actors

In the PB experiments 100 mg of each particulate catalyst is diluted with §-Al,O3
(both at 45 — 60 mesh size) at a catalyst:diluent weight ratio of 1: 6. The mixture is
then placed into the center of a 10 mm X 80 cm (inner diameter x length) quartz tube,
and fixed underneath by a ceramic wool plug. In the MC experiments, the housing,
including the catalytic plate, is placed into the center of a 20 mm x 80 cm (inner diameter
X length) quartz tube, and is supported underneath by a hollow ring that is wide
enough to ensure sufficient circumferential overlap (Figure 3.5a). The designed overlap
keeps the housing fixed in position and prevents bypass through the annulus between
the housing and the tube (Figure 3.5b). The possibility of bypass is further diminished
during the experiments due to the thermal expansion of the steel housing at high (>
500°C) temperatures that reduces the annular gap. Temperature of the catalytic zone is

controlled and measured to £0.1°C by a Shimaden FP-23 programmable temperature
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controller and a K-type sheathed thermocouple, which is positioned inside the tube
furnace to have immediate contact with the central point of the quartz tube (item 7
in Figure 3.2), where the catalytic microchannel is located (at 5d in Figure 3.2). The
tube is placed in the furnace such that the catalytic zone at its midst remains within

the 10-cm constant-temperature zone.

Table 3.5. SRM operating conditions in the microchannel reactor?®.

7(ms) | S:C T (°C)

0.5 1 1.5 2 2.5 3.0° | 600 | 650 | 700 | 750" | 800
12.86 A A X X X X X X X X A
19.28 X X
38.57 X X
51.43 X X
77.14 A A X X X X X X X X A

# (x) denotes all metals whereas (A) denotes Rh only.

b Tdentical runs for 7 = 750°C and S : C = 3.0.

The MC experiments are conducted in the following parameter ranges: (i) res-
idence time 7 between 12.86ms (210 Nmlmin™') and 77.14ms (35 Nmlmin™!), (ii)
reaction temperature 7' between 600 and 800°C, and (iii) steam-to-carbon ratio S : C
between 0.5 and 3.0. Here residence time 7 is defined as the entire flow-by volume (in-
cluding the coating volume) divided by the total volumetric flow rate (vyc) at normal
conditions (25°C, latm). Steam-to-carbon ratio is defined as the number of moles of
steam divided by that of methane at the inlet. Mole fraction of inlet methane is kept
constant at 0.143 in all runs. The feed gas composition of 1 : 3 : 3 (CHy : HyO : Ny)
is preserved at each residence time change. The S : C ratio is adjusted by varying the
N, flow rate such that the residence time and the partial pressure of methane remain
unchanged. Analyses that involve the parametric variations of temperature and the
S : C ratio are done only at the highest and lowest residence times. The matrix shown
in Table 3.5 summarizes this experimental program. In order to ensure reproducibility,

all runs are repeated at least twice using different coated plates.

Steam reforming of methane in the MC and PB configurations are compared at

750°C and S : C = 3.0 on the basis of identical weight hourly space velocity (WHSV),
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Table 3.6. Flow rates for the packed-bed configuration®.

Metal | wyvc/ wps (mg/mg) | vpg (Nmlmin=!) v/w (Nmlmin=! mg~1)
Ni 14.2/100 246 2.46
Rh 13.5/100 259 2.59
Ru 15.7/100 223 2.23
Pt 18.6/100 188 1.88

8 CHy :HO:Ny=1:3:3;T =750°C, S:C=3.0.

which is defined as the ratio of the total inlet volumetric flow rate to the catalyst
weight. WHSV for the MC configuration is calculated by dividing the total inlet
volumetric flow rate (35 Nmlmin~!) by the weight of catalyst deposited on the plates
(wye) which is different for each catalyst due to the different densities of the active
metals (Table 3.6). Inlet volumetric flow rates in the PB configuration (vpg) are then
determined by multiplying the WHSV value with 100 mg, the weight of active catalysts
used in the PB experiments (Table 3.6). The wye values reported in Table 3.6 are
net amounts of the catalysts remaining upon scraping. Due to excessive pressure drop

along the bed, it is not possible to operate at higher flow rates in the PB configuration.

Carbon balance between the reactant CH, and the gaseous products CO and CO
gives the conversion of methane (ycn,) (Equation 3.1), which is also calculated by the

percent difference between inlet and outlet CH, (Equation 3.2):

Tco + Zco,
=100 x 3.1
XCt Tco + Tco, + Tcen, (31)
Fin _ Fout
XCHy = 100 x w (32)
Fey,

Proximity of the results obtained from Equations 3.1 and 3.2 implies coke-free operation
since all the methane reacted is already converted to the detectable gaseous products

CO and COs. The other significant result of the analyses, CO selectivity (Sco), is
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defined as

TCo

SCO = 100 x (33)

ZTco + Tco,
In Equations 3.1 and 3.3, x;’s denote the species mole fractions on a dry basis. Reactor
productivity is expressed in terms of moles of methane reacted per weight of catalyst

per time (molcp, kgt s71).

3.4.3. Autothermal Reforming of Methane in the Microchannel Reactor

The difference between steam reforming (Section 3.4.2) and autothermal re-
forming of methane in the microchannel reactor is two-fold: the structural difference
comes from the use of a “H-type” housing (Figure 3.4a), and two coated plates (with
0.2wt%Pt/0-Aly03 and 2wt%Rh/0-Al;O3) instead of one (Figure 3.3a). Reactor oper-
ation strategy, which is exactly the same as that for SRM, has already been described
in the first paragraph of Section 3.4.2 (see Figure 3.5¢ for the microchannel reactor
arrangement in the quartz tube in methane ATR). The second difference is the pres-
ence of oxygen in the feed stream, which necessitates methodical quantification of its
amount so as to allow a parametric study. This quantification is done by use of the
oxygen-to-carbon (O : C) ratio, which is defined as the ratio of molecular oxygen to

methane at the inlet.

The experiments are carried in the following parameter ranges: (i) residence
time 7 between 12.86ms (210 Nmlmin~') and 25.72ms (105 Nmlmin™!), (ii) reaction
temperature T' between 500 and 650°C, (iii) steam-to-carbon ratio S : C between 0
and 3.0, and (iv) oxygen-to-carbon ratio O, : C between 0.47 and 0.63. Definitions of
the residence time and the steam-to-carbon ratio are the same as those for the SRM
experiments. Mole fraction of inlet methane is kept constant at 0.143 in all runs, and
the feed gas composition of 2.12 : 6.36 : 1 : 5.36 (CHy : HyO : O5 : Ny) is preserved
at each residence time change. The S : C or O, : C ratio is adjusted by varying the
N, flow rate such that all other parameters (i.e., Oy : C or S : C and 7) and the

partial pressure of methane remain unchanged. Analyses that involve the parametric
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variations of temperature, S : C and O, : C ratios are done only at the lowest residence
time. The matrix shown in Table 3.7 summarizes the experimental program. All runs
are repeated at least twice using different pairs of coated Pt and Rh plates in order to
ensure reproducibility. Equation 3.1-3 are used for CH4 conversion and CO selectivity

calculations.

Table 3.7. Methane ATR operating conditions in the microchannel reactor.

7 (ms) | S:C 02:C T (°C)

0 0.5 1.0 1.5 2.0 2.5 3.0 | 0.47% 0.54 | 0.63 | 500 | 550 | 600 | 650*
12.86 X X X X X X xP | xP | x x X x X xb
14.84 X X X
19.28 X X X
25.72 X X X

# Marked columns denote identical runs with S : C = 3.0, O3 : C = 0.47 and T' = 650°C.
b Base-case values with 7 = 12.86ms, S : C = 3.0, O : C = 0.47 and T = 650°C.
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4. MODELING AND SIMULATION

This section of the work is concerned with the construction and development of
mathematical models that represent the physical models of compact catalytic reaction
systems including parallel microchannel reactors and reactor/heat exchanger cascades.
Computational fluid dynamics (CFD) model of reactive flow, heat and mass transfer in
the microchannels leads to a large set of conservation and constitutive equations, which
are presented in a form applicable to any general catalytic reaction system. Simulation
of the compact catalytic systems is done within the context of fuel conversion for hydro-
gen production for fuel cells and for commodity chemicals production. System-specific
information such as reaction kinetics, physical properties, microchannel geometry and

flow configuration (e.g. co- or counter-current) is handled separately.

4.1. Hydrocarbon and Alcohol Conversion Processes

Processing of gaseous or liquid fuels for conversion into fuel-cell-grade hydro-
gen in catalytic microchannel reactors is investigated on the basis of several paramet-
ric (operating conditions) and structural variations (geometry). The gaseous fuel is
propane (LPG component). n-Heptane (model hydrocarbon for petroleum naphtha),
iso-octane (model hydrocarbon for gasoline), methanol (due to its widespread avail-
ability) and ethanol (bioethanol component) are the fuels in liquid form at standard
temperature and pressure (273.15K, 1bar). Fuel-to-hydrogen conversion is carried
out by combustion-assisted steam reforming, where part of the fuel to be reformed
or a different fuel (methane) undergoes catalytic combustion in order to generate the
heat required by endothermic reforming (Section 4.1.1). While n-heptane reforming is
demonstrated both in coupled (parallel microchannel reactors, Section 4.2) and decou-
pled (cascades, Section 4.3) reaction/heat exchange systems, reforming of all the rest

takes place in coupled systems.

Production of syngas, which is an intermediate product that is used as feedstock

in Fischer-Tropsch and methanol syntheses, is demonstrated via combustion-assisted
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steam reforming of methane in coupled and decoupled systems, where combustion of
part of the fuel provides the heat (Section 4.1.2). A comparison between the two
systems, based on overall size and precision of temperature control, is drawn. Au-
tothermal reforming of methane in a spatially integrated microchannel is also modeled

using elementary reaction kinetics (Section 4.2.2).

The other process that has industrial relevance is ethane dehydrogenation, which
is one of the well-established practices of paraffins-to-olefins production. The re-
action requires good temperature control due to the possibility of coke formation.
Combustion-assisted ethane dehydrogenation is modeled in coupled and decoupled re-

action/heat exchange systems (Section 4.1.3).

4.1.1. Production of Hydrogen for Fuel Cells

4.1.1.1. Steam Reforming of Propane, Methanol and Ethanol. Heat required by the

steam reforming of a hydrocarbon or alcohol fuel can be supplied by combustion of part
of that fuel. This is demonstrated via coupling of catalytic reforming and combustion
reactions of propane, methanol and ethanol. The stoichiometric reactions, heats of

reactions and the catalysts used are presented in Tables 4.1 and 4.2.

Table 4.1. Catalytic combustion reactions of propane, methanol and ethanol.

. AHgg
Reaction _4, | Catalyst Reference
(kJmol™")
(4.1) CH30H + 1.505 — CO5 + 2H20 | —676 Pt/Al, O3 [249]
(42) CoH50H + 305 — 2C0O5 +3H0 | —1278 Cu—CI"O/Algog [250]
(43) C3Hg + 505 — 3CO9 + 4H50 —2044 Pt/é—AlgOg [107]

Table 4.2. Steam reforming reactions of propane, methanol and ethanol.

Reaction A3y Catalyst Reference
(kJmol~1)
(44) CH30H + H,O = CO4 + 3H, 49.5 Cu/ZHO—Algog [251]
(4.6) CsHs + 3H2,0 = 3CO + 7H, 498 Ni/MgO-Al;O3 [68]
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4.1.1.2. Steam Reforming of n-Heptane and iso-Octane. The hydrocarbon fuel, n-hep-

tane—surrogate for petroleum naphtha—can be converted to high purity, fuel-cell-grade
hydrogen in a series of catalytic steps involved in the fuel processor/PEM fuel cell
system shown in Figure 4.1. In this system, n-heptane conversion takes place in the
reformer unit via the steam reforming (SR) reaction which is considered to run over a

Ni/Mg-Al,O, catalyst [252]:
n-C7zHy6 + TH,O = 7CO + 15H, AHSy = 1108 kJ mol~* (4.7)
The major side reactions accompanying steam reforming are the methanation of syngas

(reverse of Equation 4.8), steam reforming of methane to CO, (Equation 4.9) and the

water-gas shift reaction (Equation 4.10):

CH4 + HQO = CO + 3H, AHQOQS = —206.2kJ mol~* (48)
CH, + 2H,0 = COs + 4H,  AHY, = 165kJ mol™! (4.9)
CO + Hy,O = COy + Hy AHSQS = —41.2kJ mol™* (410)

The heat required to drive the endothermic steam reforming is provided by cat-
alytic combustion of methane, the model compound for natural gas, over a Pt/0-AlyO3
catalyst [107]. Effective integration of these reactions can be achieved in two inten-
sified reactor configurations, namely the microchannel (Section 4.2) and the cascade

(Section 4.3) systems. Methane combustion can be represented by its total oxidation:

CH4 + 202 — COQ + 2H2O AH898 = —802.3kJ mol™* (411)
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Figure 4.1. Process flow diagram of the fuel processor/PEM fuel cell assembly.
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The hydrogen-rich stream leaving the reformer contains carbon monoxide whose
concentration must be reduced to below 10 ppm since it is a poison for the Pt-based
catalysts of the PEM fuel cell [74,253,254]. The clean-up operation of the hydrogen-
rich stream is considered to be undertaken in three stages. The first two stages involve
the water-gas shift reaction (Equation 4.10) run in fixed-bed adiabatic reactors at high-
and low-temperature modes, respectively. The high-temperature water-gas shift (HTS)
reaction takes place over a Fe-based catalyst and reduces the CO concentration to ca.
10% by mole [255]. The low-temperature water-gas shift (LTS) reaction runs over a
Cu-based catalyst and reduces the CO concentration to less than 1% [256]. Preferential
CO oxidation (Equation 4.12) as the final stage of cleaning-up has been reported to
achieve CO removal at the desired level [60,67].

CO + 1/202 — COQ AHSQS = —283kJ mol™! (412)

The reformer feed, consisting of inputs for steam reforming (liquid n-heptane and
water) and for combustion (methane and air) needs to be evaporated and heated from
room temperature to the relevant reaction temperatures, and this can be achieved in
the context of heat integration depicted in Figure 4.1. Unburned methane from the
combustion reaction, unconverted n-heptane from the reforming reactions and purged
hydrogen from the fuel cell, which corresponds to ca. 25% of the hydrogen fed to the
PEMFC [257], are catalytically burned in an afterburner, whose exhaust is then used
to preheat, and if necessary, evaporate the feed streams through several heat exchange
stages (HEX 1, 2 and 3 in Figure 4.1). Furthermore, the product stream that leaves
the reformer at temperatures around 763 K has to be cooled down to 673 K before being
fed into the high-temperature water-gas shift (HTS) reactor, so another exchange takes
place between the stream mentioned and the reforming feed stream (HEX-4). Even
though the HTS reactor alone reduces the CO content substantially, the CO removal
unit accepts streams with CO concentration less than 1%, which calls for another inter-
mediate operation, namely the low-temperature water-gas shift (LTS) [258]. However,

the LTS operation runs at temperatures between 473 and 600 K [256], therefore, an
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exchanger (HEX-5) is installed between the high- and low-temperature water-gas shift
reactors, which facilitates heat transfer from the SR/HTS product stream to the SR
feed stream. The final heat exchange stage (HEX-6) applied down the process line
is required to cool the outlet stream from the LTS reactor from 600 to 353 K, the
operating temperature of the CO oxidation reactor [259], and to preheat the SR feed
stream. This configuration enables, at steady state, the autothermal operation of the

fuel processor/PEMFC assembly and eliminates the need for external heat supply.

Process intensification can be achieved through the compact design of all the reac-
tor and heat exchanger units described above. However, integration of the exothermic
and endothermic reactions in the reforming unit makes the major contribution to the
size and efficiency of the fuel processor (reformer + hydrogen clean-up units + heat
exchangers) /fuel cell assembly shown in Figure 4.1. Therefore, the size comparison
simply takes its roots from the integration (coupled or decoupled) scheme itself. The
remaining parts of the fuel processor are considered to be of the same design, if not
the same size, for both schemes. The basis flow rate used to determine the reformer
size is set as the amount of hydrogen required to drive a 2-kW PEM fuel cell, which
corresponds to 2.2 X 1072 moly, s~! [260]. However, when assessing the effectiveness of
the fuel processing unit in terms of productivity, the amount of hydrogen that enters
the fuel cell is used as the basis: in either reformer scheme, whether of microchan-
nel (coupled) or of cascade (decoupled), hydrogen is also produced in the subsequent
water-gas shift stages, so that the overall amount of hydrogen produced can drive a

PEMFC-based auxiliary power unit (APU) in the 2-3 kW range, as desired.

n-Heptane flows in the process flow diagram of Figure 4.1 can be replaced by
streams of any liquid hydrocarbon for the purpose of CO-free Hy production, provided
that the sizes of the reactors and the exchanger duties are duly adjusted. Conversion
of gasoline, which can be described by the steam reforming of its surrogate, iso-octane,

over a Ni/Al,O3 catalyst is represented by [261,262]:

iSO—Cngg + 8H,O = 8CO + 17H, AHSQS = 1274.8 kJ mol~* (413)
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Steam reforming of iso-octane also harnesses the heat released by methane combustion
(Equation 4.11). This time, integration of these two reactions takes place in a coupled
reaction/heat exchange system consisting of parallel microchannels, where the effects

of their geometric variations on fuel conversion and hydrogen selectivity are sought.

4.1.2. Production of Syngas

Syngas (CO + Hs) is an important feedstock in chemicals production processes
such as Fischer-Tropsch (FT), methanol and dimethyl ether (DME) syntheses. Steam
reforming of methane (SRM) is one of the commercial routes to producing syngas.
Tubular reactors packed with Ni-based catalysts are used for carrying out SRM, for
which the heat is supplied either by a direct-firing furnace or by heat exchange with a
hot stream [76].

Autothermal reforming (ATR) of methane is another well-established industrial
practice of producing syngas, which involves the spatial integration of exothermic par-
tial oxidation (POX) and endothermic steam reforming (SR) of the fuel that is co-fed
into the reactor with steam and oxygen. Due to the immediate and effective supply of
heat from the oxidation to the reforming reactions, external heating requirements are
minimal. ATR of methane is carried out also over Ni-based catalysts at temperatures
in excess of 1173 K in order to affect the syngas feed ratio in favor of the methanol

(Hy : CO=3.00:1) or FT (2.00: 1 < Hy : CO < 2.15 : 1) syntheses [140].

4.1.2.1. Steam Reforming of Methane. The overall production of methanol from nat-

ural gas, represented by methane, involves two steps: the endothermic reforming of

natural gas and the exothermic synthesis reaction [263]:

CH4 + HQO = CO + 3H, AHSQS = 206.2kJ mol™* (48)

CH, + 2H,0 = CO, + 4H, AHY, = 165kJ mol (4.9)
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CO +2H, = CH;0H  AHS, = —90.6kJ mol~! (4.14)

The desired heat to drive the endothermic reforming reactions is provided by catalytic

combustion:

CHy + 205 — CO, + 2H,O0 AHY, = —802.3kJ mol~! (4.11)

The overall description of the methanol synthesis process is shown in Figure 4.2.
Methane and steam are fed to the reformer which is heated by catalytic combustion
of a second stream of methane. The reforming reactor is operated at about 1123 K to
produce a gas suitable for the methanol synthesis (Hy : CO : COy = 75: 24 : 1 per cent
by mole) [263]. Since the synthesis reaction (Equation 4.14) requires only two moles
of hydrogen per carbon monoxide, carbon dioxide coming from combustion (Equation
4.11) can be injected into the methanol synthesis reactor (not shown in Figure 4.2)
to convert the excess hydrogen to a mixture of carbon monoxide and steam via the

reverse water-gas shift reaction:

0Oy + Hy = CO+Hy,O  AHY, = 41.2kJ mol™! (4.15)

Such a route can help in approaching the stoichiometric Hy : CO ratio, and can therefore
favor methanol formation. Copper-based catalysts used for synthesis deactivate at
temperatures much in excess of 570 K [104,263], and the inlet gases to the synthesis
reactor must be cooled, the exchanged heat being used to warm the reformer inlet feed.
Since the conversion per pass is around 3% [263], recycle of the unconverted reactants

is essential to give a total of 10% conversion after recycle.

Typical temperatures involved in the methanol synthesis are presented in Fig-
ure 4.2. Inlet and outlet temperatures of steam reforming, 785 and 1123 K, respectively,
and the inlet temperature and pressure to the methanol synthesis reactor (523K, 50
bar) are adapted from actual process practice reported in [263]. Temperature at the

inlet of catalytic combustion is set as the light-off temperature of methane, 900 K [107].
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Figure 4.2. Process flow diagram of methanol production.
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Temperature at the outlet of the separator, 328 K, is set to less than the boiling point
of methanol (338 K) so that all the methanol can be obtained in the liquid phase. Fi-
nally, the inlet streams entering the process and exhaust streams leaving the process
(except methanol exit from the separator) are assumed to be at 298 K. Rest of the
stream temperatures shown in Figure 4.2 are calculated by mole and energy balances
around the specific control volumes. The molar flow rates are calculated by the mole
balances around the units by taking a basis of 1 kmolh~! of methane entering the steam
reformer, and by assuming 90% steam reforming conversion [263], complete conversion
of methane in combustion [107], and the molar ratio of methane reformed-to-methane
combusted as 3. The calculated flow rates are then adapted to the desired through-
put by flowsheet scaling. The material and energy balance equations are solved by
ChemCad process simulation software. The necessary thermochemical data such as
reaction enthalpy and heat capacity of the species are used directly from the ChemCad
database. Combustion-assisted steam reforming of methane for the purpose of syngas
production is investigated in coupled (microchannel reactor) and decoupled (cascade)

reaction/heat exchange systems using CFD and reactor modeling techniques.

4.1.2.2. Autothermal Reforming of Methane. A CFD-based model of the spatially in-

tegrated system (microchannel reactor) designed and tested for autothermal reforming
of methane in Section 3.4.3 is also constructed in order to develop an essential design

and analysis tool that has capability to predict experimental results.

4.1.3. Dehydrogenation of Paraffins to Olefins

In the case of ethane dehydrogenation,

CQHG = CyHy + Hs AHSQS = 136.9kJ mol~* (416)

which is an important route to production of olefins from paraffins, temperature control

is essential to avoid coke deposition over the catalyst. The olefin-to-paraffin equilib-

rium is favored only at high temperatures (ca. 1000 K), which also favor coking [264],
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Figure 4.3. Process flow diagram of ethane dehydrogenation.

and diluents, often used to minimize coking, tend to deactivate the catalysts. As a
result, commercial processes are often based on a dehydrogenation-regeneration cycle,
dehydrogenation being optimized when temperature control limits the coke formation.
Since coking is particularly deleterious in microchannel systems and channel blockage
can occur, minimization of coking demands careful control of temperature, which, in
the microsystems, necessitates careful control of heat generated by the catalytic com-
bustion. The process flow diagram for ethane dehydrogenation (Figure 4.3) is much
simpler than is the case for methanol (Figure 4.2), in which the inlet streams entering
the process are assumed to be at 298 K. Inlet temperature of the catalytic combus-
tion unit is set as the light-off temperature of methane (900 K) [107]. Inlet and outlet
temperatures of ethane dehydrogenation is taken as 923 and 1053 K, respectively [235],
and the molar ratio of ethane dehydrogenated-to-methane combusted is set as 3. These
values are expected to be high enough to give reasonable conversions—62% in dehydro-
genation (Equation 4.16) and ca. 100% in oxidation (Equation 4.11) [107]-and low
enough to avoid very significant coking. The remainder of the stream temperatures
are obtained using ChemCad. Temperature control during ethane dehydrogenation is
demonstrated in coupled (microchannel reactor) and decoupled (cascade) reaction/heat

exchange systems.
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4.2. Coupled Reaction/Heat Exchange Systems

4.2.1. Spatially Segregated Microchannel Reactors

The microchannel reactor geometry used in modeling combustion-assisted steam
reforming of propane, n-heptane, iso-octane, methanol and ethanol, shown in Fig-
ure 4.4, involves a repeating unit that consists of two parallel channels, called the unit
cell, in which the exothermic and the endothermic reaction streams flow in either co-
current or counter-current mode, and in which heat is transferred through the wall
between the channels. The respective catalysts washcoated on the channel walls, with
washcoat thickness being assumed to be uniform on all sides, facilitate the combustion
and reforming reactions. Any given channel is part of a horizontal array of channels,
each of which has the same reaction occurring within, as shown in the frontal view
of the microchannel array on the z-y plane in Figure 4.5. Considering the shaded
combustion channel in the figure, heat released due to the reaction is transferred in
all directions. However, for two reasons the direction of net heat flow is toward the
endothermic reforming channels, as indicated by the solid vertical arrows in Figure 4.5:
(i) lateral heat flow in the z-direction (shown by the dashed horizontal arrows) out of
the shaded channel is counter-balanced by heat flow from the respective combustion
channels to its left and right, and (ii) the lateral temperature gradients column-wise are
much smaller than those gradients row-wise due to the fact that the reactions taking
place in a given row are identical (either combustion or reforming). Another implication
of the alternating and symmetrical arrangement of the exothermic and endothermic
channel groups is that inbound and outbound heat fluxes (solid vertical arrows) es-
sentially cancel each other out, hence that the unit cell is adiabatic. Moreover, the
microchannel array is thought to be ideally insulated on the sides, thus heat loss to the
surroundings is negligible. Convenience gained by the symmetric arrangement of the
channels gives way to using a 2D mathematical model for analyzing the integration of
combustion and reforming reactions in catalytic microchannel or plate reactors, as has
been demonstrated widely in the literature [14,15,19,20,207,235,265,266]. Arzamendi
et al. [239] performed a three-dimensional simulation of coupled methanol combustion

and reforming in a multi-channel reactor system, and their graphical results indicate
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Figure 4.5. Frontal view of the microchannel array shown in Figure 4.4.

that lateral variations of temperature and species concentrations are not significant.
Therefore, a two-dimensional domain that excludes any variation in velocity, pressure,
concentration or temperature across the channel width (in the z-direction) suffices to

model the microchannel reactor.

Variations in the structure of microchannel reactors are common. These involve,
for instance, increasing or decreasing the cross-sectional area over some portion of or
the whole length of the channels in order to affect the residence time and to induce
static mixing. Changing the thickness of the separating fins affect the heat transfer rate
between the channels. An example of a textural variation is seen in Figure 4.4 in which

the micro-baffled configuration is depicted against the straight-through configuration.

The microchannel reactor geometry used in modeling combustion-assisted steam
reforming of methane for syngas production, and ethane dehydrogenation for olefins
production is shown in Figure 4.6. In many aspects it is similar to the reactor (Fig-

ure 4.4) used in modeling steam reforming of other hydrocarbons and alcohols such
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that it consists of arrays of parallel channels separated by walls (fins). The geome-
try involves a repeating unit composed of the co-current flow of exothermic (methane
combustion) and endothermic (steam reforming or ethane dehydrogenation) reaction
streams in two parallel, cylindrical channels between which heat is transferred through
the wall. Due to the symmetry, the behavior of this unit resembles the response of the
multichannel reactor in which the exothermic and endothermic channels are grouped in
horizontal layers as shown in Figure 4.6. In order to obtain desired steam reforming and
ethane conversions (> 80% and > 60%, respectively), and the syngas feed composition
for methanol synthesis, high temperatures in excess of 1100 K are needed. For this pur-
pose, the channel-wall boundaries are to be coated with a thin insulating layer along the
first halves of the channels (Figure 4.6), and the insulated zones are assumed to behave
adiabatically. Moreover, the catalytic washcoats are present only along the first half of
the combustion channel, and along the second half of the reforming/dehydrogenation
channel. Such a scheme conserves the heat released by combustion within the channel
to induce methane light-off and allows combustion to proceed until the temperature
rises up to ca. 1200 K. Preliminary simulations have shown that when the uninsulated
parallel channels are completely coated with catalysts, heat generated by combustion
at the inlet (first 0.5cm) is immediately transferred to the endothermic reaction chan-
nel, thus, methane light-off cannot occur. In this case the maximum temperatures
obtained are ca. 920 K. The presence of insulation in the combustion channel is seen
to have no effect on axial conduction. It is worth noting that, in actual practice, it may
not be possible to ensure perfect adiabatic conditions along the half of the microchan-
nels. However, the use of ceramic-based materials having a thermal conductivity of ca.
10 — 20 times smaller than that of steel may help in providing a thermal response at

near-adiabatic scale.

Even though the microchannel diameters are in the submillimeter range, tem-
perature and concentration variation in the lateral direction have to be accounted for
since the reactions take place in the wall-coated catalyst layers. 3D cylindrical mod-
els offer accuracy at the expense of increased computational cost, therefore, the 2D
axisymmetric model that neglects angular variations are employed in microchannel

modeling.
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Figure 4.6. Description of the microchannel configuration used in combustion-steam

reforming and combustion-dehydrogenation couplings.

4.2.2. Spatially Integrated Microchannel Reactors

Autothermal reforming of methane for syngas production is modeled on the mi-
crochannel geometry shown in Figure 4.7 whose width, height and length are the same
as those of the reactor tested (Section 3.4.3). From a modeling perspective, the only
difference between such an integrated system and the segregated systems explained
above originates from the absence of an impermeable wall. The flow and transport
equations in 3D Cartesian coordinates are applicable to integrated systems with slight

modifications.



126

REFORMING CATALYST

COMBUSTION
CATALYST

Figure 4.7. Schematic of the microchannel reactor used in methane ATR.

4.2.3. Working Equations, Implications and Simplifications

Combined model of the reactive flows in the wall-coated microchannels and heat
transfer across the fins (walls separating the channels) (Figure 4.4) is described by the
three-dimensional (3D) Navier-Stokes equations which form a set of partial differential
equations (PDE) for the total mass, momentum, species mass conservation and energy
(Section 4.2.3.2). Their solution gives the velocity, pressure, species concentration and
temperature fields in the microchannel. Physical properties (i.e., fluid viscosity, species
diffusivities, effective thermal conductivities) are estimated using correlations from the
literature. Rates and heats of reactions are introduced to the model as source terms
in the species mass and energy equations. Flow in porous media (catalytic washcoats)
is modeled by the modification of the momentum equations that will be explained
in detail. Certain assumptions are made that apply to all hydrocarbon conversion
processes (steam and autothermal reforming of the fuels) that are considered in this

work.

4.2.3.1. Assumptions.

e Incompressible, Newtonian, laminar flow

Gravitational and external body forces are neglected

The reactive gas mixtures enter the microchannels with uniform inlet velocities

Only the designated reaction(s) takes place over a given catalyst, i.e., propane

combustion over a Pt-based catalyst, propane reforming and water-gas shift over
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a Ni-based catalyst

e Gas-phase reactions are neglected since in all conversion processes, homogeneous
reactions require much longer ignition times than the heterogeneous reactions
[137,267]

e The fluid and catalyst properties are isotropic, i.e., they are uniform in all direc-

tions

4.2.3.2. Generalized Transport Equations. Hydrodynamics, mass and heat transfer

inside the spatially segregated microchannels, and heat flow across the segregating fins

are governed by three-dimensional (3D) Navier-Stokes equations given in Table 4.3.

Table 4.3. Generalized transport equations describing spatially segregated

microchannel operation with reaction over catalytic washcoats.

Continuity equation

Ipy;

5 TV (psvi) =0 (4.17)

Momentum conservation

0 . oL s - o
P (p1iVi) + NV - (ppiViVy) = F; = Vp; +V - T + prig (4.18)

Species mass conservation

0 _ T v S
o7 (PriYig) +V - (pgiViYig) = =V - Jyj + Mid; + Mt Ay, (4.19)

Energy equation

9] s, .
ot (Prico, Tj) + (1 =€) ot (PsiCo, Ti) + Y« (P, ¥iT3) =

v (4.20)
V. (’feff,jVTj — 2 higij + (@W)) + Shj

Energy equation in the fins

)
= (pucn, Tu) = V- (ku V1) (4.21)
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The symbols used in Equation 4.17-21 are given in Table 4.4. The same nomen-
clature will be followed throughout the rest of the work. The subscripts ¢ and j denote
the species and the flow channel, respectively, while f, s and w refer to the fluid, the
catalytic washcoat and the wall separating the channels. The superscripts s and v
are used to distinguish between reactions that are formulated on volumetric and wall-
surface bases. Note, however, that the volumetric reactions, which still take place over
the catalyst volume, should not be confused with homogeneous gas-phase reactions.

The subscripts “gas” and “solid” denote the gas phase and the porous washcoat.

Table 4.4. List of symbols used in the generalized transport
equations (Equation 4.17-21).

Symbol | Meaning Unit

Ag;j Active surface area of catalytic washcoat in channel j m~!

Cp Heat capacity of fluid in channel j Jkg 1K1
Cp.; Heat capacity of catalytic washcoat in channel j Jkg 1K™
Cpuy Heat capacity of solid wall (fin) Jkg TK™!
f Fluid property —

f‘j Momentum source/sink term in channel j kgm 252
g Gravitational acceleration ms 2

hij Sensible enthalpy of species ¢ in channel j Jkg™1

1 Species index —

J Channel index (combustion or reforming) —

J;j Diffusive mass flux of species ¢ in channel j kgm 25!
et Effective thermal conductivity of fluid in channel j Wm K™!
K Thermal conductivity of solid wall (fin) Wm TK™!
M;; Molecular weight of species ¢ in channel j kg mol !
D;j Pressure field in channel j bar, Pa
it Source of species ¢ in channel j due to surface reaction molm 25!
R Source of species i in channel j due to volumetric reaction | molm=—3s!
Sh Heat source due to chemical reaction in channel j Wm3

\Z Velocity field in channel j ms !

t Time s

T; Temperature in channel j K, °C

T, Wall (fin) temperature K, °C

Yi; Mass fraction of species ¢ in channel j —

€; Porosity of catalytic washcoat in channel j —

Pfj Fluid density in channel j kgm—3

Ps; Solid density of catalytic washcoat in channel j kgm™3

Puw Solid wall (fin) density kgm—3

T Stress tensor in channel 5 due to flow kgm—?s72
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Below is a thorough overview of the equations that describe every phenomenon
(e.g. momentum, species and heat transport, flow in washcoats, source terms originat-
ing from the reactions) in microchannel reactors. The equations presented in Table 4.3
are given in three- and two-dimensional Cartesian coordinates in hierarchically simpli-

fied forms. They are also presented for 2D axisymmetric geometries.

4.2.3.3. Continuity Equation. Equation 4.17 is the general form of the continuity equa-

tion whose 2D and 3D Cartesian and 2D axisymmetric forms for incompressible flows

(constant py;, Opy; /Ot = 0) are shown in Table 4.5.

Table 4.5. The continuity equation in 2D and 3D Cartesian coordinates, and in 2D

axisymmetric (AS) geometries for incompressible flows.

) )
2D o Prives) + 5 (Prjvyg) = 0 (4.22)
0 0 0
3D 5 (Prives) + oy (pys055) + 57 (Pgiv25) = 0 (4.23)
AS 57 (Pr0=4) + 5 (prsvey) + % =0 (4.24)

4.2.3.4. Momentum Conservation Equation. Conservation of momentum in channel j

in an inertial (non-accelerating) reference frame is described by Equation 4.18. The

stress tensor 7; is given by
_ . ot 2o -
T = My (VVJ‘ + VVj) — gv . VjI (430)

where p; is the molecular viscosity of the gas mixture in channel j, I is the unit
tensor, and the second term on the right-hand side is the effect of volume dilation
that contributes to dissipation of momentum due to viscous forces. However, its effect
on the velocity field and the viscous heating of the fluid is small, therefore, it can

be dropped out from the stress tensor term. The 3D Cartesian and 2D axisymmetric



Table 4.6. The momentum conservation equation in 3D Cartesian coordinates, and in 2D axisymmetric (AS) geometries.
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forms after simplification are shown in Table 4.6. The 2D form in Cartesian coordinates
is not given since it can easily be obtained from the 3D form by dropping the terms

associated with the z-direction.

4.2.3.5. Flow in Porous Media. The approach to model flow in porous catalytic wash-

coats 1s twofold:

(i) either by the addition of a momentum source term to the standard fluid flow
equations
(ii) or by replacement of standard fluid flow equations with Brinkman-extended Darcy

equations in the porous media

(i) The source term in channel j is composed of two parts: a viscous loss term
(Darcy, the first term on the right-hand side of Equation 4.31, and an inertial loss term
(the second term on the right-hand side of Equation 4.31:

—

— 1 — | =
Fj = — (Dj[ﬁjVj + ngpj|vj|vj) (431)

where F‘j is vector of source terms, |V;| is the magnitude of the velocity, and D; and
C; are prescribed matrices. This momentum sink contributes to the pressure gradient
in the porous cell, creating a pressure drop that is proportional to the fluid velocity

(or velocity squared) in the cell.

The case of simple homogeneous porous media is

_, Wi, |
Fj=— <jvj + CZj§ﬂj|Vj|Vj> (4.32)

J

where o is the permeability of the washcoat, and Cy; is the inertial resistance factor.

(ii) The use of Brinkman-extended Darcy model equations for flow in a porous

medium (Table 4.7) is also common. In accordance with the Darcy model, the second



Table 4.7. The Brinkman-extended Darcy equation in 3D Cartesian coordinates, and in 2D axisymmetric (AS) geometries for flow in

porous media.
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term on the left-hand side of each equation corresponds to viscous fluid motion due to
the pressure gradient. The Darcy number (Da; = «;/d,;) is between 1 and 4, which is
quite large as to make the flow non-Darcian. Therefore, an extension to the model is
necessary. The viscous Brinkman terms appear on the right-hand sides of Equations
4.33-4.37. These equations lack the inertial (convective) terms, which are replaced
by those accounting for the boundary frictional drag on the impermeable walls of the
channels. Flow within the porous medium is not due to inertial effects but due to the
combination of viscous and pressure effects. Inertial losses during flow in the medium
can be accounted for by the Brinkman-Forchheimer extension of the Darcy equation
through the dimensionless term Cp,;|V;|V,;/ Da;/ ? 1268]. However, due to the high value
of the Darcy number, inertial effects, thus the Forchheimer term, can be neglected.
The Brinkman-extended Darcy model makes use of an effective viscosity pieq ;. Studies
in the literature report varying and sometimes inconsistent results as to the magnitude
of the effective viscosity (per; < land 1 < per; < 10) [269,270]. Moreover, its value
strongly depends on the geometry of the medium [271]. Therefore, it is taken to be
equal to the fluid viscosity in the gas phase.

The coupling between the full set of Navier-Stokes equations in the gas phase and
the Brinkman-extended Darcy equations in the catalyst is made possible by means of
the conditions that the velocity and the normal component of the stress tensor are

continuous across the gas-solid boundary.

4.2.3.6. Species Mass Conservation. Equation 4.19 is the general form of the species

mass conservation equation whose 3D Cartesian and 2D axisymmetric forms are shown
in Table 4.8. Note that the species concentrations ¢;; or mole fractions z;; can always
be substituted for the mass fractions Y;; in the equations through appropriate relations

and the ideal gas assumption.

The Fickian diffusive mass flux of species ¢ in channel 7, J_;j, is given by

-

Jij = —pijeff7i7mjVY;‘j 7= 1, 2, ey Ng (440)
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Table 4.8. The species conservation equation in 3D Cartesian coordinates, and in 2D

axisymmetric (AS) geometries.

0 0 0
(pr;Yij) + Vai g (ps;Yij) + Vi, (pr;Yij) + Vi (pr;Yij) =

0

0 19)
{Deﬁmmj% (Pijz'j)} + y {Deff,z@mja—y (ps;Yij) (4.38)

9
ot
3D 2
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8 8 v S
5, [Deﬁ,z,mj@ (/)ijz‘j)} + My + Mt Ay

19) 0 0
% (psYij) + w (pyiYij) + Vi (pyiYij) =

AS | L2 0 0 0 4.39
r or {TDeff%m@(Pf%)] + 55 | Peimiy (p1sYi) (4.39)

MR + My R A,

where Deg;.m; is the effective diffusivity of species ¢ in the mixture, and N, is the
number of gas-phase species. If the flow is in the gas phase, Deg,;,; simply equals
D; ;. If flow in porous media is under consideration, Deg ; m; is calculated using D ,,;
and the Knudsen diffusion in the pores of the medium. In Equations 4.39 and 4.40,
the consumption/production rate of species 7 in channel j during volumetric and wall-
surface reactions is given respectively by R}, and Rj;. M;; is the molecular weight of
species i, and Ag; is the active surface area-to-volume ratio of the catalyst in channel j.

In a given channel j, if there is a reaction or group of reactions taking place, it follows

either the volume- or wall-surface-based catalytic mechanism.

4.2.3.7. Energy Equation. In the generalized energy equation (Equation 4.20) in Ta-

ble 4.3, several terms can be dropped out due to their negligible effect on temperature
variation. The second and third terms on the right-hand side, >, h;; jij, which accounts
for the heat transfer by the diffusive flux of all the species, and 7;V;, which accounts
for heat exchange due to viscous dissipation are such terms while the first term that

represents conduction heat transfer is retained (Table 4.9).
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Table 4.9. The energy equation in 3D Cartesian coordinates, and in 2D axisymmetric

(AS) geometries.

0 0 0
€ (prico, Tj) + (1 —¢)) pn (psjcp, Tj) + Ve g (pricp;,T;)
0 0 0 19)
3D oy (prico;, T5) + Vi (prico, T5) = p {keﬂaj‘% (Pijj)] (4.41)

19, 19) 0 19)
+a—y {kefﬂja—y (ﬂijj)] +52 {kem% (Pijj)} + Shj

0 0 0
€7 (it i) + (1 =€) 5 (P, Ts) + vri (pricp;, T))
0 10 0
AS vz 5o (Prien, Th) = ~ 5 {T’feﬁ,ja (Pijj)} (4.42)

0 19)
t5, {keﬂaja (Pijj)} + Shj

4.2.3.8. Treatment of the Energy Equation in Porous Media. Effective thermal con-

ductivity of the fluid in the catalytic washcoats is calculated using the volume average

of the fluid and solid conductivities:
kefﬁj = Ejk’fj + (1 — Ej) k‘sj (443)

Thus, when flow and transport in the gas phase are being solved for, the porosity is

taken to be equal to 1, which, in 3D Cartesian coordinates, reduces Equation 4.41 to

0 0
B (pfjcpijj) + U:vj% (Pfjcpijj)

19) 19) 19) 19)
+ Vi g (Pricos, Ty) + Vi (Pricos, Ty) = 9 [kf,j% (ﬂijj)]

0 0 0 0
+ ay [kﬂja—y (/)ijj)] g [k‘f,j@ (ﬂijj)] + Shj (4.44)

The source of energy, Sj;, in Equations 4.41 and 4.42 consists of the sum of
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enthalpies of all volumetric and surface reactions in channel j:

NVI‘XI’] NS[‘X[)
Shj - Z (—AHkv —|— Z AHkS ASJR (445)
ky=1 ks=1

4.2.3.9. Energy Equation in the Fins. Equation 4.21 that describes heat flow in the

fins is obtained when the terms associated with convective heat transfer in Equa-
tion 4.23 are dropped out, and the physical properties equated to those of the fin. In

3D Cartesian coordinates, the energy equation in the fins is

0 0 0
— T,) = — |kpw— T,
ot (PwCpy Tiw) or { . (Puw w)}
0 0 0 0

4.2.4. Boundary Conditions

The generalized transport equations given in Table 4.3 are solved subject to the

boundary conditions in Table 4.10.

4.2.4.1. Channel Entrance. The flow velocity is assumed to be unidirectional at the

channel entrances z; = 0, therefore, a normal inflow velocity (v,; = U}“) is specified.
Concentration or mass fraction of each species i fed to the channel j is also prescribed.

A constant, time-independent temperature inlet condition in each channel inlet is used.

4.2.4.2. Symmetry Lines. Across a symmetry boundary, flux of all quantities are as-

sumed to be zero. There is no convective flux across a symmetry plane or line, thus
the normal velocity component is zero. There is no diffusion flux across a symmetry
plane or line either, therefore, gradients of all flow variables are zero. Since the shear
stress is zero at a symmetry boundary, it can also be interpreted as a “slip” wall when

used in viscous flow calculations.



Table 4.10. Boundary conditions associated with the generalized transport equations given in Table 4.3.

Channel entrance

zj = 0; Vxj,y; or Vr;

Velocity Species Temperature
V= U]i-‘[1 Cij = c;? or Y = Y-ij” T; = T;“
Symmetry at the
channel centerline vz
Velocity Species Temperature
n-v; =0 n (J:-j + PfﬁjYz'a) =0 i (ke ; VT + pyicp,, ViT5) =0
Fin-channel interface Vz;
Velocity Species Temperature
iV =0 i+ (i + pgs¥iYy) =0 i (—kyVT,) = 6 (—kea ;T + prscn, ¥5T5) =0
Gas-solid interface Vz;
Velocity & Stress tensor Species Temperature
s | O }/;‘7|Fgaj - }/;] FSOlid 7—-‘7'|Fgas - T7 1—‘solid
;»:j Pi—_a;|r_ ijrl:—l»jic_l Al - (J:j + pfjij;j) ‘Fgas - I:l: (_koﬁ,jvTj + pfjcpfj\:’:ﬂ}) ’rgas -
. o - (Jz'j + Pfﬁﬂ%)‘ i (—ker; VT + prico, Vi) |
Channel exit zj = L; Vxj,y; or Vr; .
Pressure Species Temperature
P = p;;ut n- j;j =0 n- (—kog,jvjj]) =0
m; =m;°"* (optional) Vi, =Y (backflow condition) — T; = T (backflow condition)

All other boundaries

Velocity

n-v; =0

Species
i - (jz'j + PijjY;'j) =0

Temperature

i (ke VT + prjcp, ViTj) =0
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4.2.4.3. Fin-Channel Interface. In viscous flows, the no-slip boundary condition is

prescribed at the walls, meaning that the fluid velocity is zero at a solid, impermeable,
stationary boundary, which, in this case is the fin-channel interface(s). Due to the
impermeability of the fins, mass flux of species is also zero at the interface. Heat flux
across the boundary, however, is continuous except for the insulated portions of the

channels in the combustion-reforming/dehydrogenation coupling (Figure 4.6).

4.2.4.4. Gas-Solid Interface. The common choice of conditions associated with a gas-

solid boundary are the continuity of the vector or scalar quantity (e.g. velocity, mass
fraction, temperature), and continuity of the normal component of the diffusion tensor

(e.g. momentum, mass, heat).

4.2.4.5. Channel Exit. At the channel exit, gauge pressure is set to a value. In order to

double-check the converged results, it is good practice to also set a target mass flow rate
for steady-state flow. While using the finite volume method (FVM), in case reversed
flow occurs at the exit, backflow conditions consistent with the flow model assist in
minimizing convergence difficulties. Diffusive mass and heat fluxes are prescribed to

be zero while using the finite element method (FEM).

4.2.4.6. All Other Boundaries. The system or unit cell boundaries other than the

ones explained above are treated as insulated walls or symmetry boundaries where the

velocity falls down to zero, and there are no mass or heat fluxes.

4.2.5. Reaction Kinetics

The rates and heats of reactions are needed in the species mass conservation
and energy equations (Equations 4.19 and 4.20). In Table 4.12-22, global kinetics
and kinetic parameters of all volumetric reactions (R}, ;) used in this work are given
either as power-law or Langmuir-Hinshelwood-Hougen-Watson-type expressions. The
kinetic parameters (rate and adsorption constants) are calculated by Arrhenius-type

expressions. Steam reforming kinetics considered during simulation of methane ATR



139

is handled by a detailed surface reaction mechanism that takes place over a Rh/Al,O3

catalyst whose composition is proprietary [272].

Table 4.11. Index of rates of volumetric reactions taking place over washcoated

catalysts in the microchannels.

Ry, ; Combustion Reactions Ry, ;| Steam Reforming Reactions

1 CH,4 + 205 — CO4 + 2H,0 5a | CH; + H,O = CO + 3H,

5b | CH,; + 2H,0 = CO, + 4H,

5¢c | CO + HyO = COy + Hy

2 C3Hg + 505 — 3CO5 + 4H,0 6 C3Hg + 3H,O = 3CO + 7TH,
CH30H + 3/205 — CO5 4+ 2H,O | 7 CH30H + HyO = CO4 + 3Hy

4 CyH50H + 305 — 2C0O5 + 3H,O | 8 CyH50H + H,O = 2CO + 4H,

9 n-CyHyg + TH,O = 7CO + 15H,
10 | iso-CgHqs + 8H,O = 8CO + 17H,
11 | CoHg = CoHy + Hy

w

4.2.5.1. Global Kinetics of Volumetric Reactions. Table 4.11 shows enumeration of

the rates of volumetric reactions that take place over catalytic washcoats in the mi-
crochannels, where k is the index of volumetric reactions. Each reaction or group of
reactions (as in the case of steam reforming of methane over Ni, item 5 in Table 4.11)

are handled separately in Table 4.12-22.

Table 4.12. Kinetic rate expression for (1) methane combustion.

CH4 + 202 — COQ + 2H20 AHggg = —802.3 kJ HlOl_1 Pt/&-AlgOg [107]
kY. K VK
1. = 157 CHaPCHy 010, [mol m=3s™!] (4.47)
13 2
(14 Kcu,pen, + v/Ko,po,)

v v E, 3 _
kY; = ki, exp (_ﬁ) k1, 43.9 [molm—3 s~
E 35.257 [kJ mol ']

AHcy, o
KCH4 = KCH40 exp —T KCH4O 4324 [bar ]
AHcy, 46.554 [kJ mol 1]

AHo, 5 o
Ko, = Ko,, exp “RT Ko,, 4.41 x 10 [bar™!]
AHy, —61.939 [kJ mol 1]
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Table 4.13. Kinetic rate expression for (2) propane combustion.

CgHg + 502 — 3002 + 4HQO

AHS = —2044kJ mol ™!

Pt /5-Al,03 [107]

Ry; = ky; (100 - peyr,) ™ (100 - po,) ™" [molm=3s71] (4.48)
v E2 8 -3 o1 -0.5
ky; = kK, exp BT ko, 1.87 x 10 [molm~—° s~ bar™"]
E, 104.318 [kJ mol™1]

Table 4.14. Kinetic rate expression for (3) methanol combustion.

AHSy = —676kJ mol™*

Pt/Al,O5 [249]

R3; = k3;comson [molm~—3s™!] (4.49)
5.9 x 10*
1000 exp TR + 22.45 T < 380K
haj = 6.4 x 103

Table 4.15. Kinetic rate expression for (4) ethanol combustion.

CQH5OH -+ 1/202 — CchHO + H,O Cu—CrO/A1203 [250]
CH3CHO + 5/205 — 2C05 + 2H,0  AHSg = —1278 kJ mol ™!

taj = k?Xa,jCCszoHC%i [mol m~—3s™!] (4.50)
de- = kXb,jCCHSCHOC%E [mol m™3 Sfl] (451)

v Eia 8 —0.5 1,1.5 o—1
Kiaj = Kaay €XP BT K saq 2.06 x 10 [mol~® m"° g~
By, 79.1 [kJ mol~1]

v Ey _ _
Ky ; = Kb, €xp <_ﬁ) K ga, 3.33 x 10% [mol~%® m!® g7
Ey 157.7 [kJ mol~1]
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Table 4.16. Kinetic rate expression for (5) steam reforming of methane.

CH4 + HQO = CO + 3H2

CH4 + QHQO - COQ + 4H,

CO+HQO = COQ+H2

AHYSys = 165kJ mol ™
AHS = —41.2kJ mol ™!

Ni/MgO-Al,Oy4 [134]

K/ P> (Pen, 0 — Pi,pco/KL,)

Riu; = DEN? [mol kg% 7! (4.52)
v kY, /P52 (Penaph,o — Ph,pco,/ KE) .
S = DEN? Y [mol kg2 s (4.53)
v kY. /Py, (Pcopm,o — PHyPco,/ KL) e
Seg = DEN? = [molkgis™] (4.54)
kY - = ksa, €Xp _ L ks 1.17 x 10 [mol kgt s~! bar=0]
5a,j ag RT ag cat
Esq 240.1 [kJ mol™1]
v Lsy R
ks = ks, exp (_ﬁ) K5, 2.83 x 104 [mol kg_,t s~ bar=0]
Esy 243.9 [kJ mol™!]
Es.
k3. ; = kse, exp (_R;) Eseq 5.43 x 10° [mol kg .} s~ bar™!]
Esc 67.13 [kJ mol~1]
224000
1 12
Ko =4.707 x 10" exp | — T
37300
11 -2
Keq = 1.142 % 10 exp (—W)
I I I
Koq = Kog Kog
DEN = (1 + Kcopco + Kn,pn, + Kcm,pen, + Kn,opn,0/pms,)
AH
Ken, = Keny, exp (— R;H4) Ken,, 6.65x1074 [bar!]
AHcu, —38.28 [kJ mol ™|
AHHQO 5 1
Ku,0 = Ku,0, €Xp ~~%7 Ku,0, 1.77x10 [bar™]
AHy,o 88.68 [kJ mol 1]
. AHco _5 .
KCO = KCOO exXp | — RT KCOO 8.23 x 10 [bar ]
AHCO —70.65 [kJ molfl]
A,
Ky, = Ku,, exp (— R; ) K, 6.12 x 107 [bar™!]
AHy, —82.90 [kJ mol 1]
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Table 4.17. Kinetic rate expression for (6) steam reforming of propane.

CgHg + 3H,O = 3CO + THy AHS% = 498 kJ mol~! Nl/MgO—A1203 [68]

100 - 0.93 (100 . ~0.53
b= kgj( pegis) Z;izd [molm—3 s~ (4.55)
1+ 6(100 - pu,)

E
kg; = Koo exp <_R—;> ks, 2.14 x 101* [molm—3s~! kPa04]
Es 189.556 [kJ mol 1]
=1 [kPa—0-50]

Table 4.18. Kinetic rate expression for (7) steam reforming of methanol.

CHgoH + HQO — COQ + 3H, AHggg =49.5kJmol™! Cll/ZIlO—AlgOg [251]

0.647

vo= kY (107 pomon) " (11600 + 10° - prryo) [mol m—3s71] (4.56)
E
kY, = kry exp (—R—;) kr, 2.19 x 10°
[mol m—3 s~ bar?083]
E; 103.0 [kJ mol™!]

Table 4.19. Kinetic rate expression for (8) steam reforming of ethanol.

CyH;0H + H,0 = 2CO + 4H, AHY = 255 kJ mol ™! Ni/Al,O3 [84]
Ry = kg; - A/B [molm~—3s71] (4.57)
v E?
kgj = ]{]80 exp (_ﬁ) kSO 326 X 1016
Es 55.4 [kJ mol™!]
4 — (ceum,0m/1000) — (cco, /1000) (cg, /1000)°
K, 5 (¢11,0/1000)°

Kg, (¢co,/1000) (e, /1000)"°

B=1+ Ky, 1000
+ Ksa (cco,/1000) + (ci.0/1000)

Ky, = 4.48 x 10
Ky, = 7.28 x 10°

ASy  Afy
Pre =P\ R~ Rr




Table 4.20. Kinetic rate expression
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for (9) steam reforming of n-heptane.

TL—C7H16 + 7HQO =7C0O + 15HQO

AHYs = 1108 kJ mol ™!

k
Ry; = ky; 9PCrH1 5 [molm™3s7] (4.58)
PO HygPH,y PH,0
[1 + R ( ;’Hzﬁo ) + Ko ( PHy >}

v Eqg -5 B I |
ky; = ko, exp ~ 5T ko, 2.22 x 10 [molkg_; s™! bar™!]
Fy 678 [1J mol 1]

Koq = 25.2 [bar™"]
Kq, = 0.077 _

Table 4.21. Kinetic rate expression

for (10) steam reforming of iso-octane.

iSO—Cngg + 8HQO = 8CO + 17H,

AHYs = 1274.8 kJ mol ™!
Ni/ALO; [261]

. kjil(]j \/(100 ) pCSHIS) (100 'szo)

RY =
10‘7 1 + KCSHISPCSH18 + KHQOpHQO

[mol kgc_alt 71

] (4.59)

k1o; = K10, €Xp <—%) K10, 141 [mol kg ,} s~ kPa™!]
Ey 46.079 [kJ mol™?]
Kogny, = Kegiyg, €Xp (—%) Koghys, 216 x 1072 [kPa~!]
AHcgm,, —18.525 [kJ mol~!]
Ku,0 = Ku,o0, €xp (—%) Ku,o0, 2.64x107° [kPa~!]
AHy,o —51.733 [kJ mol~1]
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Table 4.22. Kinetic rate expression for (11) ethane dehydrogenation.

CQHG = CQH4 + H, AH898 = 136.9kJ mol~*
Pd/ALO, [273)

Riy; = Ky (PCQHG - L;(H GpHQ) [mol kg s™] (4.60)
p,11
kY, : = k11, exp —ﬁ ki1 4.39 x 10°> [molkg,,} s~ bar™!]
11y 0 RT 0 cat
En 7558 kJ mol 1]
143410
K,11 = 1.096x10" exp <— 7T )

4.2.5.2. Surface Reaction Kinetics of Steam Reforming of Methane. The detailed sur-

face reaction mechanism for steam reforming of methane over a Rh/Al,O3 catalyst [272]
is given in Table 4.23. The mechanism consists of 44 elementary reactions with 6 gas-
phase and 13 surface-adsorbed site species. Even though the mechanism is elemen-
tary, it presents a complete model including the water-gas shift and carbon formation
(Bouduard) reactions. The temperature dependence of the reaction rate constants are
of Arrhenius-type. Their dependence on surface coverage of species m is also considered

in the following modified Arrhenius expression [274]:

RT; RT;

N,
E 1 m. em
ki, ;= Aks,ij’“S exp [— e ] H 10%m i g Hmik ey {—6 - } , m=1,2,..., N
J m=1

(4.61)

In Equation 4.61, 7, = pmr = 0 for all site species in all reactions whereas ¢, .,
the coverage-dependent activation energy assumes values different from zero in certain
reactions, as shown in Table 4.23. Values of the parameters Ay, ;, Ej, and (3, are given
in Table 4.23. The consumption/production rate of gas-phase and site species i due to

steam reforming is then defined by

Nsrxn Ng+N5 /

S _ " ’ V'L,ks,j . -

TSR = E (VZ-J%J - l/iJch) ki, ; | | a7 i,l=1,2,...,N,+ N, (4.62)
ks=1 =1

¢ijis equal to the product of the surface coverage 0;; and the surface site density I';.



Table 4.23. Reaction mechanism for steam reforming of methane

over Rh [272] (continued on the next page).

k?s Reaction

Ay, ,; (cm, mol, s) ‘ Bk,

Ej, (kJ mol™1)

Adsorption
1. | Hao+Rh(s)+Rh(s)— H(s)+H(s) 1.000 x 10022 0.0 | 0.00
2. | O2+Rh(s)+Rh(s)— O(s)+O(s) 1.000 x 10~02a 0.0 | 0.00
3. | CHs4+Rh(s)— CHa(s) 8.000 x 10~03a 0.0 | 0.00
4. | H20+Rh(s)— H20(s) 1.000 x 10012 0.0 | 0.00
5. | CO2+Rh(s)— CO2(s) 1.000 x 10~ 052 0.0 | 0.00
6. | CO+Rh(s)— CO(s) 5.000 x 10~01a 0.0 | 0.00
Desorption
7. | H(s)+H(s)—Hz+Rh(s)+Rh(s) 3.000 x 1012! 0.0 | 77.80
8. | O(s)+0O(s)—~O2+Rh(s)+Rh(s) 1.300 x 10722 0.0 | 355.20
9. | HaO(s)—H20+4Rh(s) 6.000 x 10113 0.0 | 45.00
10. | CO(s)—CO+Rh(s) 1.000 x 10713 0.0 | 133.40
bco(s) 50.0P
11. | CO2(s)—CO2+Rh(s) 3.000 x 10108 0.0 | 21.70
12. | CHy(s)—CH4+Rh(s) 2.000 x 10+14 0.0 | 25.10
Surface Reactions
13. | H(s)+O(s)—OH(s)+Rh(s) 5.000 x 10122 0.0 | 83.70
14. | OH(s)+Rh(s)—H(s)+O(s) 3.000 x 10120 0.0 | 37.70
15. | H(s)+OH(s)—H20(s)+Rh(s) 3.000 x 10120 0.0 | 33.50
16. | H2O(s)+Rh(s)—H(s)+OH(s) 5.000 x 10122 0.0 | 110.90
17. | OH(s)+OH(s)—H20(s)+0(s) 3.000 x 10121 0.0 | 100.80
18. | H20O(s)+O(s)—~OH(s)+OH(s) 3.000 x 10121 0.0 | 171.80
19. | C(s)+0O(s)—CO(s)+OH(s) 5.000 x 10123 0.0 | 97.90
20. | CO(s)+Rh(s)—C(s)+O(s) 3.700 x 10121 0.0 | 169.00
0co(s) 50.0P
21. | CO(s)+O(s)—CO2(s)+Rh(s) 1.000 x 10720 0.0 | 121.60
fco(s) 50.0P
22. | CO2(s)+Rh(s)—=CO(s)+O(s) 5.000 x 10121 0.0 | 115.30
23. | CO(s)+H(s)—C(s)+OH(s) 3.700 x 10121 0.0 | 142.76
fco(s) 50.0P
24. | C(s)+OH(s)—CO(s)+H(s) 3.700 x 10120 0.0 | 25.54
25. | CO(s)+H(s)—HCO(s)+Rh(s) 5.000 x 10119 0.0 | 108.90

# Sticking coefficient.

> Coverage-dependent activation energy.
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Table 4.23. Reaction mechanism for steam reforming of methane

over Rh (continued from the previous page).

ks | Reaction Ay, j (cm, mol, s) | Br.| Er, (kJ mol=?)
26. | HCO(s)+Rh(s)—CO(s)+H(s) 3.700 x 10121 0.0 | 0.00
0co(s) -50.0P
27. | HCO(s)+Rh(s)—CH(s)+O(s) 8.000 x 10123 0.0 | 59.50
28. | CH(s)+O(s)—~HCO(s)+Rh(s) 3.700 x 10121 0.0 | 167.50
29. | CHy(s)+Rh(s)—CHs(s)+H(s) 5.500 x 10120 0.0 | 61.00
30. | CHj3(s)+H(s)—CHa(s)+Rh(s) 3.700 x 10121 0.0 | 51.00
31. | CH3(s)+Rh(s)—CHz(s)+H(s) 3.700 x 10124 0.0 | 103.00
32. | CHaz(s)+H(s)—CHs(s)+Rh(s) 3.700 x 10121 0.0 | 44.00
33. | CHa(s)+Rh(s)—CH(s)+H(s) 3.700 x 10124 0.0 | 100.00
34. | CH(s)+H(s)—CHz(s)+Rh(s) 3.700 x 10124 0.0 | 68.00
35. | CH(s)+Rh(s)—C(s)+H(s) 3.700 x 10121 0.0 | 21.00
36. | C(s)+H(s)—CH(s)+Rh(s) 3.700 x 10121 0.0 | 172.80
37. | CH4(s)+O(s)—CHsz(s)-+OH(s) 1.700 x 10124 0.0 | 80.34
38. | CH3(s)+OH(s)—CHy(s)+O(s) 3.700 x 10121 0.0 | 24.27
39. | CH3(s)+O(s)—CHa(s)-+OH(s) 3.700 x 10124 0.0 | 120.31
40. | CHaz(s)+OH(s)—CHjz(s)+O(s) 3.700 x 10121 0.0 | 15.06
41. | CHa(s)+O(s)—CH(s)+OH(s) 3.700 x 10124 0.0 | 114.50
42. | CH(s)+OH(s)—CHz(s)+O(s) 3.700 x 10121 0.0 | 36.82
43. | CH(s)+O(s)—=C(s)+OH(s) 3.700 x 10121 0.0 | 30.13
44. | C(s)+OH(s)—CH(s)+O(s) 3.700 x 10121 0.0 | 136

* Sticking coefficient.

> Coverage-dependent activation energy.
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Adsorption rate constants are calculated from the following expression that involves

an initial sticking coefficient S ; [274]:

4.2.6. Physical Properties

(4.63)

Physical properties of the fluid mixtures, the catalytic washcoats and the sep-

arating walls (fins) are needed for solution of the transport equations. The reacting
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fluids are mixtures of a hydrocarbon fuel, steam, carbon oxides, hydrogen, nitrogen
and oxygen in the case of methane ATR. The mixture-averaged fluid viscosity is given

by [275]:

Ng

T fhg
/’l" — - @
’ Z Z;V:gl TPy

i=1

(4.64)

J

with

2
1 M L2 p 1/2 M, 1/4
By=— (1422 14 (2 e 1=1,2,....N
: \/§< +Mz) [ +(Ml) (Mz) ' !

Dynamic viscosity of species ¢ in channel j is calculated from [276]

V103M;,;T;;
pi; = 2.6693 x 1076 Y——2-Y (4.65)

2

where the values of the collision diameter w; and the collision integral €2; are taken

from [276].

Thermal conductivity of the gaseous mixture in channel j is calculated using [277]

Ng

x:k;
k= (4.66)
; S wa®y ;

k;;, is obtained from [276]

¥Rl

/1073T; / M;;
kij = 8.3224 x 10—4# (4.67)

2

D; 1, is calculated by [277]

1-Y

0 14 (4.68)
Ny )

/[:7mj pr—
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Dy, for the multicomponent gas mixtures are given by [278§]

1075737 (3 + 5 ) v

Dy ;= d S 5 (4.69)
1/3 1/3
P () + (o]

Here, p; is the operating pressure in channel j and () v), is the sum of the atomic

diffusion volumes for species i. The effective diffusivity, Deg ;i m;, in the porous catalyst

washcoats are calculated from [279]

Ceaty | 1 1]
Deﬁim' = catyy |: + :| 4.70
o Teatj | DK,ij  Dimj ( )
Dk ;; is a function of the average pore diameter dpq. j, molecular weight of the species
and the temperature [279]:
T.

DK,ij = 48-5dpore,j ﬁj (471)

v

Density of the gaseous mixtures are calculated using Eq. (4.72), assuming they

behave ideally under atmospheric pressure and high temperatures:

pijn M;

P1i = Torm (4.72)
J

The surface area-to-volume ratio A,; of the Rh catalyst used for steam reforming

in modeling of methane ATR is determined by

SpET W,
Asj:%{wﬂ (4.73)
5]

The viscous and inertial loss coefficients «; and Cy; in Equation 4.32 can be



Table 4.24. Values and estimation methods of the physical properties of the

fluids, catalysts and fin materials used in spatially segregated reactors for steam

reforming of different fuels.
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Property Value/Formula Unit Reference
Pfj pfj = p]]%—j{\;/[nj kgm™3 This work
Ps; 1109.5 (Pt/5-A1,03), 1205.8 (Ni/s-A1,05) | kg m ™3 [280]

a; 1x 1078 m? [281]

Cent.j 0.4 — [282]
Dimijs Dettimg | 1.8 x 1075, 5.35 x 10~ m2s1 207]

i Equation 4.64 kgm~ts™! | [275]

Heft,j I kgm~'s™! | This work
ky; Equation 4.66 Wm K| [277]

ksj (Al20s) 27 Wm K=t | [280]

Keft,; Equation 4.43 Wm~! K~ | This work
Cpy; e, =A+B-T;+C-T?+D-T} | Jkg 'K | [283]

Coy, Cppy = 007 T - €y Jkg 'K | [283]

Cp,; (Al2Os3) 900 Jkeg 'Kt | [280]

Cpu 900 (Al203), 475 (AISI Steel), 440 (ron) | Jkg™' K™™' | [280]

Eu, 27 (Al;03), 44.5 (AISI Steel), 76.2 (fron) | Wm™ 1K1 | [280]

obtained from
by &
= Ty (4.74)
3.5(1—¢€j)
Cy; g, & (4.75)

since the first and second terms on the right-hand side of Equation 4.32 can be matched

to those in the Ergun equation for flow in pipes filled with spherical particles [284].

Even though the approach followed in modeling of spatially segregated and spa-

tially integrated microchannel reactors are similar such that it involves simultaneous

solution of momentum, mass of species and energy equations, slight differences in esti-
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Table 4.25. Values and estimation methods of the physical properties of the
fluids and catalysts used in spatially integrated reactors for autothermal

reforming of methane.

Property Value/Formula Unit Reference
Pfj pfj = p]]%—j{\;/[nj kgm™3 This work
@ 7.37 x 107! using Equation 4.74 | m? This work
Cy; 7.54 x 10* using Equation 4.75 m~! This work
€cat,js Teat,j - 0.58, 8.1 — [285]

D; 1js Degiimj | Equations 4.68 and 4.70 m? s This work
i Equation 4.64 kgm~ts™! | [275]
SBET.j, dpore;” | 95, 2.61 x 1078 m?g~! m [286]

T, 2.77 x 107° mol m ™2 [287]

Ag;j 1.24 x 108 m~! This work
Vsj 8 x 107? m~3 This work
Wg; 10.44x 1073 (Rh), 15.21x 1072 (Pt) | g This work
s, dp; 100 x 1076 m This work

* Obtained with non-catalytic v-Al3Os.
> Obtained with Rh/§-Al>Os.

mates of the physical properties (e.g. €cat j, @, Dim;) arise depending on how flow in
porous media (Section 4.2.3) and reaction kinetics (Section 4.2.5)are incorporated into
the models. Values of the physical properties of the fluid mixtures, catalytic washcoats
and, material of the separating wall (fin), if present, are required for the solution of
the model equations. These are provided in Table 4.24 for combustion-assisted steam
reforming of methane, propane, methanol, ethanol, n-heptane and iso-octane, and
ethane dehydrogenation in spatially segregated systems. Table 4.25, which presents
physical property information for use with the spatially integrated system, has some
extra properties listed (e.g. tortuosity, BET surface area). Since methane ATR, the
reaction scheme taking place in the integrated system, is run isothermally, the thermal

properties (e.g. ¢, Cp,;, kyj) are not needed.
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4.2.7. Microchannel, Catalyst and Flow Configurations for Coupled Sys-

tems

Table 4.26 shows reactor data and the operating conditions for each system mod-
eled, the latter of which are listed in boldface in the second half of the table. Reactor
data comprise the length (L;), width (IW/;) and height (H;) of the microchannels,
separating wall (fin) thickness (WWT'), thickness of the catalytic washcoats
(0s7), specification of flow direction in each channel with respect to the other (co- or
counter-current), and specification of presence or absence of micro-baffles within
the flow-by volumes. Since methane ATR is carried out in a spatially integrated reac-
tor, there are no entries in the cells corresponding to wall thickness and material, and
flow configuration. A single value in a cell indicates that the property is common both
to the exothermic and endothermic reaction channels in a unit cell. This is the default

case with the channel dimensions and the thickness of the catalysts.

Temperatures, fuel flow rates, oxygen-to-carbon (O : C) or steam-to-carbon
(S : C) ratios at each channel inlet are the specified operating conditions along with
the inlet pressures which are atmospheric (not shown in Table 4.26). The top entry
in a cell is related to the exothermic reaction while the bottom entry relates to the
endothermic reaction. Two different definitions exist for the oxygen-to-carbon and
steam-to-carbon ratios. One definition states that they are equal to the number of
moles of molecular oxygen or steam divided by that of the fuel. In the other definition,
the number of moles of fuel is replaced by the number of moles of carbon atoms in the
fuel molecule. Both definitions are frequently encountered, and hence the inlet ratios
are given in terms of both. Since steam is not needed during ethane dehydrogenation,

the S : C entry in Table 4.26 is replaced by Ny : C.

In combustion-reforming integration of propane, methanol and ethanol, a total of
nine 2 mm-wide, equally-spaced micro-baffles that are considered to be integral parts
of the metallic walls, extend 190 pm into the microchannels on each side, as shown in
Figure 4.4. Coupling of methane combustion and iso-octane reforming is also carried

out in a reactor with nine pairs of micro-baffles of width 2mm and length 100 pm.



Table 4.26. Reactor data and operating conditions for cases demonstrating spatially coupled reactor/heat exchange systems.

CH, COMB | CH; COMB C3Hg COMB | CH30H COMB | CoH5OH COMB| CH4 COMB | CH4; COMB
CH, SR CoHg DEHYD | C3Hg SR CH30H SR CoH5OH SR Nn-CrH1g SR | 1S0-CgHig SR CHy ATR
Model 2D AS 2D AS 2D 2D 2D 2D 2D & 3D 3D
L, [m] 0.05 0.05 0.1 0.1 0.1 0.1 0.1 0.02
W; [pm] 2802 280* 280 — 560 280 — 560 280 — 560 400 280 — 560 | 4000
H; [pm] 280 280 280 — 560 280 — 560 280 — 560 400 280 — 560 | 750
WT [pm] 400 400 100 — 400 100 — 400 100 — 400 200 100 — 400 | —
Wall [pm] AISI Steel AISI Steel AISI Steel AISI Steel AISI Steel AISI Steel Al 03, —
material AISI Steel, Iron | Single channel
Js; [pm] 60 60 60 60 60 60 60 100
Flow Co-current Co-current Co-current Co-current Co-current Counter- Co-current —
config. current Single channel
Micro-baffles | No NO YES, 9 YES, 9 YES, 9 NO YES, 9 NO
190pm x 2 mm 190pm x 2 mm 190pm x 2 mm 100pm x 2 mm
. 900 900 673 473 500 850 800
T; K] 785 923 623 473 473 750 800 500 =650
Fj 4x107 [52x107 [1.24x1077 [1.24x107 [1.24x107 [1.5x10°® [4x10° |[2.31—4.62
[mols~] 1.24x 1079 1.16 x 107% | 1.24 x 107 | 1.24 x 107 | 1.24 x 10~7 [ 1.5x 107 |4x 108 | x10°°
m o FR 2.0 2.0 6.0 4.0 6.0 2.0 2.0 0.47 — 0.63
(Og: O) (2.0) (2.0) (2.0) (4.0) (3.0) (2.0) (2.0) (0.47 — 0.63)
Fp,;:Fr [25 0.25" 9.0 1.0 6.0 21.0 24.0 0—3.0
(S:C) (2.5) (0.125)" (3.0) (1.0) (3.0) (3.0) (8.0) (0 —3.0)

* Cylindrical microchannels with W; = H; = D;.

b in . pin
FN2L7‘ DB =

j

0.25. Inert No fed to dilute the stream. No steam fed in ethane dehydrogenation.
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4.2.8. Sizing and Other Considerations

Sizing of the microchannel reactors is based on the principle of numbering-up
of the catalytic microchannels. This is handled by dividing the targeted flow rate
of the product (hydrogen, syngas or ethene) by the flow rate at the exit of a single
steam reforming or dehydrogenation channel, which gives the number of reforming or
dehydrogenation channels required. The total number of channels (combustion and
reforming or dehydrogenation) is found by doubling this value, which is then used
together with the channel dimensions and wall thickness to calculate the size of the

microchannel block.

The water-gas shift and CO oxidation reactors, assumed to be of packed-bed type,
are required to clean up the reformate stream leaving the reformer (Figure 4.1) during
the fuel processing of n-heptane for fuel-cell-grade hydrogen production (Section 4.1.1).
Their contributions to the overall fuel processor volume are determined by reactor
simulations using the one-dimensional fixed-bed reactor model (see Equation 4.79-81):
the catalyst weight in each of the reactors is calculated via a trial-and-error procedure
until the effluent stream meets the termination criteria, which are set as the limits of
CO exit concentrations in the pertinent units and their operating temperature ranges
(Section 4.1.1.2). The high- and low-temperature water-gas shift reaction runs over Fe-
and Cu-based catalysts, respectively. The preferential CO oxidation is considered to
run over a Cu-based catalyst. The rate expressions for the high- and low-temperature

water-gas shift reactions are adopted from [255] and [256], respectively,

B T K% poopn,o
v v Pco.Pu
Rirs = kirs <PcopH20 - W) (4.77)
eq

and the kinetics of CO oxidation in a hydrogen-rich stream is described using the rate
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expression proposed by Sedmak et al. [259]:

kprox KcoKo,pcop;
0.5Kcopco + Ko,ph2

(4.78)

v —
PROX

The heat exchangers (HEX 1—6) integrated into the processor/fuel cell assembly
(Figure 4.1) are considered in terms of the heat load they are to undertake, instead of
their sizes. The percentage of heat recovery is taken to be 50% for all of the exchangers,
which is a reasonable assumption if they are to be comprised of parallel microchannels
[288]. The unconverted reactants n-heptane and methane and purged hydrogen are
assumed to be fully combusted over the Pt-based catalyst in the afterburner unit, so

it is also treated as a heat exchanger working with 50% heat recovery.

4.3. Decoupled Reaction/Heat Exchange Systems

Although they have significant beneficial features, microchannel reactors can
sometimes have disadvantages when their routine use in commercial practice, which
is at its infancy, is considered. The catalysts buried in the microchannels cannot be
easily replaced upon deactivation. Moreover, the small channels are subject to the
risk of blockage due to effects such as carbon formation [76]. However, some of these
difficulties can be avoided by the use of a second type of microchannel system, the
cascade reactor array [24,25]. This system consists of multiple adiabatic beds contain-
ing catalysts linked by microchannels in which only heat exchange occurs (Figure 4.8).
One set of reactors and microchannels are associated with the desired reaction (e.g.
steam reforming), and one set with catalytic oxidation, the channels connecting the
reactors being arranged parallel to the reforming channels in order to facilitate heat
transfer. The concept of using catalytic reactor beds with interstage heat transfer to
achieve higher conversions is a classic approach, and has industrially established ex-
amples such as oxidation of SO, to SO3. However, the cascade reactor system is novel
since it employs microchannel technology in its heat exchangers, and is an intensified
variant of an existing concept [25]. Combustion-assisted steam reforming of n-heptane

and of methane, and ethane dehydrogenation to be used as demonstrative processes in
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EXOTHERMIC

Adiabatic Fixed-Bed
Reactors

Microchannel Heat
Exchangers

e Adiabatic Fixed-Bed
ERR Reactors

Reactor Pair (1) 2) (n)
ENDOTHERMIC

Figure 4.8. Description of the cascade reactor configuration.

decoupled reaction/heat exchange systems are detailed in Sections 4.1.1.2, 4.1.2.1 and

4.1.3, respectively.

The cascade configuration has some advantages over the microchannel reactors.
Catalyst, particulate or monolithic type, is placed in slots within a heat exchange
block, thus avoiding the need to redistribute the reactants after each heat exchange
stage and allowing facile replacement of deactivated catalyst. The heat transfer zone
and catalyst volume are decoupled, and can independently be varied. This system offers
some operational advantages; it is beneficial for reactions demanding strict temperature
control as the bed sizes can be arranged together with the amount and distribution of
reactant flows to obtain the desired temperature profiles. Furthermore, it is possible,
by appropriate design, to inject reactants as the fluid passes through the series of
multiple beds. Desired conversion levels can be obtained by increasing the number of
reactor-heat exchanger stages, which is limited only by excessive pressure drop along
the array. The size of the cascade systems may be comparable to microchannel reactor

arrays, and is certainly smaller than the conventional plants [24,25].

4.3.1. Design of Cascade Reactors

The cascade design procedure primarily has a trial-and-error nature. Starting

with assumed sizes of adiabatic packed-beds in the exothermic and endothermic re-
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action arrays, the outlet temperatures from each bed pair are determined. The inlet
temperatures to the subsequent pair are then assigned, which also dictates the amount
of interstage heat transfer. The procedure is repeated until the number of bed pairs
sufficient to achieve the desired conversion is calculated. If certain process constraints
are violated or desired conversion cannot be achieved with an acceptable number of
stages using the given configuration, the process is reiterated by varying the assumed

bed size and amount of interstage heat transfer.

Among the constraints the most restrictive one is the upper allowable limit of
methane combustion conversion, 20% [107], the exceeding of which creates conditions
that lead to thermal runaway and make it impossible to control the temperature pre-
cisely. Yet another but less stringent constraint is the aspect ratio of the beds which
dictates that the length-to-diameter ratio be in a reasonable range, and that the pres-
sure drop not be so high as to permit process infeasibilities. Thus, the reactors should
be sized such that combustion conversion and pressure drop in each bed are limited
to 20% and 1%, respectively. A one-dimensional pseudohomogeneous reactor model
is used for the simulation of the adiabatic operation in the fixed-bed reactors. The

working equations are

dF;;

dwsj

— Ry, (4.79)

dz} _ Zkvixln( AH’%) kv,j
dwsj ZNq F pr

(4.80)

dpj . 60 T ZNQ F

dws; a Ay (1— €j)ps1 p] Tg Z,le lejn

(4.81)

subject to the initial conditions

Fy=Fy, T;=T" p=p’ at wy; =0
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The notation is similar to that used in microchannel modeling such that ¢ denotes
the species, j, the exothermic or endothermic operation line, and k,, the particular
reaction(s) in each line. Rate expressions are the same as those for rate calculations in

microchannel reactors (Section 4.2.5.1).

The design of microchannel heat exchangers linking the catalytic beds differs
slightly from the microchannel reactor design in that only the fluid-phase momentum,
species mass and energy equations, and energy equation in the walls are considered
due to the absence of catalytic porous media (Eqs. (4.26)-(4.28), (4.38), (4.41) and
(4.46)). The representative unit cell of the heat exchangers is similar to the straight-
through microchannel configurations shown in Figures 4.4 and 4.6, and involves two
adjacent square or cylindrical channels in which the hot and cold streams flow co-
currently, and the separating steel wall. The variables available for adjustment are
the lengths and cross-sectional areas of the channels. Inasmuch as heat loads at the
intermediate exchange stages are variable, design is suited to the highest one. Sizing of
the microchannel heat exchangers in the cascade system is done by dividing the total
flow leaving each catalytic bed by flow through a single pair and by calculating the
number of channels that meets the actual load. Owing to the interstage temperatures
that are determined during the phase of sizing the beds, the heat load is known prior
to heat exchanger design. Flow through a single pair of microchannels, or equivalently
the number of microchannels is assumed initially. With the channel dimensions set, the
transport equations are solved as explained above. The length and cross-sectional area
are varied until the exit criteria (inlet temperatures to the subsequent pair of beds)
are met. If the acceptable sets of variables cannot meet the criteria, the number of

channels is changed and the procedure is started all over again.

4.4. Numerical Solution Techniques

This section focuses on the solution methods of the model equations set forth in
Sections 4.2.3 and 4.3.1 describing transport phenomena and reaction in microchannels.
Brief information is provided on the general use of computational fluid dynamics (CFD)

techniques, and the finite element and finite volume methods are introduced in a
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nutshell. Model solutions are obtained with two commercial CFD packages, Comsol
Multiphysics’ " and ANSYS FLUENT'", which make use of the finite element and

finite volume methods, respectively.

4.4.1. What is CFD?

Computational fluid dynamics is the general term coined for the computer-based
analysis of systems involving fluid flow, heat and mass transfer and associated phe-
nomena such as flow in porous media and chemical reactions [289]. Catalytic reaction
engineering is among the many application areas of the CFD analysis such that all
the physical phenomena listed above occur and are intermingled. Ubiquity of high-
performance computing and commercial softwares has led to a notable increase in the
number of works that seek solutions to reaction engineering problems using CFD tech-
niques. Moreover, CFD has several unique advantages over experimental rigs and pilot

plants [289]:

e reduction in lead times and costs associated with new designs

e ability to analyze systems when controlled experiments are difficult or impossible
to perform (e.g. very large systems, chemical systems near explosive limits)

e practically unlimited level of detail of results

e production of extremely large volume of parametric results at virtually no added

expense

4.4.2. How Does CFD Work?

Numerical algorithms that are developed to handle fluid flow problems are at the
heart of CFD codes [289], which discretize the problem on a given grid that represents
the model geometry, and then solve the resulting system of equations in order to obtain
the nodal values of the field variables, e.g. velocity. Even more, most commercial CFD
packages are able to examine, display and visualize the results. A complete CFD
code contains three main elements [289]: (i) a pre-processor, (ii) a solver, and (iii) a

post-processor.
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4.4.2.1. Pre-processor. The pre-processing stage involves:

e definition of the geometry (e.g. unit cell of the microchannel reactor) or the
computational domain

e generation of a g¢rid consisting of smaller, non-overlapping subdomains called
elements or cells

e association of the physical and/or chemical phenomena with each group of sub-
domains and specification of the boundary conditions

e definition of fluid properties and incorporation of constitutive and user-defined

functions (e.g. multicomponent diffusivities, rates of chemical reactions)

Solution to a flow problem is defined at nodes inside each element (cell). In
general, it can be said that the larger the number of elements, the better the solution,
since the accuracy of a CFD solution is governed by the number of elements in the
grid. Moreover, some field variables go through rapid variations in certain regions
in the domain, for example, as in the case of fast, exothermic combustion reactions.
This necessitates the refining of the grid, or increasing the number of elements in that
region. Refining continues until the solution is guaranteed to be grid-free. These add
to the computational cost associated with the CFD solution of the problems, which

itself sometimes needs to be optimized.

4.4.2.2. Solver. The solvers that come with commercial softwares such as Comsol

MultiphysicsTM and ANSYS Fluent essentially carry out the following tasks [289]

using the finite element and finite volume methods:

e conversion of the resulting equations into a system of algebraic equations (dis-
cretization)

e solution of the algebraic equations by an iterative method
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The following balance equation in an arbitrarily chosen element or cell can be

written for a general flow variable ¢, e.g. a velocity component or enthalpy:

- - Net rate of Net rate of - -
Rate of change Net rate of
increase of increase of
of ¢ in the creation of
¢ due to ¢ due to o
control volume | = o + . + | ¢ inside the | (4.82)
convection into diffusion into
with respect to control
. the control the control
time volume
- - | volume ] | volume - -

CFD codes apply discretization schemes suitable for the treatment of transient trans-
port phenomena, convection and diffusion as well as for handling source terms as-
sociated with consumption or production of species due to chemical reactions. The
underlying physical phenomena are complex and highly nonlinear (owing to convection

and source terms) so an iterative solution procedure is required.

4.4.2.3. Post-processor. Due to the increasing graphics capabilities of computers, ma-

jor CFD packages now come with detailed data visualization tools that include

e display of domain geometry and the grid
e vector, 2D and 3D surface plots

e particle tracking

e translation, rotation and scaling of plots
e high-resolution PostScript output

e animation of time-variable results

4.4.3. The Finite Element Method

The finite element method is based on the integral formulation of the governing
partial differential equations, which is proved to be advantageous in providing a more
natural treatment of Neumann boundary conditions and discontinuous source terms

due to the less stringent requirements of regularity and smoothness of the solution [290].
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The general partial differential equation (PDE)

n

L= a" () 82 ng +3 0 (@) Ou @ te(x)u(z) =s (4.83)

ij=1

in some domain €2 C R” is in its strong form. The integral form is given by

/0 L () w ()i = /0 ' sw (2)de (4.84)

where the choice of the weight function w (x) defines the type of scheme.

Edge
Element

Node

Figure 4.9. Typical finite element grid [291].

In the finite element method, the domain of interest Q = {z: 0 <z < 1} is dis-
cretized into N — 1 elements Q; = {x : x;_1 < x < x;} of various shapes, e.g. triangles,
quadrilaterals (Figure 4.9). Each element is formed by the connection of a certain
number of nodes. The number of nodes forming an element depends on the type of

element (or interpolation function).

The approximate solution is represented by

N

u’ (z,1) = > u; (t) Ni(z) (4.85)

i=1
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where the set of functions N; (x) is known as the expansion basis. Its support is defined
as the set of points where V; (x) # 0. Expansion bases with compact support, which are

piecewise continuous polynomials within each element are shown in Figure 4.10 [290].

~u, X 1
[ ® ® ® ® * ® ® —> X
AN
+UJ'X \1
® ® ® ® * * ® —>» X
|
+Up X |1
® * ® ® ® * * ® —> x

Figure 4.10. A piecewise linear approximation u® (z,t) = S°N  u; (t) N;(x) [290].

The global shape functions N; (x) can be split within an element into two local
contributions of the form shown in Figure 4.11. These individual functions are referred

to as the shape functions [290,291].

4.4.3.1. Galerkin FEM. The weight function in Equation 4.84 is set to be the same

as the basis function N; (x), i.e., w(z) = N; (z). Assuming £ (z) = uy, = s(z) in the

domain €2 with boundary conditions u (0) = a and u, (1) = g, Equation 4.87 becomes

/0 o () Uged = /0 o () sdz (4.86)
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Figure 4.11. Shape functions for the finite element method [290].

Integrating the left-hand side by parts gives the weak form [290]

—/0 wxuxd:c—i—w(l)ux(l)—w(O)ux(O):/0 w(@)s(@)de  (4.87)

In two and three dimensions, Gauss’ divergence theorem is used to obtain a similar

result.

Boundary conditions in the finite element method is implemented into the dis-
cretized equations rather conveniently. The Neumann boundary condition of u, (1) = ¢
is simply substituted into Equation 4.87, which leads to symmetric matrices. The
Dirichlet boundary condition u (0) = « can be applied by imposing u; = a and requir-
ing that w (0) = 0. The weight functions w (x) are, as a general rule, imposed to be
zero at Dirichlet boundaries.

With u (z) ~ v’ () = N, u;N, (z) and w (z) = N; (z), Equation 4.87 becomes

J=1

1 N 1
dN; dN;
—/0 o (x) ;:1 ujd—:cj (x)dx = /0 N; (z) s (x)dx i=2,...,N (4.88)
which represents a linear system of N —1 equations with N —1 unknowns: {us,...,uy}.

The integrals in Equation 4.88 are calculated as sums of integrals over the elements §2;.

Since the basis functions have compact support, as shown in Figure 4.10, their value
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and derivatives are different from zero only on the elements containing the node i, i.e.,

T Tio1 < T < x;
N (z) = i-1 (4.89)
T, < T < Tijgq

Al‘i
L <xr <
Ti— X ZT;
de L ci<n |
A$i % i+1

with Az; 1 = x; — ;1 and Ax; = ;.1 — x;. Then the only integrals different from

zero in Equation 4.88 are

e, dx YT Y )

Fit1 dNZ dNZ dNi-l—l

ZT; Ti4+1
= / N;sdx + N;sdx
Ti—1

Ty

Using the equalities in Equation 4.89, the right-hand side is equal to

i — X; Titl ., _
"= /gg_ xATZU_Z?S@)dx +/x %S@)dw (4.92)

i

which, when integrated, becomes

A1 Az
F:< i x) 5 (4.93)

2 2

Upon required substitutions and algebraic manipulations, the discrete form of Equa-
tion 4.91 is obtained:
Wi — Uim1 Uip — U Az + Ay

_ = ; 4.94
Al’ifl + A.I‘Z 2 % ( ) )
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Figure 4.12. One dimensional finite elements. (a) A linear element, (b) a quadratic
element, (c) linear and (d) quadratic variation of field variable ¢ over an element,

O—Element. e—Node [291].

4.4.3.2. Elements and Shape Functions. Polynomial-type shape functions are widely

used because they can be integrated, or differentiated, easily and the accuracy of the

results can be improved by increasing the order of the polynomial (Figure 4.12¢,d).
(i) One-dimensional linear elements
Consider the variation of a field variable ¢ over a typical linear element with end
nodes ¢ and j, and with corresponding values of the variable denoted by ¢; and ¢;,
respectively [291]. The linear variation in the element is represented by

¢ () = a1 + azx (4.95)

where ¢ is the value at any location x and the parameters a; and as are constants.

As there are two arbitrary constants in the linear representation, it requires only two



nodes to determine a; and ay [291]:

Oi = a1 + apx;

¢j = a1 + Qa;j

The parameters are then

O[lz(sz (b_] 1
Tj — Ty
O — P
Qg = ———
Tj — Xy

Substitution of oy and ay into Equation 4.95 gives

¢:¢i[”€j—x}+¢j{x_‘”]

xj—xi SL’]'—SL’Z'

or

i
¢ = Nig; + N;j¢; = [ Ni N;j }
;
where N; and N; are called shape functions [291].
Equation 4.99 can be rewritten as

¢ = [N {¢}

where
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(4.96)

(4.97)

(4.98)

(4.99)

(4.100)

(4.101)
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is the shape function and

{¢} :{ zj } (4.102)

is the vector of unknown values of ¢.
Equation 4.99 shows that ¢ at any location x can be calculated using the shape

functions N; and N; evaluated at x. The shape functions at different locations within

an element are given in Table 4.27.

Table 4.27. Properties of linear shape functions.

Item Node, i Node, j Arbitrary z
N; 1 0 between 0 and 1
N; 0 1 between 0 and 1
N; + N; 1 1 1

The two essential requirements of the properties of the shape functions of any

element in one, two or three dimensions are that

e at the node of interest the shape function assumes a value of unity, and at all
other nodes, zero
e sum of all the shape functions in an element is equal to unity anywhere within

the element including the boundaries

Figure 4.13 shows the variation of the shape functions and their derivatives within a
linear element. A typical linear variation of ¢ is also shown. The derivatives of the

shape functions are evidently constant within an element.

One-dimensional quadratic, and two-dimensional triangular shape functions are
explained in detail in Appendix C. Information on higher-order and three-dimensional

elements can be found in [291].
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Figure 4.13. Variation of shape functions, ¢ and derivatives within a linear

element [291].

4.4.3.3. Solvers. The solvers employed by Comsol Multiphysics' (henceforth referred

to as Comsol ) for the solution of the assembled matrices in the finite element method
break down the problem—whether linear or nonlinear—into one or several linear systems
of equations by approximating the given problem with a linearized problem [280].
Whether working on a stationary or time-dependent model, the solver spends most
of its time solving one or several systems of linear equations. Because the number of
unknowns in these systems is usually very large, the most important solver parameter
setting concerns the choice of the linear solver. The linear solvers available in Comsol"

and their capabilities are tabulated in Table 4.28.

The direct solvers PARDISO, UMFPACK, SPOOLES and TAUCS Cholesky are
preferable for 1D and 2D models, and for 3D models with the degrees of freedom
between 100000 and 1000000. The direct solvers solve a linear system by Gaussian
elimination. This stable and reliable process is well-suited for ill-conditioned systems.
The elimination process sometimes requires large memory resources and long computing

times, an effect particularly noticeable for 3D models [280]. The spatially segregated



Table 4.28. Linear system solvers in Comsol [280].

Linear
system

solver

Usage

Direct solvers

UMFPACK A highly efficient direct solver for nonsymmetric systems
SPOOLES An efficient direct solver for symmetric and nonsymmetric sys-
tems which uses less memory than UMFPACK
PARDISO A highly efficient direct solver for symmetric and nonsymmetric

systems that often uses less memory than UMFPACK
PARDISO An out-of-core version of PARDISO that stores the LU-factors
out of core on disk
Cholesky An efficient direct solver for symmetric, positive-definite systems
(TAUCS)

Iterative solvers

GMRES An iterative solver for nonsymmetric problems

FMGRES An iterative solver for nonsymmetric problems which can handle
more general preconditioners but also uses more memory than
GMRES

Conjugate An iterative solver for symmetric positive definite problems

gradients

BiCGStab An iterative solver for nonsymmetric problems which uses a fixed
amount of memory independent of the number of iterations.

Geometric An iterative solver for elliptic or parabolic problems

multigrid
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microchannel reactor models introduced in Section 4.2.1 are solved using the finite
element method on Comsol™" with the direct linear solvers UMFPACK [292,293] and
PARDISO [294].

4.4.4. The Finite Volume Method

Like the finite element method (Section 4.4.3), the finite volume method is based
on the integral formulation of the partial differential equations describing the system.

The solution strategy involves

e discretization of the solution domain into control volumes (cells)

e integration of the equations on the individual control volumes in order to reduce
them to algebraic equations for the dependent (unknown) variables (e.g. velocity,
pressure, etc.)

e linearization of the discretized equations and solution of the linear system(s) of
equations in order to update the values of the variables until convergence criteria

are met

The solution strategy is somewhat varied by the last step above since the approach

used to linearize and solve the discretized equations differentiates from solver to solver.
The two commonly employed solvers in the finite volume method are [295]

e the pressure-based solver

e the density-based solver

In both methods the velocity field is obtained from the momentum equations.
In the density-based approach, the continuity equation is used to obtain the density
field while the pressure field is determined from an equation of state. On the other
hand, the pressure-based solver extracts the pressure field by solving the pressure or
pressure correction equation, which is obtained by manipulation of the momentum and

continuity equations [295].
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The methane ATR model (Section 4.2.2) is solved by the finite volume method
employing the pressure-based solver that specifically uses the SIMPLE algorithm. Be-
low is an overview of this solver and the required discretization schemes associated
with it. For details of the density-based solver, the reader is referred to the ANSYS
FLUENT 14.0 User’s Guide [295].

4.4.4.1. Discretization and Solution of the General Scalar Transport Equation. Con-

sider the unsteady conservation equation for transport of a scalar quantity ¢ written

in integral form for an arbitrary control volume V' [295]:

/V gf W f”‘bv dA = j'{ L VordA + / SedV (4.103)

where p is the fluid density, v the velocity vector, A, the surface area vector, I'y,
the diffusion coefficient for ¢, V¢, the gradient of ¢, and Sy, the source of phi per
unit volume. Discretization of Equation 4.103 on an arbitrary control volume, or cell

(Figure 4.14), yields

N, Ny
8 (b aces aces
gt V+ Z prf¢f Af = Z P¢V¢f Af + S¢V (4104)
f

where Np,ces is the number of faces enclosing the cell, ¢y, the value of ¢ convected
through face f, pyvy - Af, the mass flux through face f, l&f, the area of face f, Voy,
the gradient of ¢ at face f, and V', the cell volume.

The discretized scalar transport equation (Equation 4.104) contains the unknown
scalar variable ¢ at the cell center as well as the unknown values in the surrounding

neighboring cells. This equation will, in general, be nonlinear with respect to these

variables. A linearized form of Equation 4.104 can be written as [295]
app = G + b (4.105)
nb

where the subscript nb refers to neighboring cells, and ap and a,, are the linearized
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Figure 4.14. Control volume used to illustrate discretization of a scalar transport

equation [295].

coefficients for ¢ and ¢,,. The number of neighbors for each cell depends on the grid,
but will typically equal the number of faces enclosing the cell except for boundary
cells. Similar equations can be written for each cell in the grid, which result in a set of

algebraic equations with a sparse coefficient matrix.

e Spatial discretization

Discrete values of the scalar ¢ are stored at the cell centers (¢y and ¢; in Fig-
ure 4.14) by default. However, face values ¢, are required for the convection terms in
Equation 4.104, and must be interpolated from the cell center values. This is accom-
plished using an upwind scheme. Upwinding means that the face value ¢ is derived
from quantities in the cell upstream relative to the direction of the normal velocity
v, in Equation 4.104. The diffusion terms in Equation 4.104 are discretized using the

central differencing scheme, and are always second-order accurate.
(i) First-order upwind scheme
When first-order accuracy is sufficient, quantities at cell faces are determined by

assuming that the cell-center values of any field variable represent a cell-average value

and hold throughout the entire cell; i.e., the face quantities are identical to the cell
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Figure 4.15. Variation of ¢ between x = 0 and x = L for a one-dimensional

convection-diffusion problem [295].

quantities. Thus, when first-order upwinding is applied, the face value ¢y is set equal

to the cell-center value of ¢ in the upstream cell.
(ii) Power-law scheme

The power-law discretization scheme interpolates the face value of ¢ using the

exact solution to a one-dimensional convection-diffusion equation [295]

9 8 .00

. (pug) = %r% (4.106)

where I and pu are constant across the interval 0z. Equation 4.106 can be integrated
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to yield the following solution describing how ¢ varies with x:

¢(x) — o _ exp (Pef) — 1 (4.107)

oL — do exp (Pe) — 1

where ¢g = ¢|,_, ¢ = ¢|,_;, and Pe is the Peclet number, Pe = puL/T.

The variation of ¢ () betwen x = 0 and x = L is depicted in Figure 4.15 for a
range of Pe, which shows that for large Pe, the value of ¢ at © = L/2 is approximately
equal to the upstream value. This implies that when the flow is dominated by convec-
tion, interpolation can be accomplished by letting the face value of a variable be equal

to its upstream value.

(iii) Second-order upwind scheme

When second-order accuracy is desired, quantities at cell faces are computed using
a multidimensional linear reconstruction approach [295], where higher-order accuracy
is achieved at cell faces through a Taylor series expansion of the cell-centered solution

about the cell centroid. The face value ¢ is computed using the following expression:

¢rsou =9+ Vo-r (4.108)

where ¢ and V¢ are the cell-centered value of ¢ and its gradient in the upstream cell,
and T is the displacement vector from the upstream cell centroid to the face centroid.
This formulation requires the determination of the gradient V¢ in each cell, whose

value is limited so that no new maxima or minima are introduced.

For discussion of other higher-order upwinding schemes employed during dis-
cretization of the partial differential equations in the finite volume method (e.g. cen-
tral differencing, QUICK, third-order MUSCL), the reader is referred to the ANSYS
FLUENT User’s Guide [295].
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e Fuvaluation of gradients and derivatives

In the finite volume method, gradients are needed for constructing values of a
scalar at the cell faces, and also for computing secondary diffusion terms and velocity
derivatives. The gradient of a given variable, V¢, is used to discretize the convection
and diffusion terms in the flow conservation equations. The Green-Gauss theorem is
commonly used to calculate the gradient of a scalar at the cell center ¢y, whose discrete

form is given as
1 S
(Vo). = 17 D 0rAy (4.109)
f

where éf is the value of ¢ at the cell face centroid, computed using two different

techniques below. The summation is over all the faces enclosing the cell.
(i) Green-Gauss cell-based gradient evaluation

The face value ¢; in Equation 4.109 is calculated from the arithmetic average of

the values at the neighboring cell centers, i.e.,

i — ¢co + gbcl

of . (4.110)

(ii) Green-Gauss node-based gradient evaluation

Alternatively, ¢ s can be computed by the arithmetic average of the nodal values

on the face.
1
by — — b 4.111
0% N, En ¢ ( )

where Ny is the number of nodes on the face. The nodal values ¢, are constructed

from the weighted average of the cell values surrounding the nodes. In this technique,
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exact values of a linear function are reconstructed at a node from surrounding cell-
centered values on arbitrary grids by solving a constrained minimization problem, thus

preserving second-order spatial accuracy [289,295].
(iii) Least squares cell-based gradient evaluation
This technique assumes that the solution varies linearly. In Figure 4.16, the

change in cell values between cell ¢y and ¢; along the vector dr; from the centroid of

cell ¢y to cell ¢; can be expressed as

(V@) - AT = (¢, — Do) (4.112)

Figure 4.16. Cell centroid evaluation.

If similar equations are written for each cell surrounding the cell ¢, the following

system is obtained in compact form [295]:
[J1(V9),, = Ad (4.113)
where [J] is the coefficient matrix which is purely a function of geometry.
The objective here is to determine the cell gradient by solving the minimization

problem for the system of the non-square coefficient matrix in a least-squares sense.

The linear system of equations is over-determined and can be solved by decomposing
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the coefficient matrix using the Gram-Schmidt process [295]. This decomposition yields
a matrix of weights for each cell. Thus, for the cell-centered scheme this means that
the three components of the weights (Wi, W3, W7,) are produced for each of the

faces of cell ¢y.

Therefore, the gradient at the cell center can be computed by multiplying the
weight factors by the difference vector Ap = (¢¢, — by )

(‘bI)co = Z Wfo ’ <¢Cz - ¢Co) (4'114)
(‘by)m = Z W?O ' (¢C'L - ¢Co) (4'115)
(‘bZ)co = Z WzZO ’ <¢Cz - ¢Co) (4'116)

When a flow solution is required on polyhedral grids, the cell-based least squares
gradients are recommended for use over the default cell-based gradients, particularly

if a more accurate solution is desired [295].

4.4.4.2. Pressure-based Solver. The generalized transport equations (Equation 4.17-

20) governing fluid flow in microchannels are all functions of the velocity field v, which
is an unknown in CFD calculations. In order to compute the entire flow field, certain

strategies should be developed.

Consider the momentum transport equations given in Table 4.6 for each velocity
component. Every component appears in each equation, and the velocity field must
also satisfy the continuity equation in Table 4.5. The pressure gradient term is present

in all the momentum equations but there is no equation for the pressure. If the pres-
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Figure 4.17. Flowchart of the SIMPLE algorithm.

sure gradient is known, the momentum equations can readily be discretized using the
schemes explained in Section 4.4.4.1 as has been done for any other scalar. If the flow
is compressible, the continuity and energy equations may be used as the transport
equations for density and temperature, respectively, which allows for the calculation
of pressure through an equation of state p = p (p, T"). However, since the flows consid-
ered in this work are incompressible, the density is constant, and, by definition, not
linked to pressure. In this case pressure-velocity coupling introduces a constraint in the
solution of the flow field: if the correct pressure field is applied in the momentum equa-
tions, the resulting velocity field should satisfy the continuity equation. By adopting
an iterative solution strategy such as the SIMPLE algorithm [296,297], the pressure-
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velocity coupling can be resolved. In this algorithm the mass fluxes through face f,
jf = pv,, are evaluated from so-called guessed velocity components. Furthermore, a
guessed pressure field is used to solve the momentum equations, and a pressure cor-
rection equation, deduced from the continuity equation, is solved to obtain a pressure
correction field, which is in turn used to update the velocity and pressure fields. The

SIMPLE algorithm, whose algorithm is shown in Figure 4.17, may be summarized as

follows [289,295,297]:

(i) set the boundary conditions and the initial guesses (p*, v*, ¢*)
(ii) compute the gradients of velocity and pressure
(iii) calculate coefficients of the equations and solve the discretized momentum equa-
tion to compute the intermediate velocity field (v*)
(iv) solve the pressure correction equation, and update velocity and pressure and any
other scalars (p, v, ¢)
(v) check for convergence; if not converged, store the computed values and go back

to step (ii)

Other pressure-velocity coupling algorithms, e.g. SIMPLEC, a variant of SIMPLE
[298], the Pressure-Implicit with Splitting of Operators (PISO), part of the SIMPLE
family of algorithms, and Coupled, are explained in detail in the references [289,295].

The PRESTO! (PREssure STaggering Option) scheme [297] is used to interpolate

the pressure values at the cell faces for discretization of the momentum equation.

In this work GAMBIT 2.4.6 is used to create the spatially integrated microchannel
geometry and the computational grid for the problem. The relevant details are outlined

in Section 5.6.
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5. RESULTS AND DISCUSSION

5.1. Simulation of On-board Fuel Conversion in Catalytic Microchannel

Reactor-Heat Exchanger Systems

Catalytic conversions of propane, methanol and ethanol are simulated in spatially
segregated microchannel reactors that involve successive exothermic combustion and
endothermic reforming channels in order to investigate the effect of design parameters
on hydrogen yield. The parameters investigated are the channel opening dimensions,
thickness of the wall segregating the channels, and absence/presence of built-in micro-
baffles that extend normally into the flow zone. Time required to reach steady state
for methanol and ethanol reforming is determined by time-dependent analyses. Size of
an actual microchannel reactor to produce enough hydrogen to run a 2-kW PEMFC is

calculated based on simulation results.

The reactions taking place in the microchannels are given in Tables 4.1 and 4.2
in Section 4.1.1.1. The 2D model geometry is shown in Figure 4.4 in Section 4.2.1.
Kinetics for each reaction are presented in Table 4.13-15 and Table 4.17-19. Physi-
cal properties of the fluid mixtures and the segregating wall are given in Table 4.24.
Operating conditions are presented in condensed form in Table 4.26. The govern-
ing equations for free flow and flow in porous media together with the species and
energy equations (Section 4.2.3), subject to the boundary conditions outlined in Sec-
tion 4.2.4, are solved using the finite element method (Section 4.4.3) on the CFD
package Comsol" [280]. The unstructured grids for straight-through flows consist of
13675 — 50735 two-dimensional, quadratic triangular elements (Figure 5.1). At regions
near the channel inlets and in the subdomain where combustion is modeled (combustion
catalyst), the grid is refined so that it can resolve sharp concentration and temperature
gradients. Unstructured grids are used for flows in microchannel configurations with
micro-baffles as well. The solutions are tested to be grid-free. UMFPACK solver is em-
ployed for solution of the linear system of equations with the tolerance set to 1 x 1075,

Typical run times until convergence are 2 — 4 minutes.
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Figure 5.1. The first one-tenth of the computational grid used in the simulation of
the parallel microchannel reactor for coupling of combustion and steam reforming of

propane (SL = 560 pym, WT = 200 pm).

Several cases that involve variation of either the wall thickness or the side lengths
of both channels are investigated for each fuel (Table 5.1). The last case which aims to
determine the effect of using micro-baffies is not considered for methanol. The results of
combustion/steam reforming coupling of propane, methanol and ethanol are presented
in Figure 5.2a,b,c, which show the effects of geometric parameters on Hy yield at the

steam reforming channel exit, which is defined as the moles of Hy produced per mole

of fuel fed.

Table 5.1. Cases involving the variations of the wall

thickness and side length.

Case | Wall Side
thickness, WT (um) length, SL (um)
1 100 560
2 200 560
3 300 560
4 400 560
5 200 280
6 200 420
7 200 560 (micro-baffes)
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Figure 5.2. Hj yields for different wall thicknesses and channel side lengths when (a)

propane, (b) methanol, (c) ethanol is used as the fuel.
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5.1.1. Effect of Wall Thickness

Methanol is known for having the advantage of requiring mild conditions for
being reformed. This fact is in alignment with the simulations which predict near
complete reforming and combustion conversion for feed temperatures of 473K, and
give Hy yields close to 3 (Figure 5.2b), the maximum theoretical value dictated by

2 channels segregated by a

the stoichiometry. This value is obtained at 560 x 560 ym
100 gm wall. When the channel side lengths are kept constant and wall thickness is
increased gradually up to 300 um, a decrease in Hy yield down to 2.62 is observed. As
the increased wall thickness brings about more resistance to heat flow to the reforming
zone from the combustion zone, and causes reduced steam reforming temperatures,
lower yields can be expected. However, the decreasing trend is then changed by a
thicker, 400 pm wall that increases the yield again up to ca. 3 (Figure 5.2b). Such
a response can be explained by analyzing the heat transfer between the channels: at
the microscale heat exchange takes place immediately at the entrance (first 0.01m)
of the channels. Fast heat removal from the combustion zone suppresses the light-
off and prevents further temperature rise. Considering this fact, the increase in wall
thickness from 300 to 400 um makes the combustion channel more “adiabatic”, i.e.,
tends to preserve the temperature by reducing the rate of heat removal and, therefore,
allows more methanol to be combusted. As a result, amount of heat produced and
transferred to methanol reforming increases, thus leading to higher Hy yields. The
400-pm wall certainly increases the resistance to heat flow between the channels (as
in the 300 — 400 um range), but also lets the combustion to produce more heat to

overcome the resistance effect and increase the conversion of endothermic methanol

reforming.

The response of combustion /steam reforming of ethanol-to-hydrogen conversions
against increased wall thickness, shown in Figure 5.2¢, are found to be similar to that
observed for methanol. However, conversion of propane shows a slightly different trend:
H, yields are found to be almost the same in the case of 100 and 200 ym walls and
are increased at the 200 — 400 um wall range (Figure 5.2a). Propane differs from the
alcohols with its high heat of combustion. The corresponding value of —2044 kJ mol~*
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makes the “adiabatic” effect explained above more pronounced for propane, as the
retardation of heat removal from combustion channel even at small levels can lead
to higher combustion conversions, and produce excess heat that suppresses the wall
resistance. This fact leads to the clear domination of the “adiabatic” effect, as it is valid
in a wider, 200 — 400 um range. Moreover, it can balance the opposing wall resistance
in the 100 — 200 pm range, in which the latter phenomenon is clearly dominant in the

case of alcohols (Figure 5.2a,b).

5.1.2. Effect of Side Length

The effect of channel side length on Hy yields are shown in Figure 5.2a,b,c. Simu-
lations involving a constant wall thickness of 200 pum reveal that reducing the side length
from 560 to 420 um causes changes in Hy yield only below ca. 20%, whereas an equiva-
lent size reduction leading to 280 um results in yield losses up to 50%. Considering the
fact that the molar flow rates do not change, reduction in channel cross-sectional areas
increases the superficial velocities in both channels, decreases the residence times amd
reduces the conversions and yields. However, although the side lengths are changed at
equal intervals (140 um), the residence time effect is reflected less and more respectively
in the 560 — 420 pm and 420 — 280 um ranges. The difference can be explained by the
opposing effect of convective heat transfer that is favored by improved mixing induced
by higher superficial velocities: mixing can favor heat flow between the channels by
increasing the convective heat transfer coefficients in both channels to a certain extent.
This mechanism seems to be more effective in the former range and even dominates the
residence time effect slightly in the case of methanol where the yield obtained in the
560 pm channel is incrementally lower than that in 420 um (Figure 5.2b). Below this,
however, yields are adversely affected (Figure 5.2a,b,c). Pressure drop is found to be
negligible in all cases and is estimated to vary between 72 and 205 Pa upon decreasing

the channel side length from 560 to 280 pm.



185

5.1.3. Effect of Using Micro-baffles

The possibility of improving Hy yields via the mixing effect is further investigated
by considering wall-integrated micro-baffles that extend normally into the flow zones
(Figure 4.4). Since methanol conversion gives near theoretical yields, simulations are
conducted only for propane and ethanol conversions running in 560 x 560 ym? channels
segregated by 200-um-thick walls. The results show that, compared with the straight-
through flow configuration, presence of micro-baffles increases the Hy yield by ~ 190%
and by ~ 21% in the case of combustion /reforming of propane and ethanol, respectively
(Figure 5.2a,c) at the expense of only ~ 20Pa increase in pressure drop. Micro-
baffles act as static mixers and improve the convective heat transfer coefficients, which
eventually favors the rate of heat transfer into the reforming zone. These findings are in
accordance with the relevant works in the literature that report improved heat transfer

characteristics as the result of use of structured microchannels [299].

5.1.4. Time-dependent behavior

Dynamics of the parallel microchannel system is also investigated to gain insight
about the start-up behavior of a multichannel fuel processor. Transient CFD simula-
tions are run only for alcohols in 560 x 560 um? straight-through channels segregated
by 200-pum-thick walls. Results show that combustion/steam reforming couplings of
methanol and ethanol require 1000s and 1350 s, respectively, for reaching steady state
(Figure 5.3a,b). For such flows at the micro-scale, the start-up times are somewhat
prolonged: once the reactor operation is initiated, compact nature of the system lets
continuous and rapid use of exothermal heat by steam reforming which slows down
the take-off of combustion and the whole system. However, due to the fact that the
fuel processor serves to supply hydrogen for a PEM-based auxiliary power unit, the
start-up period can be compensated by other means such as use of hydrogen stored

from previous cycles.
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5.1.5. Sizing

Sizing of an actual fuel conversion unit is also carried out by taking methanol as
the fuel of choice. The basis value of 40molh™! of Hy per kW of PEM power [300]
together with single channel H, yield (Case 2, Figure 5.2b) gives a total of ca. 120000
channels for generating Hy to drive a 2-kW PEM fuel cell. Considering that a single
plate contains 400 microchannels, 300 plates are required. For such a microchannel

assembly, the dimensions are 0.3 x 0.1 x 0.4m?, totaling to a volume of 1.2 x 1072 m?.

5.1.6. Summary

Catalytic oxidation and steam reforming of methanol, ethanol and propanol are
studied in two parallel, wall-segregated, square microchannels. Effects of wall thickness,
channel side length and use of a non-uniform geometry within the channels on hydrogen
yield are investigated by steady-state and transient CFD simulations. Change in the
wall thickness leads to different behaviors of steam reforming of propane and alcohols.
Decrease in side length, i.e., increase in superficial fluid velocities, tends to increase
H, yields, most likely by mixing-driven improvements in the heat transfer coefficients.
However, further reduction in side length results in abruptly declining residence times
and thus Hy yields. Use of micro-baffles, which are known to act as static mixers,
leads to notable increase in steam reforming conversions and H, yields. Duration of
the start-up is found to vary between 1000 and 1350 s. Number of channels and size
of a multichannel fuel processor that can drive a 2-kW PEM fuel cell are respectively

estimated to be 120000 and 1.2 x 1072 m?.
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5.2. Microchannel Reactor Modeling for Combustion Driven Reforming of

12s0-Octane

In this section coupled methane combustion/iso-octane steam reforming in spa-
tially segregated, parallel microchannels are parametrically studied for analyzing the
effects of different geometric and material configurations on temperature distribution
and hydrogen yield. Side lengths of the square microchannels, thickness and material
of construction of the wall segregating them, and the use of micro-baffles are the pa-
rameters investigated. The 2D unit cell model of the system is employed for carrying

out the simulations after reduction from the 3D to 2D model is justified.

Reaction kinetics of methane combustion (represented by Equation 4.11) and
iso-octane reforming (represented by Equation 4.13) are given in Table 4.12 and Ta-
ble 4.21, respectively. The 3D and 2D model geometries are shown in Figure 4.4 in
Section 4.2.1. Physical properties of the reactive mixtures and of the wall are tab-
ulated in Table 4.24. Reactor and catalyst data, and the operating conditions are
summarized in Table 4.26. Momentum, species mass and energy equations describing
fluid flow in the microchannels, coupled with the energy equation governing heat flow
through the wall (Section 4.2.3) that are subject to the pertinent boundary conditions
in Section 4.2.4 are solved by the finite element method on the CFD package Comsol
v3.5a [280] running on a HP z800 workstation equipped with 8 x 2.67 GHz Xeon'
processors and 32 GB of DDR3 memory.

In all simulations, length of the microchannels (L) is set as 1 x 107! m. Thickness
of the wall is varied in 1 x 10™* m increments from 1 x 107 to 4 x 10~*m while
keeping the microchannel side length constant at 5.6 x 10~*m. For every wall thickness
variation, straight-through (ST) and micro-baffled (BF) channel configurations are also
tested (Figure 4.4, lower inset). The equally-spaced micro-baffles with 1 x 10™*m
length and 2 x 1073 width are thought of as being integral parts of the metallic plates.
In addition to wall thickness and channel texture, side lengths (SL) of the square
microchannels are studied by varying them from 2.8 x 107 to 5.6 x 10~* m in increments

of 1.4 x 107*m for the 2 x 10~*m thick wall. The above-mentioned plans of the



189

parametric studies addressing geometric variations involve the use of AISI steel as the
default wall material. Importance of wall material in reactor behavior is explored by
changing the material to a-Al,O3 and iron in the configuration with the 2x 104 m thick
wall segregating straight-through microchannels with 5.6 x 10~*m side length. This
parametric approach amounts to performing 12 grid-independent simulations in 3D,
each of which is expected to take several tens of hours till convergence. For instance,
as a base trial, the geometry for 5.6 x 10~*m straight-through channels and 2 x 10~*m
thick steel walls, when discretized using quadratic tetrahedral elements, is comprised
of 70388 elements. That many elements are required for the grid-independent solution,
which has been sought only for this given set of geometric parameters by increasing the
number progressively from 25800 to 84923. Due to the particular configuration of the
microchannels within the reactor block shown in Figure 4.4, however, it is possible to
obtain nearly the same results using a 2D model with considerably lower computational
cost. The bases of this simplification, together with a comprehensive comparison of
2D and 3D models are outlined in Section 5.2.1. This simplified approach is employed
in conducting the parametric studies whose results are presented and discussed in

Sections 5.2.2 to Sections 5.2.5.

5.2.1. Comparison of 2D and 3D Models

In a parallel microchannel geometry, any given channel is part of a horizontal
array of channels, which has the same reaction occurring within, as shown in the cross-
sectional view on the x — y plane (Figure 4.4). Considering one of the combustion
(exothermic) channels, heat released due to the reaction is transferred in all directions.
However, for two reasons the direction of net heat flow is toward the endothermic
reforming channels: (i) lateral heat flow in the z-direction is counter-balanced by heat
flow from adjacent combustion channels, and (ii) the temperature gradients in the
x-direction are much smaller than those in the y-direction due to the fact that the
reactions taking place in a given row are identical (either combustion or reforming).
This reasoning gives way to constructing a mathematical model in 2D, i.e., a model

excluding x as an independent variable. Further simplification of the model is possible
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because another implication of the alternating and symmetrical arrangement of the
reaction channel arrays is that inbound and outbound heat fluxes into and out of any
repeating pair of exo- and endothermic channels essentially cancel each other out so
long as the number of channels is sufficiently high in the y-direction. Then the 2D
model reduces to the repeating unit cell that consists of two parallel semi-channels
segregated by a wall (Figure 4.4, lower inset) with the co-current flow of the exo- and
endothermic reactive streams. This approach is particularly useful for comparative and
parametric analyses of coupling of combustion and reforming in spatially segregated
microchannel or plate reactors, as the inclusion of the third dimension affects the results
negligibly.
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Figure 5.4. Temperature variation in x- and z-directions at different levels of
y-coordinate for the base case (SL = 5.6 x 107*m, WT = 2 x 10~* m, material: AISI

steel) using the 3D 9-channel model.
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Figure 5.4 shows the plot of the temperature variation with z and z at 5 different
evenly-spaced y values for the base trial run (SL = 5.6 x 107*m, WT = 2 x 10~* m,
material: AISI steel), which indicates that there is no variation laterally (in the -
direction). The difference between temperatures predicted by the 2D unit cell and
3D 9-channel models, averaged over the entire domains, is 4 K. Even though this
corresponds to ~ 10% of the difference between the inlet (800 K) and outlet (755K)
temperatures obtained by the 3D model, the trends of axial temperature evolution are
the same. The difference between the outlet temperatures is even smaller (755 K and
753 K). Thus, it is safe to assume that the 2D unit cell model can be substituted for
the current 3D model, considering that the 2D model results are acceptable for the

scope of this work.

The 2D unit cell approach is also attractive on the basis of memory and CPU
requirements, both of which increase immensely with the inclusion of the third dimen-
sion [20, 207,235,265, 266]. To illustrate, simulation of the base case using the 3D
model requires a grid consisting of 70388 tetrahedral elements and 32 h of CPU time
for obtaining the result in Figure 5.4. On the other hand, the base case simulations
are executed with a CPU time of less than only 3 min when the 2D model is used
with the number of quadratic triangular elements ranging between 22674 and 40251.
33980 elements are found to be sufficient to secure a grid-independent solution for the
given set of parameters (Figure 5.5). The longest side of the triangular elements varies
between 385 x 107* and 392 x 10~*m. The grids for microchannel geometries with
micro-baffles are comprised of more elements that are needed to resolve the flow field
around the corners of the microbaffles (Figure 5.5). The grid-independent solution for
SL=5.6x10"*m, WT = 2x10~%m and AISI steel is obtained using 35676 triangular

elements.

5.2.2. Effect of Wall Thickness

In this series of simulations, thickness of the steel wall (WT) is increased from
1x107* to 4 x 107*m at 1 x 10~*m increments both for straight-through (ST) and

micro-baffled (BF') channels by keeping the side length of the square microchannels (SL)
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constant at 5.6 x 10~ m. The first group of bar plots (Case (i)) in Figure 5.6 shows
that when the wall thickness is increased from 1x10~* to 4 x 10~#m, the increase in the
hydrogen yield, defined as the number of moles of hydrogen produced in the reforming
channel per number of moles of iso-octane fed, is 42% and 35% for the straight-through
and micro-baffled channels, respectively. This follows directly from the increase in the
rate of reaction, hence the fuel conversion—defined as the ratio of number of moles
of iso-octane converted to the number of moles of iso-octane fed—whose evolution
along the channel for different wall thicknesses mimics the temperature profiles. In
contrast to what is given by the plots, a thicker wall that poses a larger resistance to
heat transfer between combustion and reforming zones is actually expected to lead to
lower reforming temperatures and hinder the yield. According to the average channel
temperatures along the reforming channel shown in Figure 5.7a, as the steel wall gets
thicker, the temperature drop due to the endothermic reaction is more severe over the
first few millimeters into the entrance of the channel. However, along the remainder
of the channel length, the reverse trend is observed: the rate of temperature decline is
smaller for a thicker wall. For a plausible explanation of the phenomenon, one should
resort to axial evolution of heat flux through the wall-reforming channel boundary,
shown in Figure 5.7b. At the reforming channel entrance, for the thinnest wall, the
component of the heat flux normal to the wall-steam reforming washcoat boundary
(in y-direction) is greatest, which provides the largest partial compensation for the
heat lost, resulting in the comparatively mild decrease in temperature (Figure 5.7a,
inset). Once the entrance effect is surpassed, the heat transmitted to the reforming
channel begins to decrease, though at a smaller rate for a wall of relatively smaller
thickness. This is the reason why the overall reforming channel temperature associated
with a thicker wall turns out to be higher, thereby leading to higher conversions. The
variation of heat flux along the distance down the channel (Figure 5.7b) for different
wall thicknesses reveals that influence of axial heat conduction within the wall becomes
greater as it get thicker. The amount of heat transferred into the reforming channel
within the first few millimeters upstream diminishes with increasing thickness, because
axial conduction that spreads the transverse heat wave along the length of the wall

becomes more effective with a larger share of the wall material.
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reforming washcoat boundary for different wall thickness values.



195

6'5 T T T T T T T b T
6l Steel wall _ ; . :i;:::h;::nr::gh_
—_ 5S¢ - ’ . . . . 1
E - . -
e 5t |
- [t
S’ L3 o, . ]
past '/
— -/.. ' -
4l . - w " i . i
35} % T 1

s C"“:'-“' . Steam reforming channel M‘f"’"’“ml“
] 01 .02 .03 .04 05 .06 .07 .08 .09 .1

Channel Length (m)

i
]
]
i

4

H
I i H
2 - ) L) L ) L

Figure 5.8. Local heat transfer coefficients along the steel wall-reforming washcoat

interface for straight-through and micro-baffled geometries.

5.2.3. Effect of Channel Wall Texture

The channel wall texture has effect on hydrogen yield as well. Referring to Fig-
ure 5.6 and the results for Case (i), in the range of steel wall thicknesses investigated
(1 x 107* to 4 x 107*m, the yield obtained with the micro-baffled (BF) configura-
tion is 16.5% higher, on average, than that obtained with the straight-through (ST)
configuration. Micro-baffles act as static mixers, induce further mixing in the vicin-
ity of catalytic regions and improve the convective heat transfer coefficients, which
eventually expedite heat transfer. These findings are in agreement with results in the
literature that report improved heat transfer upon use of non-uniform structures in
microchannels [299]. Figure 5.8 shows the logarithmic variation of the local convective
heat transfer coefficients along the 2 x 10~* m steel wall/5.6 x 10~% m reforming channel
boundary for the straight-through and micro-baffled configurations. The dashed lines
and the shaded regions, both shown not-to-scale, denote the micro-baffles and the cat-

alytic porous washcoat, respectively. Despite lacking a general trend, the heat transfer
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coefficient associated with the micro-baffled configuration is far higher than that as-
sociated with the straight-through configuration over the catalytic regions, a desired
situation that results in higher reforming rates. Share of the wall material is also larger
due to the finned nature of the wall, thus axial heat conduction is expected to be more
effective compared with the straight-through configuration. This is indeed confirmed
by the yield results shown in Figure 5.6. For instance, while there is a 10% increase
in yield in changing the wall thickness from 2 x 107 to 3 x 10~*m for the straight-
through configuration, the increase in going from a straight-through to a micro-baffled
configuration (with wall thickness equal to 2 x 107*m) is 17%. Therefore, it can be
inferred that the micro-baffles serve the dual purpose of enhancing the heat transfer

coefficient and axial heat conduction.

5.2.4. Effect of Wall Material

The wall material is also of concern to the reformer design because of its role in
heat transfer between the channels and also because of its strength and durability un-
der rigorous operating conditions, such as high temperatures and pressures. Owing to
its importance, three different materials—a-Al;O3, AISI steel and iron—having thermal
conductivities of 18, 44.5 and 76.2 Wm~! K1, respectively, are tested with 5.6 x 10~%m
straight-through microchannels and 2 x 10~*m thick wall. According to the second
group of bar plots (Case (ii)) in Figure 5.6, hydrogen yield is found to increase by 53%
and 73%, respectively, when steel and iron are used instead of alumina, which is the
direct result of elevated reforming channel temperatures upon material change. Tem-
perature increase can be accounted for by the same line of reasoning used for explaining
the system behavior with changing wall thickness. Referring to Figure 5.9a, average
bulk temperature of the reforming channel decreases at a faster rate over the first few
millimeters into the reforming channel entrance as the wall thermal conductivity is
increased. However, an opposite trend is observed after ~ 1cm from the entrance:
for a wall of higher thermal conductivity, more sluggish decrease in temperature is
noted, which results in relatively higher channel temperatures from ~ 1cm up until

the exit. Once again it is necessary to check how the heat flux from the wall to the
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reforming channel varies with axial distance (Figure 5.9b). Within the entrance region,
normal component of the flux is greatest for the wall material with the lowest thermal
conductivity. After axial conduction begins to dominate over transverse conduction,
however, the more thermally conductive wall facilitates higher fluxes and temperatures
(Figure 5.9a). This is due to the fact that axial heat conduction is enhanced, and it

works to spread the incoming heat from the combustion region over the entire body.
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5.2.5. Effect of Side Length of the Microchannels

The effect of channel side length on hydrogen yield is shown in Figure 5.6. Simu-
lation results indicate that, for the constant steel wall thickness of 2x 10~* m, increasing
the side length will increase the contact time—defined as the ratio of open channel vol-
ume to the volumetric flow rate—in both combustion and reforming channels, and will
enhance the hydrogen yield. If one also considers that the flow is hydrodynamically
developed and that the Nusselt number is constant [301], an increase in side length
will lead to a decrease in the convective heat transfer coefficients that reduces the heat
transfer rate between the combustion and reforming channels, and thus the hydrogen
yield. The counteracting consequences of varying the side length can be illustrated
such that in the 2.8 — 4.2 x 10~*m interval, the contact time is enhanced by a factor
of 1.25 while the local heat transfer coefficients decrease by 0.5. Upon increasing the
side length from 4.2 x 107* to 5.6 x 10~*m, the contact time increases by 0.78, and
the heat transfer coefficients decrease by 0.33. The respective 52% and 38% increases
in hydrogen yield in the 2.8 — 4.2 x 10™*m and 4.2 — 5.6 x 10~*m intervals indicate

that the effect of contact time is more pronounced in the former interval.

5.2.6. Summary

Coupling of catalytic combustion of methane and steam reforming of iso-octane
for hydrogen production in a reformer composed of square microchannels is studied by
computer simulations. Validity of a 2D unit cell model is justified, which is used to
carry out the parametric study that involves varying geometric and material properties
of the microchannels and of the wall. Effects of wall thickness, channel dimensions, a
non-uniform geometry and wall material are investigated. Increasing the wall thick-
ness and the channel side length leads to improvements in hydrogen yields due to
pronounced axial heat conduction in the wall and due to residence time effects, re-
spectively. Use of micro-baffles, which act as static micro-mixers, leads to considerable
improvements in hydrogen yields through the enhancement of heat transfer coefficients.
The performance—with respect to Hy yield only—of iron as the wall material is superior

to those of a-Al;O3 and stainless steel as it has the largest thermal conductivity.



199

5.3. Comparison of Compact Reformer Configurations for On-board Fuel

Processing

This section presents the results of computer-aided analyses of two compact re-
action systems for production of CO-free hydrogen via steam reforming of n-heptane
in order to drive a PEM fuel cell based APU in the 2 — 3 kW range. The size, ef-
ficiency and fuel requirements of a complete fuel processor based on a microchannel
reactor for reforming of the fuel is explored in comparison to those of a fuel processor
based on a cascade reactor (Figure 4.1). The spatially segregated microchannel reactor
exemplifies a coupled reaction/heat exchange system, which is considered in detail in
Section 4.2.1 whereas the cascade reactor is an example of a decoupled reaction/heat
exchange system, and is explained in Section 4.3. In both systems the heat needed to
drive the endothermic steam reforming reactions are supplied by exothermic methane

combustion.

Reaction kinetics of methane combustion (represented by Equation 4.11) and n-
heptane reforming (represented by Equation 4.7) are given in Tables 4.12 and 4.20,
respectively. The 2D model geometry is shown in Figures 4.4 and 4.5 in Section 4.2.1,
and the physical properties of the reactive mixtures and of the microchannel wall are
tabulated in Table 4.24. Reactor and catalyst data, and the operating conditions
are presented concisely in Table 4.26. The transport equations for fluid flow in the
microchannels and heat flow across the segregating wall (Section 4.2.3), subject to the
boundary conditions given in Section 4.2.4, are solved by the finite element method on
the CFD package Comsol" " v3.5a [280] running on a HP xw8400 workstation equipped
with 4x2.00 GHz Xeon'  processors and 4 GB of memory. The solution domain shown
in Figure 4.5 is discretized using quadratic triangular elements. The number of elements
comprising the unstructured grid is increased progressively from 2529 to 6555 to find

the grid-independent solution, which is obtained with 4411 elements.

The cascade reactor design procedure is explained in Section 4.3.1 where the
one-dimensional pseudohomogeneous reactor model (Eqs. (4.79)- (4.81)) is used for

predicting the reactor performance. The resulting set of ordinary differential equations
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(ODE) are solved on MATLAB"" using a stiff solver. Integration of the peripherals
of the proposed fuel processor such as the subsequent CO clean-up units and heat
exchangers, is elaborated in Section 4.1.1.2. Scale-up of microchannel reactors and
heat exchangers and sizing of the peripherals are performed following the procedures

given in Section 4.2.8.

5.3.1. Steam Reforming of n-heptane in the Microchannel Reactor

The results of the simulations for the microchannel reformer configuration are
presented in Table 5.2 and Figure 5.10. It can be observed that the combustion
and reforming channel temperatures equilibrate at a small distance down the chan-
nel length (~ 0.01m) at around 730K. This is the direct result of the high rate
of heat flow between the reactive flow zones, which is one of the superior character-
istics of microchannel reactors compared with their conventional counterparts: the
overall heat transfer coefficient between the combustion and reforming channels are
calculated to be 9270 Wm 2 K~2 (Nu = 59 based on channel side length), whereas
coupling of exothermic and endothermic reactions arranged in a similar fashion (adja-
cent reaction compartments, counter-current flow) but with catalysts packed in chan-
nels instead of being coated on the walls, results in overall heat transfer coefficients
around 50 Wm™2K~2 [236]. Owing to the mean channel temperatures of ~ 740K,
87% steam reforming conversion of n-heptane (Figure 5.10) and 43% combustion con-
version of methane are obtained. The stream leaving the reforming channel contains
1.52 x 107 %mols™ Hy (~ 33% by mole), 7.74 x 10~"mols™! CO (~ 17%), trace
amounts of COy and CHy, unconverted n-heptane and excess water (~ 50%). The mo-
lar Hy : CO ratio of 1.96 is lower than the stoichiometric ratio dictated by the reforming
of n-heptane (Equation 4.7), and implies the effect of reverse water-gas shift reaction
(COy+Hy = CO+Hy,0, AHYg = 41.2kJmol™!) at elevated temperatures. Formation
of trace quantities of methane can also be related to the temperature effect, which does
not favor the thermodynamics of exothermic methanation (reverse of Equation 4.8).
Pressure drop along the microchannel unit is found to be negligible and turned out to

be 700 Pa in the reforming channel and 100 Pa in the combustion channel.



Table 5.2. Comparison of the results of microchannel and cascade systems for the combustion-assisted steam reforming of n-heptane.

Inlet?® Outlet? Total volume (m?)
CHy4 (mols™!) | n-C7Hyg (mols™) | C: Oy S: T (K) xuc (%) | Hg (mols™) | T (K)
Microchannel COMB | 1.5x 1078 — 0.5 — 850 43 — 734
(per channel) SR — 1.5 x 1077 — 3.0 750 87 1.52 x 1076 | 764
Microchannel COMB | 2.17x 1074 — 0.5 — 850 43 — 734 5
(28900 channels) | SR — 2.17 x 1073 — 3.0 | 750 87 22x 1072 | 764 1.04>10
Cascade COMB | 1.8 x 1073 — 0.25 — 750 86 — 496 5
SR — 1.5 x 1073 — 30 | 750 83 2.2x 102 | 764 13910

2 Inlet and Outlet refer to the reformer in Figure 4.1.
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5.3.2. Steam Reforming of n-heptane in the Cascade Reactor

Combustion-assisted steam reforming of n-heptane is also demonstrated using
the cascade system. Heat generated in a catalytic combustion bed is transferred to the
steam reforming gas stream through a microchannel heat exchanger. The cooled stream
is then fed to the next combustion bed to generate heat for the subsequent reforming
bed. Upon heat exchange, each designated by the vertical lines in Figure 5.11, the
heated reformer stream is fed to the next catalytic bed in which further reforming
conversion takes place adiabatically (Figure 4.8). Such heating-cooling cycles lead
to saw-tooth temperature profiles along the combustion and reforming arrays. The
resulting saw-tooth pattern and evolution of the cumulative n-heptane conversion are
shown in Figure 5.11. Even though conversion in a combustion bed is limited to 20%,
the heat generated is enough to drive the endothermic reactions in the corresponding
reforming bed, as indicated by 88% conversion of n-heptane and 86% conversion of
methane (Table 5.2). The reformer stream leaving the cascade is comprised of ~ 39%
Hy (2.2 x 1072mols™1), 18% CO (9.4 x 1073 mols™!), trace COy and CHy (< 1%),
unconverted n-heptane and excess water (~ 42%). The Hy : CO ratio at the exit is
higher than that in the microchannel reactor configuration because lower temperatures
are encountered in the last three reforming beds, a situation favored by the forward
water-gas shift reaction (Equation 4.10). By the same token of lower bed temperatures,
methanation reaction (reverse of Equation 4.8) is more favored due to its exothermic
nature, and, therefore, the exit methane concentration, although small, is 12 times that
for the microchannel configuration. The total pressure drop across the combustion and
reforming arrays are respectively 21% and 10% of the inlet pressure. Pressure drop
values are observed to originate from the packed beds of the individual arrays. The
contribution of the microchannel heat exchanger sections to the overall pressure drop

is found to be negligible.

5.3.3. Sizing and Comparison of the Proposed Designs

Following the procedures given in Section 4.2.8, sizing of both reformer configu-

rations is carried out on the basis of producing hydrogen at a rate of 2.2 x 1072 mols~*.
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In the microchannel configuration, sizing is based on the Hy exit flow rate from a sin-
gle steam reforming channel and turned out to be 14450 microchannels for producing
2.2 x 1072 moly, s~!. The total number of microchannels (combustion plus reforming)
is twice this quantity, i.e., 28900. For the given channel length of 0.1 m, a nearly cubi-
cal arrangement can be made by a 170 x 170 array of microchannels. The dimensions
of this arrangement, excluding the inlet and outlet manifolds, are 0.1 m (length) x
0.102m (height) x 0.1022m (width), and the corresponding volume is 1.04 x 1073 m3.
In the cascade configuration, pairs of combustion and reforming catalyst beds are de-
signed for side-by-side placement in single slots, therefore, they are assumed to be of
the same length, differing only in diameter. Based on this constraint and the iterative
technique explained in Section 4.3.1, the hydraulic diameter and length of each of the
combustion beds are found to be 2.64 x 1072 m and 5.28 x 10~2m, respectively. The
Pt-based catalyst loading per bed is 0.032kg. Each of the steam reforming beds has
5.48 x 1072 m diameter and 5.28 x 1072 m length, and contains 0.15 kg of Ni-based cat-
alyst. Controlled temperatures and desired conversion values are found to be achieved
by the use of 9 beds per gas stream, summing up to a total of 18 catalytic beds. The
use of a lower number of beds violates the combustion conversion constraint so that
the operation ceases to be feasible. On the other hand, using more beds brings only
incremental improvements in conversion while the overall pressure drop becomes intol-
erable. Dimensions of the linking microchannel heat exchangers, based on 270 W, the
largest duty of interstage heat exchange, are 7.5 x 1073 m (length) x 6.45 x 103 m
(height) x 2.84 x 1072 m (width). Each heat exchanger houses a total of 1024 channels:
the hot stream flows in channels of 360 ym height (H) while the cold stream channels
have a height (H) of 240 um. Both the hot and cold channels are 240 ym wide (W),
are separated by 200 pm-thick walls (WT'), and they are arranged into an array of
64 x 16. The cascade configuration, consisting of 18 catalytic beds and 9 microchannel
heat exchangers, occupies a block volume of 1.39 x 1073 m, 81% of which comes from

the reforming beds alone.

Size of the alternate reformer designs is used to estimate the total volume of the
fuel processing system by adding up volumes of the CO clean-up units (Section 4.1.1.2).

When the microchannel reactor configuration is used in the primary hydrogen gener-
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ation step via the steam reforming of n-heptane, the total volume of the reactors—
including the high- and low-temperature water-gas shift converters and the CO oxi-

3. In the case of using the cascade

dation reactor—is calculated to be 1.53 x 102 m
reactor configuration, that volume is found to be 1.73 x 1072 m3, 1.12 times that for
the microchannel reactor case even though the reactors involved in the cleaning steps
are substantially smaller for the cascade configuration because of lower CO content in

the reformate (1.12 x 1072 versus 9.4 x 1073 mols™1).

Other comparison criteria between the reaction systems are the total size of the
heat exchangers installed and the overall efficiency. Since the exchangers are thought
to be of the same design, comparison based on heat load, calculated by multiplication
of the mass flow rates, average specific heats and temperature differences across the
heat exchangers, should suffice. The total heat exchange carried out across the six
heat exchangers (Figure 4.1) amounts to 4100 W and 3480 W for the microchannel and
cascade reactor systems. The efficiency is defined as the ratio of the lower heating

values (LHV) of the product hydrogen and the fuels methane and n-heptane:

ny, X LHVy,
NcHy X LHVCH4 + NC,Hyg X LHVC7H16

n = 100 x (5.1)
The lower heating values of methane, hydrogen and n-heptane are 47.1, 120.2 and
44.9MJ kg1, respectively [302]. ny, refers to hydrogen fed to the fuel cell while ncg,
and nc,m,, are amounts of methane and n-heptane fed to the fuel processor. The
amount of hydrogen at downstream processing is different for the microchannel and
cascade reformer configurations. Hydrogen that is rejected by the PEM fuel cell, cor-
responding to ca. 25% of the hydrogen fed [257], is sent to the afterburner unit as part
of the heat integration (Figure 4.1). Based on this configuration, the efficiency of the
cascade reactor system is found to be higher than that of the microchannel reactor,
i.e., 73.5% versus 68.2%. The difference can be attributed to the amount of n-heptane
consumed in the cascade system, which is ~ 30% less than that used in the microchan-
nel configuration. Data relevant to comparison criteria and the results are summarized

in Table 5.3.



Table 5.3. Comparison of the microchannel and cascade systems based on the amount of fuel

processor size and total heat load.

consumed, overall efficiency, fuel

CHy fed n-CrH¢ fed H, produced Efficiency Reactor Total volume Total heat

(mols1) (mols™1) (mols™1) volume (m?) of reactors (m?) load (W)
Microchannel 2.17 x 104 2.17 x 1073 3.26 x 1072 68.2% 1.04 x 1073 1.53 x 1073 4100
Cascade 1.8 x 1073 1.5 x 1073 2.86 x 1072 73.5% 1.39 x 1073 1.71 x 1073 3480
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Even though n-heptane conversions in both systems are nearly identical (Ta-
ble 5.2), the number of moles of hydrogen produced per mole of n-heptane fed is 15 for
the microchannel reactor and 19 for the cascade configuration (Table 5.3). Extra hy-
drogen is the product of the exothermic water-gas shift reaction that is favored by the
distinctly lower average temperatures in the cascade (Figures 5.10 and 5.11). Higher
reforming temperatures, attainable by adjusting the inlet temperatures of the com-
bustion beds, are automatically restricted by the process limitations imposed on the
combustion reactors (allowable methane conversion of 20% per bed). In the microchan-
nel configuration, on the other hand, heat from the combustion channel is immediately
drawn into the steam reforming channel that constitutes a large sink due to the very
high heat of reaction (1108 kJmol™!) and presence of excess steam (21 moles of steam
per mole of n-heptane, S : C of 3.0). At lower inlet temperatures than the specified one
(850 K for combustion, 750 K for reforming), the reduction in the combustion stream
temperature at the very upstream of the channel becomes so drastic that the reaction
extinguishes before reaching the light-off value of conversion (10% of methane fed).
Even after combustion initiates, continuous heat removal along the microchannels is
so fast that the rate of methane conversion remains low only to give 43% conversion at
the outlet although the mixture is stoichiometric. Therefore, the option of operating
the microchannel reactor at lower temperatures to take advantage of higher water-gas

shift reaction rates is ruled out.

Increased hydrogen production per unit amount of fuel in the cascade configu-
ration, however, comes with the cost of using larger reforming reactors and feeding
methane that is 8.3 times that used in the microchannel reactor. Because of the pres-
ence of interstage heat transfer and cyclic nature of the cascade configuration, heat
generated in a combustion bed upon 20% conversion at a maximum is transferred to
the next reforming bed in the sequence. Therefore, each successive combustion step
experiences low-temperature inlet conditions (Figure 5.11). In order to compensate
for the interrupted heat generation and to sustain the adiabatic reforming reactions
in successive adiabatic beds, more methane must be combusted. The combustion and
reforming processes in the microchannel reactor, however, run in single compartments

(channels) and proceed uninterruptedly. Therefore, less methane will be required to
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drive the endothermic reactions in the microchannel reactor configuration. The com-
parable results presented in Table 5.3 show that the microchannel reactor offers an
advantage in case of a stringent size restriction. In addition to its higher efficiency, the
benefit of using the cascade reactor configuration lies in easy replacement of deacti-
vated catalyst and decoupling of reaction and heat transfer for much better temperature

control.

5.3.4. Summary

Two intensified catalytic reactor configurations, parallel microchannels and cas-
cades, are compared, using computer-based techniques, in the context of production of
fuel-cell-grade hydrogen to drive a 2 — 3 kW PEMFC-based APU via steam reforming
of surrogate naphtha (n-heptane). Both of the processes involve the integration of
endothermic n-heptane steam reforming with exothermic methane combustion. It is
shown that fast heat transfer between the two reactions can lead to n-heptane conver-
sions in excess of 87% in either reaction system. Comparison of the proposed designs,
based on the amount of hydrogen produced at the reforming step, reveals the benefit
of microchannel configuration due to the lesser size (1.53 x 1073 versus 1.71 x 1073 m?)
of the fuel processor comprised of the reformer and subsequent clean-up units. How-
ever, based on the ratio of the lower heating value of hydrogen produced to the lower
heating value of the total fuel (methane + n-heptane) consumed, a fuel processor with
the cascade system is more efficient (73.5% versus 68.2%). Higher efficiency is mainly
associated with the n-heptane consumption in the cascade being ca. 30% lower than
that in the microchannel system. The presence of catalyst in packed-bed form allows
its facile replacement in case of any deactivation, and therefore makes the cascade

configuration the choice of the designer in terms of ease of operability and efficiency.
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5.4. Microreactor Catalytic Combustion for Chemicals Processing

In this section computer-aided case studies of coupled and decoupled reaction/heat
exchange systems are conducted in order to explore their possible benefits such as re-
duction in equipment size and compatibility with reaction schemes that demand precise
temperature control. The coupled system is comprised of parallel microchannels that
are segregated by metallic walls (Section 4.2.1), and the decoupled system is the cascade
arrangement comprised of adiabatic packed-bed reactors interlinked by microchannel
heat exchangers (Section 4.3). The specific case studies are combustion-assisted steam
reforming of methane for production of syngas that is to be used in methanol synthesis
(Figure 4.2), and combustion-assisted ethane dehydrogenation (Figure 4.3) as a solid
example of conversion of paraffins to olefins. Sizes of the microchannel and cascade con-
figurations are compared on the basis of 1000 Sm?® day ! of methane being fed to steam
reforming. In the case of ethane dehydrogenation, the basis is set as 1000 Sm? day

of ethane being fed to the dehydrogenation reactor.

Reaction kinetics of methane combustion (Equation 4.11) and steam reforming
(Equation 4.8-10), and of ethane dehydrogenation (Equation 4.16) are given in Ta-
bles 4.12, 4.16 and 4.22, respectively. The 2D axisymmetric model geometry is shown
in Figure 4.6. Physical properties of the reactive fluids and of the microchannel wall are
tabulated in Table 4.24. Reactor and catalyst data, and the operating conditions are
presented in Table 4.26. The set of model equations fully describing the microchan-
nel operation consist of transport equations for fluid flow and heat flow across the
segregating wall (Section 4.2.3), which are subject to the boundary conditions given
in Section 4.2.4. The CFD package Comsol " v3.5a [280], running on a HP xw8400
workstation, equipped with 4 x 2.00 GHz Xeon processors and 4 GB of memory,
is used for the simultaneous solution of these equations. The solution domains are
discretized into unstructured grids consisting of 4590 (steam reforming of methane)
and 6406 (ethane dehydrogenation) quadratic triangular elements. In regions where
the rates of reactions are high, the grid is refined so that sharp concentration and tem-
perature gradients can be resolved. PARDISO solver is employed for solution of the

linear system of equations with the tolerance set to 1 x 107°.
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The cascade reactor design procedure is explained in Section 4.3.1 where the one-
dimensional pseudohomogeneous reactor model (Eqgs. (4.79)-(4.81)) is used for predict-
ing the reactor performance. The resulting set of ordinary differential equations (ODE)
are solved on MATLAB"" using a stiff solver. Scale-up of microchannel reactors and

heat exchangers are performed following the procedures given in Section 4.2.8.

5.4.1. Combustion-assisted Steam Reforming of Methane in the Microchan-

nel Reactor

Initial modeling is carried out to simulate coupling of combustion and steam
reforming of methane in the parallel microchannel configuration, shown in Figure 4.6.
The amount of methane fed and the feed compositions are optimized to obtain the
desired inlet feed composition for methanol synthesis, which is Hy : CO : COy =
75 : 24 : 1 per cent by mole at the exit of steam reforming [263]. Methane feeds to
the combustion and steam reforming channels are set at 4 x 107" mols~! and 1.24 x
10~%mols™!, respectively. The molar inlet flow of oxygen in air is set at 8 x 10~ mol s,
and the amount of steam fed to the steam reforming channel is assigned as 3.1 x
10~%mols™! to come up with an inlet steam-to-carbon ratio of 2.5, which is reported to
minimize coke formation over Ni-based catalysts [76]. As demonstrated in the process
flow sheet given in Figure 4.2, feed temperatures of the combustion and steam reforming
channels are taken as 900 K and 785 K, respectively. The results of the microchannel
simulations are presented in Figure 5.12 and in Table 5.4. It can be seen that the
temperature in the combustion channel is raised from 900 K to ca. 1290 K as a result
of combustion of 88% of methane fed (Figure 5.12 and Table 5.4) over the Pt-based
catalyst, which is coated in the first half of the channel (Figure 4.6). The insulation in
this zone disables heat transfer into the metallic wall and prevents any reduction in the
temperature of the combustion stream. The second half of the combustion channel,
on the other hand, involves neither catalyst nor insulation. As a result, no chemical
reactions take place due to the absence of homogeneous reactions, and hence heat
generated in the catalytic zone is transferred to the steam reforming channel. This

leads to a sharp rise in the steam reforming stream temperature from 785 K to 1225 K,



Table 5.4. Comparison of the results of microchannel and cascade systems for combustion-assisted steam reforming of methane.

Inlet® OutletP SR, | Total volume Total volume per mole
CHy4 02 H2O T xuc | Ha CO COq T Tiax (m3) of syngas produced
(mols™1) (mols™!) | (mols™1) (K) | (%) | (mols™1) (mols™1) (mols™1) (K) | (K) (m3 mol~1)
. COMB | 4x 1077 8§x10~7 | — 900 | 88 — — 3.52x 107 | 1125 s s
Microchannel =g 1.24x10°6 | — 31x10°0 | 785 | 95 | 3.21x10-0 | 1.07x10~° | 5.6x10-10 | 1125] '225| 177> 10 10810
COMB 0.21 0.42 — 900 80 — — 0.167 1184 _3 _3
Cascade SR 0.473 — 118 785 | 91 | 1.50 0.52 3% 10 7 oz9 | 1032 8:2x10 41x10
a Molar flow rate of Ny is not shown.

b Molar flow rates of No, HyO and unreacted CH, are not shown.
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accompanied by a ca. 100 K overshoot despite the presence of the reforming reactions
running in the second half of the channel coated with Ni-based catalyst (Figure 5.12 and
Table 5.4). Such a thermal response may lead to local, temperature-induced problems
in catalytic operation, though it will not disturb the nature of the stainless steel. The
endothermicity of steam reforming of methane then starts to dominate, and triggers a
decreasing trend in temperature to give an exit value of 1125 K. The small dimensions
and metallic nature of the segregating wall facilitates rapid heat transfer and allows the

temperatures of both streams to equilibrate immediately (Figure 5.12 and Table 5.4).

The high temperatures brought by combustion gave 95% steam reforming con-
version of methane and an exit stream composed of 3.21 x 10~®mols™! H,, 1.07 x
10°mols™! CO and 5.6 x 107 mols™' CO, with a Hy : CO ratio of 3.0, which
is close to the desired reforming exit composition given above. The small amount
of COs reflects the importance of the reverse water-gas shift reaction (COs + Hy =
CO + Hy0, AHS¢ = 41.2kJmol™!) at high temperatures. The analysis of the outlet
from the steam reformer shows that conditions desired for the inlet of the methanol
synthesis process can be easily achieved, although cooling of the reforming efHuent is

necessary.

5.4.2. Combustion-assisted Steam Reforming of Methane in the Cascade

Reactor

In the cascade system, heat generated in a catalytic combustion bed is trans-
ferred to the steam reforming gas stream through a microchannel heat exchanger. The
cooled stream is then fed to the next combustion bed to generate heat for steam re-
forming. The extent of conversion in the combustion beds is limited to less than 20%
in order to avoid any uncontrolled temperature rise due to the light-off. The heated
reformer stream is then taken to the next catalytic bed in which further reforming
conversion takes place adiabatically to give a decreasing trend in temperature. Such
heating-cooling cycles lead to saw-tooth temperature profiles along the combustion and
reforming arrays which are shown in Figure 5.13. Evolution of the cumulative methane

conversion along the steam reforming beds and the product flow rates given in Fig-
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Figure 5.12. Simulation results of coupling of combustion and steam reforming of

methane in the microchannel configuration.

ure 5.13 and Table 5.4, respectively. The effluent of the steam reforming beds having
a molar Hy : CO ratio of 2.86 (Table 5.4) shows that the inlet stream composition de-
sired for the methanol synthesis can also be obtained through the cascade system with
the advantage of a much better temperature control (Figures 5.12 and 5.13): although
the inlet temperatures are the same (Table 5.4), the maximum steam reforming tem-
peratures obtained in the microchannel and in the cascade configurations are 1225 K
and 1032 K, respectively. The absence of uncontrolled temperature elevations in the

cascade system minimizes the risk of catalyst deactivation due to thermal effects.

The desired conversion/product distribution values and well-controlled temper-
ature are achieved by the use of 10 catalytic beds per gas stream, summing up to a
total of 20 catalytic beds. The number of beds is optimal, since using a lower number
of beds requires disturbing the methane combustion conversion constraint of 20% per

bed to achieve the same effluent temperature and composition, whereas using a higher
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Figure 5.13. Simulation results of combustion-assisted steam reforming of methane in

the cascade configuration.

number of beds brings only incremental improvements in conversion. Comparison of
the output of the two configurations in Table 5.4 shows that the overall size of the
cascade system needed to produce unit amount of syngas is smaller than that of the
microchannel arrangement, with the steam reforming conversion slightly higher in the
latter due to higher average temperatures. In addition, the ease of replacement of the
catalysts in the cascade system, once they deactivate, is a real advantage. This system
is also beneficial in the sense that the cooling duty and heat exchanger size needed for
cooling the steam reforming exit stream to methanol synthesis conditions is lower than
needed in a microchannel system. This is due to the exit temperature of the cascade
system, 949 K, which is significantly lower than that of the microchannel configuration,

1125 K (Table 5.4).
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5.4.3. Combustion-assisted Ethane Dehydrogenation in the Microchannel

Reactor

The two configurations are compared in another reaction system in which heat
required to drive ethane dehydrogenation is supplied by methane combustion. Tem-
perature control is much more essential in this case, where excessive coking must be
avoided despite the high temperatures involved [264]. Heat from catalytic combustion
is provided directly to the dehydrogenation reaction, which is operated ca. 1000 K
(Figure 4.3). In order to minimize the risk of coking that may be favored around
these temperatures, ethane is mixed with a diluent, Ny, to give a molar feed ratio of

CQHG : N2 =4.0 [264]
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Figure 5.14. Simulation results of coupling of methane combustion and ethane

dehydrogenation in the microchannel configuration.

Simulated profiles of temperature and ethane conversion in the microchannels
are presented in Figure 5.14 and the related numerical results are given in Table 5.5.
The trends of the profiles are in accordance with the assigned microchannel geome-

try as explained in the case of combustion/steam reforming coupling (Section 5.4.1.



Table 5.5. Comparison of the results of microchannel and cascade systems for combustion-assisted ethane dehydrogenation.

Inlet Outlet? ED, | Total volume Total volume per mole
HC O2 No T xuc | Cz2Hy Ho No T Tmax| (m3) of CoH,4 produced
(mols™1) (mols™1) (mols™1) (K) | (%) | (mols™1) (mols™1) (mols™1) (K) | (K) (m3 mol~1)
. COMB | 5.2x10~7 | 1.04x1076 | 3.9x10=6 | 900 | 94 — — 3.9x10°% | 1120 3 s
Microchannel =55 116x10° 0 | — 20x10-7 [ 923 | 65 | 75x107 | 75x10-7 | 20x10-7 | 1120] 180| 18910 61.8 x 10
Cascade COMB 0.1 0.2 0.752 900 86 — — 0.752 1245 1121 | 3 x 10-3 10.2 x 10-3
ED 0.473 — 0.118 923 63.6 | 0.3 0.3 0.118 1054 '

2 Molar flow rates of CO2, HoO and unreacted hydrocarbons (CH4 and CoHg) are not shown.
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Temperature rise along the dehydrogenation channel caused by catalytic combustion
of 94% of the methane fed follows the expected increase, passing through a maximum
of 1180 K as the cooling effect of dehydrogenation becomes apparent (Figure 5.14 and
Table 5.5). The lower heat of reaction of dehydrogenation causes a smaller decrease
in temperature (ca. 60K, Figure 5.14) than that associated with steam reforming and
gave an exit temperature of 1120 K. The 65% conversion of ethane achieved reflects
the dominating effect of thermodynamics of the reaction at the exit conditions, since

it is limited by an equilibrium conversion of 72% [264].

5.4.4. Combustion-assisted Ethane Dehydrogenation in the Cascade Reac-

tor

The results of methane combustion/ethane dehydrogenation in the cascade con-
figuration are given in Figure 5.15 and Table 5.5. The familiar saw-tooth temperature
pattern is observed both in the combustion cascade and in the dehydrogenation cascade,
and the increase in temperature of dehydrogenation occurs only from heat exchange
with hot combustion effluents. Temperatures in the combustion beds are controlled by
allowing only 20% conversion per bed, in order to avoid light-off. Although the 86%
conversion of methane is lower than obtained in the microchannel combustion (94%),
efficient heat transfer through the microchannel heat exchangers leads to improved
temperature control in the dehydrogenation array with almost no sacrifice from the
overall ethane conversion, which is found to be 63.6% (Figure 5.15 and Table 5.5). As
expected, the maximum temperature of 1121 K obtained in the dehydrogenation array
is lower than 1180 K of the corresponding microchannel array. The optimum number

of cascades per gas stream is found to be 10.

Based on the flow rates in a single pair of channels in the microchannel reactor
configuration, the total number of microchannels for the steam reforming system is
763000 whereas that for ethane dehydrogenation is 816000. Given the system specifi-
cations in Table 4.26, the microchannel reactor volumes for steam reforming and ethane
dehydrogenation are 17.7 x 107> m?® and 18.9 x 1073 m?, respectively (Tables 5.4 and
5.5).
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Figure 5.15. Simulation results of coupling of methane combustion and ethane

dehydrogenation in the cascade configuration.

The catalyst beds in the cascade configuration are designed for ease of replace-
ment, therefore, they are assumed to be of the same length. The hydraulic diameter
and length of each of the 10 combustion beds used in the steam reforming system are
8.25x 1072 m and 4.13x 1072 m, respectively. The Pt-based catalyst loading is 0.245 kg.
The diameter and length of the combustion beds used in ethane dehydrogenation are
6.22 x 1072m and 3.11 x 1072 m, which amount to 0.105kg of catalyst. Each of the
steam reforming reactors has 12.75 x 1072 m diameter and 4.13 x 1072 m length, and
contains 0.635 kg of Ni-based catalyst. One dehydrogenation reactor is 8.93 x 1072 m
in diameter and 3.11 x 1072 m in length. The Pd-based catalyst loading is 0.235 kg.

Dimensions of the interconnecting microchannel heat exchangers for the steam
reforming and dehydrogenation cascade configurations, based on the highest duty of
interstage heat exchange, are 4.83 x 1073 m (height) x 3.76 x 1072 m (width) x 4.50 x
1073 m (length) and 3.03 x 10~ m (height) x 3.01 x 1072 m (width) x 2.00 x 103 m
(length), respectively. The heat exchangers used in dehydrogenation house a total of
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10000 channels while those used in steam reforming have 20000 channels. The 200-pm

diameter channels are separated by 100-um thick stainless steel walls.

Comparison of the results of the two systems given in Table 5.5 shows that, the
size of the cascade system, including the heat exchangers, needed to produce unit
amount of ethylene is smaller than that of the microchannel system, whereas the con-
versions of both ethane and methane are higher in the latter configuration. However,
the advantage of easy replacement of deactivated catalyst in the cascade system, and
better temperature control to minimize the risk of temperature-induced coking, are

real benefits.

5.4.5. Summary

The performances of two intensified catalytic reactor configurations, parallel
microchannels and cascades, are compared in the contexts of syngas generation for
methanol production and of ethylene production by non-oxidative dehydrogenation of
ethane using computer-based modeling techniques. Both of the processes involve in-
tegration of exothermic (methane combustion) and endothermic (steam reforming of
methane or ethane dehydrogenation) reactions, and require careful temperature con-
trol. It is shown that either reaction system is capable of meeting the desired con-
version/product distribution demands, and possess clear advantages over conventional
processing for smaller-scale operations. Feedstock conversions in steam reforming and
in dehydrogenation are observed to be slightly higher in the microchannel arrangement.
On the other hand, temperature control is found to be much better in the cascade sys-
tem such that presence of sudden elevations in temperature that increase the risk of
thermal degradation of the catalysts are eliminated. The cascade system is also found
to be smaller than the microchannel configuration. The ability to remove deactivated
catalyst from the reactors easily and the ability to decouple reaction kinetics from heat

exchange make the cascade system a promising alternative.
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5.5. Steam Reforming of Methane to Syngas in a Catalytic Microchannel

Reactor

In this section comparison is drawn between the activities and CO selectivities
of Rh, Ru, Pt and Ni based catalysts—under various operating conditions—of methane-
to-syngas conversion by steam reforming in a wall-coated microchannel reactor. Each
active metal is integrated into porous Al,O3 support that is washcoated on FeCrAlY
plates. The catalysts are characterized by XRD and SEM/EDX techniques prior to
and after reaction tests. Mechanical and chemical stabilities of the Rh- and Ni-based
catalysts are tested by 72- and 20-h time-on-stream experiments, respectively. The op-
erating parameters investigated are residence time of reactants, reaction temperature
and inlet S : C ratio. The productivities and CO selectivities of the washcoated cata-
lysts are also compared with conventional packed-bed catalysts on a weight hourly space
velocity (WHSV) basis in order to emphasize the advantages gained by microchannel

operation.

The experimental setup, including the product analysis system, is presented in
detail in Section 3.2. Catalyst preparation procedures are outlined in Section 3.3,
synthesis of the catalytic microchannel (Figure 3.3) is explained in Section 3.3.2.2, and

the range of operating conditions are given in Table 3.5 (Section 3.4.2).

5.5.1. Catalyst Characterization

Characterization of the wall-coated and particulate catalysts and the FeCrAlY
plates are carried out by scanning electron microscopy (BSE-SEM), energy dispersive
X-ray spectroscopy (EDX) (Philips XL30 ESEM-FEG/EDAX) and X-ray diffraction
(XRD) (Rigaku D/MAX-Ultima+) analyses. The effect of heat treatment under atmo-
spheric oxygen on the surface structure of the uncoated plates is shown in Figure 5.16.
After heat treatment, a native Al,O3 layer is found to cover the surface of the plates due
to the diffusion of Al species and their reaction with oxygen, which facilitates adhesion
of the coating by increasing the available surface area. Use of heat-treated but uncoated

FeCrAlY to support the active metal has been reported in the literature [193,202,303].
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Figure 5.16. SEM micrographs of the uncoated plates before and after treatment at
900°C (500x magnification at 15kV).

The coatings on the FeCrAlY plates are also analyzed quantitatively by SEM
imaging. The coating thickness, scaled through lateral SEM images (Figure 5.17), is
around 100 pm regardless of the catalyst type. The total amount of catalyst deposited

varies between 11.7 and 19.5 mg because of the differences in density.

Figure 5.17. Lateral SEM image of a plate coated with Rh/d-AlyO3 catalyst before
reduction (500x magnification at 15kV).

Figure 5.18 shows the XRD patterns of plates coated with Ni/d-AlyO3 catalyst
after calcination, reduction and reaction steps. At high calcination temperatures (ca.

900°C), a large portion of Ni impregnated onto Al,O3 transforms into the NiAlyOy4
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Figure 5.18. XRD patterns for the (i) calcined, (ii) calcined and reduced, and (iii)
calcined, reduced and reacted Ni catalysts coated on plates ((H) Al;O3, () NiO,
(o) Ni%).

spinel phase which is difficult to activate due to its stability [127]. Since calcination
in this work is carried out at 600°C, spinel peaks are not detected. The reduction
temperature, on the other hand, is set as 800°C because at temperatures below 700°C,
Ni/Al,O3 catalysts cannot be reduced appreciably, and thus cannot be activated [304].
Upon reduction, metal oxides are reduced to metallic Ni (Figure 5.18). Pretreatment
conditions for the noble metal catalysts also require careful consideration. At oxida-
tion temperatures of 600°C and above, rhodium interaction with the alumina support
results in loss of reducibility and activity through inactive rhodium aluminate forma-
tion [305,306], and through increasing crystallinity of the alumina [307]. Therefore,
Rh/§-AlyO3 is calcined at 500°C. The calcination temperature range for Ru/Al,O3
catalysts is usually 450 — 570°C for the same reasons [308-310]. Pt/AlOj is also
calcined at 500°C following the practice in literature [311].

SEM micrographs of the reduced noble metals on §-Al,O3 for the coated and
particulate catalysts are shown in Figure 5.19. Light elements appear dark in contrast

whereas heavy elements, specifically the reduced metals appear as bright spots. Rh
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Figure 5.19. Backscattering electron (BSE) SEM micrographs of Rh, Ru and Pt on
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sites are difficult to visualize but their dispersions on both catalysts are similar. Ru
sites are dispersed more uniformly on the coating than on the particulate catalyst, i.e.,
the particle size range is narrower. Dispersion of platinum sites, however, is better on

the particulate catalyst.

Table 5.6. SEM/EDX results for the metal contents (by weight) of the

catalysts®.
Metal | Coated” Particulate® Target
Ni 7.59 < 8.28 < 8.97 7.98 < 8.66 < 9.34 10
Rh 1.80 < 1.98 < 2.16 2.14 < 2.15 < 2.16 2
Ru 1.91 < 2.11 < 2.31 2.34 < 2.39 <244 2
Pt 0.66 < 1.31 < 1.80 1.78 < 2.11 < 2.73 2

* Analyses are conducted at 20000x magnification.

> Lowest and highest values included as well as the averages.

The percentage metal loading on both the coated and particulate catalysts are
determined by the EDX technique. The results, shown in Table 5.6, are obtained on
at least three samples out of the same batch, either reduced or reacted. Considering
the fact that the penetration depth of the X-rays varies depending on the sample, the
coated catalysts are scraped off the plates, and are analyzed in powder form in order to
check for uniform distribution of the metals not only in the vicinity of the surface but
on the deposited catalyst as a whole. The narrower ranges of percentages indicate that
all metals except platinum are deposited uniformly on the samples. Pt content is much
closer to the desired value of 2wt.% on particulate alumina. A possible explanation can
be that, depending on the drying rate of the impregnated catalysts, majority of the
platinum precursor might have been deposited at the deepest ends of the pores [312],
thus cannot be detected by the EDX method.

A complete set of microchannel runs, comprised of the parametric variations of
residence time, temperature and the S : C ratio, is conducted for each metal using
at least two different plates coated with the same catalyst out of the same batch.

Spent catalyst on every plate tested is post-characterized under SEM for potential
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Figure 5.20. Time-on-stream methane conversion and CO selectivity on Rh/§-Al,O3
and Ni/d-Al,O3 in the microchannel reactor configuration. Operating conditions:

T =750°C, 7 =12.86ms,S: C=0.5 (Rh),S: C=3.0 (Ni).

coke formation. No coke deposit is detected even on Ni, which experiences rigorous
conditions of high residence time and a S : C ratio as low as 1.5. The stabilities-in
terms of maintaining the activity and selectivity—of Rh- and Ni-based catalysts are
nevertheless assessed by time-on-stream experiments. Figure 5.20 shows the course of
methane conversion and CO selectivity on Rh/d-Al,O3 for 72h, and on Ni/d-Al,O3 for
20h. Both experiments are performed at 750°C and at a residence time of 12.86 ms
while the S : C ratios are 0.5 and 3.0 for Rh and Ni, respectively. Conversion on Rh is
found to be stable at ca. 21% for the period of analysis whereas Ni conversion begins
to decline after 19h on stream, which then falls to 13.5% at the time of termination
of the analysis. CO selectivity remains stable on both Rh and Ni respectively at ca.
68% and 35%. Figure 5.21a,b show the SEM micrographs of spent Rh- and Ni-based
catalysts on the plates used in the time-on-stream runs. Carbonaceous deposits are
not detected over either catalyst. The deactivation of the Ni catalyst can be attributed

to reduction of its surface area since coking is not an issue. The loss of either Rh-
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or Ni-based catalyst is less than 2% by weight. These results clearly show that the
catalyst coatings are mechanically stable even at the highest flow rate of 210 Nml min—!

that correspond to the smallest residence time of 12.86 ms.

5.5.2. SRM in the Microchannel Reactor

The studies of steam reforming of methane in the microchannel reactor are con-
ducted by changing one parameter at a time while keeping all others constant. To
observe if either the temperature or the S : C ratio is in combined effect with the res-
idence time, pertinent runs are made both at the highest and lowest residence times.
Since Rh is demonstrated to be highly stable (Section 5.5.1, Figure 5.20), its operating
condition range is extended to 1" = 800°C and to S : C = 0.5. Equilibrium compo-
sition for each case is calculated using HSC Chemistry software [313] via the Gibbs
free energy minimization method, which includes possible formation of solid carbon.
The experimental conditions given in Table 3.5 (Section 3.4.2) guarantees conversions
below the equilibrium values for better comparison of catalyst activity and selectivity

toward products in different cases.

5.5.2.1. Effect of Residence Time. Methane conversions at different residence times,

calculated using Equation 3.1, and confirmed by Equation 3.2, are highest on Rh, and
lowest on Ru, with Ni yielding higher conversions than Pt except at very low residence
times (Figure 5.22a). Since the Ni loading is different from other metal loadings, and
the weight of catalysts deposited varies with metal type, the catalysts are compared
on the basis of their productivities (defined as the amount of methane converted per
weight of catalyst per time, and expressed in molcy, kg_,t s7'). The results given in
Table 5.7 show that Rh performs by far as the most productive catalyst throughout the
range of residence times investigated. The productivities of Ru, Pt and Ni are close to
each other at 7 > 40 ms; however, at smaller residence times Ru and Pt outperform Ni.
After 7 &~ 50 ms, the consumption rates, especially on Rh, show little change. Higher
conversions are obtained with increase in residence time (Figure 5.22a) whereas the

consumption rates decline due to the lower flow rate of reactants (Table 5.7). Since
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Table 5.7. Rates of methane consumption (molcyy, kg; s~) on different metals in
the microchannel reactor in the range of residence times investigated

(T = 750°C, S : C = 3.0).

7 (ms) | Ni Rh Ru Pt

12.86 0.288 0.592 0.435 0.371
19.29 0.230 0.372 0.330 0.270
38.57 0.167 0.238 0.170 0.164
51.43 0.156 0.196 0.144 0.134
77.14 0.126 0.192 0.120 0.107

no noticeable pressure drop is observed in the range of flow rates studied, further

decreasing the residence time (or increasing the total flow rate) is viable.

Variations of CO selectivities with residence time are given in Figure 5.22b. It
can be observed that CO selectivities go through a maximum, (Sco)max, between 45
and 50 ms, which is most significant and closest to the equilibrium value for Sco on Rh.
As 7 increases so do the rate of steam reforming reaction, and the product (CO+Hs)
concentration. Since the water-gas shift (WGS: CO + HyO = CO, + Hy, AHS =
—41.2kJmol™1) reaction requires longer residence times to become significant, Sco
keeps on increasing in the 12.86 < 7 <~ 45ms range. However, at the residence
time corresponding to the maximum S¢o, WGS equilibrium becomes dominant, thus
converts more of CO to CO., and leads to lesser selectivities for residence times greater

than ~ 45 ms.

5.5.2.2. Effect of Temperature. Effect of temperature on methane conversions and

CO selectivities over different catalysts together with equilibrium values are shown in
Figure 5.23. Conversion increases with temperature, and is always highest on Rh. At
7 = 12.86 ms, below 650°C conversion is less sensitive to temperature regardless of the
catalyst type. While between 600°C and 700°C conversion decreases in the order Rh
> Ru > Ni > Pt & 0 (below 700°C Pt gives no detectable results), the trend begins
to change (except for Rh) at 700°C, and the order becomes Rh > Pt > Ni > Ru at
750°C (Figure 5.23a). At the highest residence time investigated, i.e., 7 = 77.14 ms,
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Figure 5.22. Variations of (a) conversions of methane, and (b) CO selectivities with
residence time in the microchannel reactor (7' = 750°C, S : C = 3.0). The legend is

common to both.
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residence times are (a), (b) 7 = 12.86ms, and (c), (d) 7 = 77.14ms. The legend is
common to all. Left and right arrows designate the left and right ordinates,

respectively.

the order of catalysts in terms of the conversion is Rh > Ni > Pt > Ru, which remains

unchanged in the 600 — 750°C range (Figure 5.23c).

Effect of temperature on CO selectivities obtained over different catalysts at
residence times of 7 = 12.86 ms and 77.14 ms are given in Figure 5.23b,d, respectively.
At both the highest and lowest residence times, and in the temperature range studied-
especially T" > 700°C, Rh performs as the most CO-selective among the catalysts,
followed immediately by Pt. The continual increase in Sco with temperature is the

result of the exothermic WGS reaction running in reverse due to the temperature rise.
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Effect of the residence time on Sco is most pronounced at 800°C for Rh, which, in
going from 7 = 12.86 ms (Figure 5.23b) to 77.14ms (Figure 5.23d), leads to a 6% fall

in selectivity.
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Figure 5.24. Variations of (a), (c) conversions of methane, and (b), (d) CO
selectivities with steam-to-carbon ratio in the microchannel reactor (T" = 750°C). The
residence times are (a), (b) 7 = 12.86ms, and (¢), (d) 7 = 77.14 ms. The legend is
common to all. Left and right arrows designate the left and right ordinates,

respectively.

5.5.2.3. Effect of Steam-to-Carbon Ratio. Figure 5.24 shows the variations of methane

conversions and CO selectivities on different catalysts at two residence times. Rh gives
the highest conversions and selectivities at all S : C ratios regardless of the residence
time. While there is continuous but minimal increase in conversion and accompanying
decrease in selectivity as S : C increases, the only considerable change in conversion at
7 = 12.86 ms is when going from S : C = 2.5 to 3.0 (Figure 5.24a). At 7 = 77.14ms

conversion is relatively independent of the S : C ratio (Figure 5.24c). Sco changes
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with S : C at the two residence times are nearly identical over Rh whereas over other
catalysts its dependence is profound at 7 = 77.14 ms (Figure 5.24b,d). Based on the
results obtained with residence time (Section 5.5.2.1) and temperature (Section 5.5.2.2)
variations, further increase in CO selectivity is possible through decrease in 7 and

increase in the temperature.

It is worth noting that equilibrium conversion is higher at S : C = 0.5 than it is
at S : C = 1.0 The probable reason is that methane cracking is also taking place at
S:C =0.5and 1.0, and at an even faster rate at the lower one. Thus, the amount
of solid carbon formed is included in the conversions calculated by the Gibbs free
energy minimization method. However, the actual conversion calculation involves a
carbon balance (Equation 3.1) that is based on detected gaseous species, CO and COs.
Therefore, even if there is carbon (coke) formation-which is not the case over Rh as

verified by SEM analyses-it does not affect the conversions reported.

While the cost of rhodium precursor may be considered as a drawback in case
of commercialization of the microchannel catalyst preparation method outlined herein,
the Rh-based catalyst’s demonstrated stability and resistance to coke formation at ex-
tremely low S : C ratios increase the economic feasibility since the energy requirements

due to steam generation and delivery diminish, and the catalyst life is prolonged.

5.5.3. SRM in the Microchannel versus Packed-bed Configurations

Results of the comparison between the microchannel and the packed-bed con-
figurations for productivity and CO selectivity at identical WHSVs (Table 3.6, Sec-
tion 3.4.2) are shown in Figure 5.25a,b. Due to enhanced heat transfer, the microchan-
nel configuration outperforms the packed bed both in productivity and selectivity with
the exception of Pt. Better heat transfer dampens the gradients within the catalyst
coating, thus leading to uniform temperature distribution that is inherently higher
than that of its counterpart. This phenomenon results not only in increased reforming
rates but also increase in CO selectivities since the rate of the reverse WGS reaction,

favored at elevated temperatures, is higher.
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Figure 5.25. Comparison of (a) methane consumption rates, and (b) CO selectivities

in the microchannel and packed-bed reactor configurations. See Table 3.6 for the

operating conditions.
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As shown graphically in Figure 5.19 and numerically in Table 5.6, the amount
and uniformity of dispersion of Pt on the coated catalyst are less than those on the
particulate one. These tend to nullify the above-detailed advantages brought by uti-
lizing a wall-coated microchannel reactor. The difference between the performances of
the packed bed and the microchannel in case of using Pt is yet minor compared with
at least four-fold productivity increase in case of using Ni, Rh or Ru (Figure 5.25a) in
the microchannel. This implies that if Pt wall-coated catalyst is improved in such a
way that the loading be increased with better dispersion (e.g. by precipitation of the

precursor), it will still be advantageous over the particulate catalyst.

5.5.4. Summary

A parametric study of steam reforming of methane (SRM)—involving variations
in residence time, reaction temperature and S : C ratio—is conducted in a wall-coated
microchannel reactor using noble metal- and nickel-based catalysts, namely, 2wt% Rh,
2wt% Ru, 2wt% Pt- and 10wt% Ni/d-Al,O3. Rh exhibits superior performance com-
pared with other metals on the basis of productivity and CO selectivity in all the cases.
Methane conversion on all catalysts increases with residence time, and CO selectivity
is maximized at intermediate values of this parameter, most notably on Rh. Both con-
version and selectivity increase with temperature since SRM is endothermic, and the
reverse water-gas shift (WGS) is favored at high temperatures. There is continuous,
yet minimal increase in conversion with the S : C ratio while the selectivity decreases
because more steam drives the WGS reaction toward the products. None of the cat-
alysts suffer from coke formation, even at S : C ratios as low as 1.5. Rh, in addition
to outperforming other metals, shows excellent stability in activity and selectivity, and
resistance to coking for prolonged times on stream. When compared with conven-
tional packed beds on the basis of identical weight hourly space velocities (WHSV),
the microchannel reactor presents four- to six-fold increase in productivity and higher
CO selectivity as a result of enhanced heat transport rates. The only exception to
this outcome is Pt, whose insufficient integration into the coated catalyst has to be

improved.
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5.6. Testing and Simulation of Syngas Production in a Microchannel

Reactor by Autothermal Reforming of Methane

In this section, methane ATR for syngas production is studied in a spatially
integrated rectangular microchannel reactor comprised of Pt- and Rh-based catalysts
that are coated on opposite walls of the channel. The effects of operating parameters on
methane conversion and CO selectivity are analyzed. The parameters considered are
the reactants’ residence time (12.86 — 25.72ms), reaction temperature (500 — 650°C),
steam-to-carbon (0 — 3.0) and molar oxygen-to-carbon (0.47 — 0.63) ratios at the inlet
(Section 3.7). Three-dimensional simulation of the described operation is also carried
out based on CFD techniques for predicting and analyzing the experimental results.

Heat and mass transfer characteristics of the system are also evaluated.

The experimental techniques employed are introduced in Section 3.4.3. Cata-
lyst preparation procedures are outlined in Section 3.3, and synthesis of the catalytic
microchannel (Figure 3.4) is explained in Section 3.3.2.2. The 3D model geometry
used for the simulation of the system is given in Figure 4.7 in Section 4.2.2. Reaction
kinetics of methane combustion (Equation 4.11) over Pt/§-Al;O3 and steam reform-
ing of methane (Equation 4.8) over a Rh-based catalyst are given in Tables 4.12 and
4.23, respectively. Physical properties of the reactive mixture are tabulated in Ta-
ble 4.25. Reactor and catalyst data, and the operating conditions are summarized in
Table 4.26. Momentum and species mass equations describing fluid flow in the mi-
crochannel (Section 4.2.3), subject to the boundary conditions given in Section 4.2.4,
together with the constitutive equations for the physical properties, fluxes and reaction
rates, are solved using the ANSYS Fluent 14.0 CFD software [295] that applies the fi-
nite volume method (Section 4.4.4). The 3D Cartesian grid consisting of 8.75 x 10°
hexahedral cells is constructed using the preprocessing software GAMBIT 2.4.6. The
length (L), width (W) and height (H) (see Figure 3.4) of the microchannel flow do-
main is respectively discretized into 501, 51 and 36 equally-spaced nodes. The zone
corresponding to the combustion catalyst has four times the number of grid elements
as does the reforming zone, and twice that the bulk flow zone has, because steep con-

centration gradients are expected to occur due to the very fast combustion reaction.
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The pressure-velocity coupling is done by the pressure-based solver that uses the SIM-
PLE algorithm (Figure 4.16, Section 4.4.4.2), and the gradients are calculated by the
least squares cell-based scheme. The PRESTO! discretization scheme (Section 4.4.4.2)
is applied for the pressure while the second-order upwind scheme (Section 4.4.4.1) is
applied for the momentum and species conservation equations [295]. Combustion ki-
netics and concentration-dependent viscosity and diffusivities are implemented in the
code and evaluated in each associated cell by means of user-defined functions (UDF),
which access the species mass fractions in that cell during each iteration. Velocity
inlet (U™ = 1.59ms™! for 7 = 12.86 ms) and pressure outlet boundary conditions are
imposed at the reactor inlet and outlet, respectively. At the catalyst-gas interfaces,
continuity of the velocity and the species mass fluxes are required. All other bound-
aries in the model are treated as impermeable walls with the no-slip condition and zero

species flux.

5.6.1. Parametric Study of Methane ATR

Experimental and CFD-based analysis of methane ATR in the microchannel re-
actor is conducted by changing one parameter in each run while keeping all others
constant. Equilibrium methane conversion and CO selectivity are also calculated for
each case using HSC Chemistry [313] via the Gibbs free energy minimization method.
In all cases conversion below the equilibrium value is guaranteed by the choice of op-

erating conditions given in Table 4.26 for facile comparison of the parameter effects.

5.6.1.1. Effect of Residence Time. Figure 5.26 shows the experimental and simulated

values of methane conversion and CO selectivity in the residence time range (7 =
12.86 — 25.72 ms) studied. Experimental conversion is very well predicted by the model
at all residence times despite the numerous assumptions made (Section 4.2.3.1), among
which the independent occurrence of oxidation and reforming over Pt and Rh may
actually be an oversimplification of the real process. Doubling the residence time leads
to a ~ 10% increase in methane conversion (46.6 — 51.4%). The continuous increase in

methane consumption with residence time is due to the increased steam reforming rate.
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Since oxygen is depleted in all the runs in the parameter range, methane consumed
during oxidation is known by the stoichiometry of reaction (Equation 4.11), which
makes it a straightforward task to calculate the amount of methane consumed during
steam reforming, hence the reforming rate, which exhibits a ~ 21% increase with the

doubling of the residence time.
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Figure 5.26. Variation of experimental and simulated methane conversion and CO
selectivity with residence time in the microchannel reactor

(T = 650°C, S : C =3.0,0, : C = 0.47).

Both the experimental and simulation results are close to the equilibrium CO
selectivity values. At residence times above 19 ms, however, actual selectivities higher
by 1.6 —2.8% than the equilibrium selectivities are observed (Figure 5.26). The reason
is that reforming is taking place away from equilibrium, and the product selectivity is
governed mostly by reaction kinetics [141,314]. The increase in experimental selectivity,
though as small as 4% it is, is attributed to the increase in the reforming rate. Since the
water-gas shift (WGS) reaction requires longer residence times to become significant,
production rate of CO by SR is higher than its consumption rate by WGS in the range
considered. The Hs, : CO ratio at the reactor outlet is in the range of 2.68 — 3.43.
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The relative independence of conversion and selectivity from the residence time
can be justified by the surface coverage results from the simulations. Figure 5.27 shows
the variations of CO, H and C coverages, and of the fraction of vacant Rh sites with
residence time. While the fraction of the vacant sites, Rh(s), and H(s) decrease slightly
with increasing residence time, CO(s) remains essentially the same (0o ~ 0.85). It is
worth noting that the possibility of carbon deposition on the surface sites rises as the
residence time is doubled.

LE+00 ¢

~—e *> * CO(s)
LE01} —= — —=a& Rh(s)
So
=
R
]
>
S
o LE-02}
]
£
= ¢ o o- —o H(s)
€0}
LEO03F
/ il v
1.E-04

10 15 20 25 30
Residence Time (ms)

Figure 5.27. Surface coverages of CO, H and C as functions of the residence time

(T = 650°C, S : C = 3.0,0, : C = 0.47).

5.6.1.2. Effect of Temperature. Experimental and simulated methane conversion and

CO selectivity values are in good agreement in the temperature range of 600 — 650°C
with an average error of 9.6% (Figure 5.28). Experimental conversion increases by
27% in going from 550 to 650°C while it almost quadruples in the range 500 — 650°C.
Operation at 500°C poses the only exception to full oxidation conversion among the
parametric runs (ca. 50% instead of 100%). As the reaction temperature falls below

570°C, experimental CO selectivity begins to exceed the equilibrium selectivity. In
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Figure 5.28. Variation of experimental and simulated methane conversion and CO

selectivity with reaction temperature (7 = 12.86ms, S: C = 3.0, Oy : C = 0.47).

equilibrium-limited reaction systems like steam reforming of hydrocarbons, the tem-
perature determines whether the system is thermodynamically or kinetically controlled.
Thermodynamic equilibrium is favored at elevated temperatures whereas the kinetic
regime is under control at lower temperatures [141,314]. For the system under consid-
eration the range of lower temperatures is found to be 500 — 570°C where the product

selectivity is controlled by reaction kinetics.

Plots of surface coverages over Rh (Figure 5.29) show that at 500°C nearly all
the surface sites (Ao = 0.97) are occupied with oxygen atoms since the temperature
is too low for adsorption of CH4 and desorption of CO and H, molecules, if there are
any that have formed during reforming. C(s) coverage increases by about six orders of
magnitude in the range 500 — 570°C as the reforming activity increases and makes a
peak, which means that the Rh-based catalyst is most prone to coking in this range of

reaction temperatures.
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Figure 5.29. Surface coverages of CO, H and C as functions of the reaction

temperature (7 = 12.86ms, S: C = 3.0, Oy : C = 0.47).

5.6.1.3. Effect of Steam-to-Carbon Ratio. Figure 5.30 shows that the dependence of

CO selectivity on the steam-to-carbon ratio is weak. Conversion (not shown) increases
by merely 10% (41.5 — 46.6%) as the ratio goes from 0 to 3.0. CO selectivity that
is also predicted well by the model shows a slight decrease (~ 8%) with the increase
in S : C. The Hy : CO ratio is most susceptible to changes in S : C whose varia-
tion determines the direction (forward or reverse) of the water-gas shift equilibrium.
Addition of extra steam should shift the WGS equilibrium to the direction of COq
formation (CO + Hy,O = COy + Hy, AHSY = —41.2kJmol™!). However, at 650°C,
a considerably high temperature for the WGS, the reaction is running in reverse that
increases the CO concentration in the mixture. The presence of CO5 produced already
by oxidation also shifts the equilibrium to the left. As a result, Hy : CO ratios as low
as 0.93 can be obtained. Referring to Figure 5.30, Hy : CO = 2.0 is attainable with
S : C &~ 1.30. This finding, in conjunction with the results obtained in the relatively

low reaction temperature range, has the strong implication that methane ATR, car-
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Figure 5.30. Variation of experimental and simulated CO selectivity with the

steam-to-carbon ratio at the inlet (7 = 12.86 ms, 7' = 650°C, Oq : C = 0.47).

ried out in microchannel reactors integrated with active and stable catalysts, offers the
promising option of producing syngas in a range of desired compositions with min-
imal operational costs and disruptions that are inevitable when working at elevated

temperatures, and when coking is a potential problem.

5.6.1.4. Effect of Oxygen-to-Carbon Ratio. The increase in conversion when the O, :

C ratio is increased from 0.47 to 0.63 is mainly the result of more methane converted
during oxidation (Figure 5.31). The increase in the parameter (O, : C) values has its
slight effect on reforming and water-gas shift through CO,, more of which is produced
by oxidation. As another remark, CO selectivity decreases with the O, : C ratio
(Figure 5.31) since the production rate of COy surpasses that of CO. Recalling that
when the O, : C ratio is equal to 0.47, the threshold temperature is 570°C for transition
from the kinetic to the thermodynamic regime (Figure 5.28), which means that at

higher temperatures the actual selectivity should be less than the equilibrium selectivity
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unless the partial oxidation and steam reforming reaction mechanisms are altered by
some other parameter. However, at 650°C, the temperature at which the Oy : C
parameter is investigated, the actual selectivity is still measured to be higher in nearly
the whole range of O, : C ratios (0.47 — 0.63), possibly due to the alteration of the
reaction paths by increased Os percentage [314].
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Figure 5.31. Variation of experimental and simulated CO selectivity with the

oxygen-to-carbon ratio at the inlet (7 = 12.86ms, 7' = 650°C, S : C = 3.0).

5.6.2. Evaluation of Mass and Heat Transfer Characteristics

One of the key aspects of microchannel operation is the minimization of both
external and internal mass and heat transfer limitations. In the present section, this is

tested using several criteria based on observed rate of methane consumption.
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5.6.2.1. Mass Transfer at the Gas-Solid Interfaces. Criterion for the absence of exter-

nal mass transfer limitations is given in Equations 5.2 and 5.3 [315]:

v L
CH4,0X s
VT ext = W <0.05 (5.2)
g ~CHy
por_ Temsnle oo (5.3)
MT,ext — "SR .in . .
g “CHy

where L, [m] is the characteristic dimension that is equal to the volume of the washcoat
(either Pt or Rh) divided by its geometric surface area. The right-hand side of each
inequality, which is 0.15 in the original paper of Mears [315], is modified by Gorke et al.
[87] for microchannel catalysts to be 0.05. Calculation of experimental rates of methane
consumption during oxidation and steam reforming is straightforward since the Oy : C
ratios are given, and oxygen is depleted in all parametric runs except the one carried out
at 500°C. Since the catalyst structuring resembles that of a parallel-plate arrangement,
with the assumption of a fully-developed velocity profile, the asymptotic Sherwood
number, Sho = kydp/Dcn,m, equals 7.54072 [316], from which the mass transfer
coefficients are found to be kP* = k% = 0.975ms™" with dy equal to 1.263 x 10~*m
and Dcg, m = 1.633 x 107*m?s™! at 650°C. At the base-case operating conditions
(see Table 3.7) the overall rates of methane consumption are 4289 and 4182 molm—2s~!
respectively for oxidation and reforming. Methane concentration at the inlet, cng4, is
1.886molm™ and L; = 5 x 107°m. With the values of 2.33 x 1072 and 2.27 X
1072 for Pt and Rh catalysts, the inequalities are then satisfied, meaning the mass
transfer resistances are negligible at 650°C. These calculations are performed for all
the parameter ranges, and, in all cases, the interfacial mass transfer resistance is found

to be negligible.



244

5.6.2.2. Mass Transfer in the Washcoats. The criterion of Weisz-Prater adapted for

washcoated microchannels is [87]

‘éH OXL2
OX _ 4, S

\IIMT,int - D in <0.1 (54)
eff, CH,,mCCH,

S 2
\I[SR §}%CH4 7SR‘LS

I 1 .
MT,int D <0 (5 5)

efE,CH4,mCi(Ile4
Effective diffusivity of CH, in the Pt and Rh catalysts at 650°C is calculated to be
1.268 x 10~*m*s™'. Then W}, = Uifre &~ 1.4 x 1073, which means that mass
transfer limitations do not exist within the washcoats. The same deduction can be

made for all other cases.

1.20 1.29 1.37 1.45 1.54 1.62 1.71 1.76 mol/m®

Figure 5.32. 2D plot of methane concentration in the Pt/d-AlsO3 catalyst between

z=0and z =5 x 103 m (no gradients in the z-direction).

With the visual aid of the simulation results a better assessment of the situation
is possible. Figure 5.32 shows the surface plot of methane concentration in the Pt
catalyst along the first quarter of the length of the microchannel. Even though the
transverse (i.e., in the y-direction) concentration gradients in the catalyst layer are
notable at the channel upstream (i.e., first one-fourth portion of the channel length),

they tend to smooth out beyond this point and eventually nullify.
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5.6.2.3. Heat Transfer at the Gas-Solid Interfaces. Absence or presence of resistance

to heat transfer at the gas-solid interfaces can be checked using the criterion proposed

by Anderson [317] with a slight modification [87] for washcoated catalysts:

(—AHox) %em, oxLs ((Eaox
UHT et = o rr ) <005 (5.6)
g
(—AHsgr) Ry, srls [ Fasr
R et = 7 - = ) <005 (5.7)
g
oy is calculated from
Nugk
== ! (5.8)

ks is evaluated at 650°C using the inlet composition. Then the left-hand sides of
the inequalities respectively become 1.6 x 107! and 2.7 x 107! for the Pt and Rh
catalysts, which suggest that heat transfer limitations are present at the interfaces. In
all other cases external resistance to heat transfer exists as well. The resistance can be
overcome by using catalytic washcoats with thickness less than 15 pum, which ensures
resistance-free heat transfer across the gas-solid boundary. Another possible solution
is to decrease the channel height, hence the hydraulic diameter, which enhances the

heat transfer coefficient.

5.6.2.4. Heat Transfer in the Washcoats. The criterion of Anderson [317] adapted for

microreactors [87] can again be applied:

(—AHox) Rin, oxL? [ Eaox
VT it = T ) < 0.1 (5.9)
eff
(—AHsg) Rey, sp L2 [ Easr
Ui e = O ) < 0.1 (5.10)
eff
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ke assumes a value of 0.5 Wm™" K™, which is typical of porous oxide materials [87].
For oxidation and reforming, the left-hand sides of the inequalities become 3.4 x 1073
and 5.8 x 1072 at 650°C, indicating that nearly isothermal behavior is established within
the washcoats that show small resistance to internal heat transfer. The criterion for

resistance-free heat transfer inside the washcoats is met in all other cases as well.

5.6.3. Summary

Experimental and modeling analysis of methane ATR that involves the paramet-
ric variations of the residence time, reaction temperature, and inlet steam-to-carbon
and oxygen-to-carbon ratios is carried out in a wall-coated microchannel reactor. The
microchannel is configured such that Pt- (facilitating combustion) and Rh-based (facili-
tating steam reforming) catalysts are coated on opposite walls. The model, incorporat-
ing a surface reaction mechanism for steam reforming over Rh and detailed description
of the flow field and species transport, predicts the experimental results such as methane
conversion and CO selectivity with 8.4% error on average. The maximum conversion
increase upon change of a single parameter is 27%, which is obtained by raising the
temperature from 550 to 650°C. While 21% increase in conversion of methane in steam
reforming alone is observed with the doubling of the residence time, oxygen-to-carbon
ratio is seen to have virtually no effect on conversion. CO selectivity is influenced most
markedly by variations in temperature which, upon incrementing, boosts the reforming
activity. With all the other parameters kept constant at their base-case values, for res-
idence times greater than 19 ms, temperatures less than 570°C and oxygen-to-carbon
ratios greater than 0.47, actual (experimental) CO selectivity consistently exceeds the
equilibrium CO selectivity, which is attributed to the transition to the kinetic regime,
and also to the possible modification of the reaction mechanisms. Hy : CO ratio, on the
other hand, is very susceptible to changes in the steam-to-carbon ratio, which can be
manipulated in a wide range for adjusting the desired syngas composition. The system
is diagnosed with external heat transfer limitations that may be overcome completely
by decreasing the channel height and the thickness of the catalytic washcoats. The

analysis results suggest that the designed and tested microchannel reactor, spatially



247

integrated with active and stable catalysts suitable for conversion of specific hydrocar-
bons, is capable of delivering syngas at desired compositions with minimal operational
costs and disruptions. The reactor model, whose fidelity is checked by experimental

data, is proven to serve as an essential design and analysis tool.
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6. CONCLUSIONS AND RECOMMENDATIONS

6.1. Conclusions

The major objectives of this research were (i) to construct, develop and clas-
sify computational fluid dynamics (CFD) based models that represent the physical
models of compact catalytic reaction systems, including parallel microchannel reactors
and reactor/heat exchanger cascades, and to present these models in a form applica-
ble to any general catalytic reaction system, (ii) to simulate, using the models, the
compact catalytic systems within the context of hydrocarbon and alcohol conversion
for hydrogen production for fuel cells and for feedstock production, (iii) to study the
reactor geometries and operating conditions on the basis of productivity, selectivity,
size and operability considerations, (iv) to design, construct and test an experimental
rig for methane-to-syngas conversion in accordance with the guidelines provided by
quantitative analysis. The objectives are duly met, as indicated by the following major

conclusions:

e Spatially segregated, parallel microchannel reactors were modeled using CFD
techniques for analyzing combustion-assisted endothermic reactions, namely,
ethane dehydrogenation and steam reforming of hydrocarbons and alcohols. These
coupled reaction/heat exchange systems were parametrically investigated by vary-
ing the channel side lengths, the thickness and material of construction of the
segregating walls, and the channel textures.

e In the couplings of combustion and steam reforming of propane, methanol and
ethanol, incremental reduction in channel side length resulted in higher fuel con-
versions and hydrogen yields due to improved heat transfer coefficients between
the fluids and the wall, driven by enhanced mixing. Further reduction adversely
affected conversions since the residence times declined drastically.

e The size of a microchannel reactor designed for combustion/steam reforming cou-
pling of methanol, which was capable of delivering enough hydrogen to run a 2-kW

PEM fuel cell, was estimated to be 1.2 x 1073 m?3.
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e In the coupling of combustion of methane and steam reforming of iso-octane,
fuel conversion and hydrogen yield increase with increasing wall thickness and
thermal conductivity due to pronounced axial heat conduction in the wall.

e Use of micro-baffles, which act as static micro-mixers, leads to considerable im-
provements in conversions and hydrogen yields through the enhancement of heat
transfer coefficients.

e Decoupled reaction/heat exchange systems, comprised of cascades of packed-
bed reactors and microchannel heat exchangers, were compared with parallel
microchannel reactors on the basis of performance and size. Integration of com-
bustion of methane and steam reforming of n-heptane resulted in fuel conversions
higher than 85%, with the microchannel reactor having a smaller size than the
cascade reactor. The fuel processor for producing fuel-cell-grade hydrogen with
the cascade reactor at the reforming step turned out to be more efficient in terms
of productivity per unit fuel.

e Cascade reactors used for combustion/steam reforming integration of methane
and combustion/dehydrogenation integration of methane and ethane were found
to be smaller than the microchannel reactors, and they also provided much bet-
ter temperature control through elimination of hot spots that lead to thermal
degradation of the catalysts. Facile replacement of deactivated catalysts from
the cascade reactors and decoupling of reaction kinetics from heat exchange were
discussed to be key aspects.

e Steam reforming of methane for syngas production was carried out in a mi-
crochannel reactor over Ni- and noble metal-based catalysts. The catalysts and
the reaction system were designed and prepared by in-house laboratory know-how
and technology.

e Methane conversion increased with residence time, temperature and steam-to-
carbon ratio.

e The microchannel reactor surpassed the packed-bed reactor in terms of produc-
tivity and carbon monoxide selectivity due to improved heat transfer.

e Rh exhibited superior performance compared with Ni, Ru and Pt on the basis of

productivity and selectivity, and yielded near-equilibrium selectivity at interme-
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diate residence times in the studied range.

None of the catalysts based on Rh, Ru, Pt and Ni suffer from coke formation
even at steam-to-carbon ratios as low as 1.5, possibly due to reduced residence
times.

Rh catalyst maintained its reforming activity and carbon monoxide selectivity for
at least 72 h at a steam-to-carbon ratio of 0.5. Its stability and resistance to coke
formation increase the economic feasibility due to reduced energy requirements
and prolonged catalyst life.

Conversion and selectivity results of experimental and CFD analyses of autother-
mal reforming of methane in the spatially integrated microchannel reactor were
in good agreement within 8.4% error, meaning the reactor model can be used as
a reliable design and analysis tool.

Certain operating conditions lead to experimental carbon monoxide selectivities
greater than the equilibrium selectivity due to the transition to the kinetic regime,
and also to the possible modification of the reaction mechanisms.

The steam-to-carbon ratio, a key parameter available for manipulation in the
studied system, was shown to affect the composition of the product syngas no-
tably.

Autothermal reforming of methane, carried out in a microchannel reactor inte-
grated with active and stable catalysts, at lower temperatures compared with
industrial practice, and at low steam-to-carbon ratios, stood out as a promis-
ing option of producing syngas in a range of desired compositions with minimal
operational costs and disruptions.

Pressure drop along the microchannel reactors was insignificant.
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6.2. Recommendations

The following improvements and complements to the presented work are recom-
mended for future research that is expected to require higher precision, larger scales
and throughputs, and greater complexity (e.g. nonisothermal experimental runs, three-

phase reactions):

e The modeling studies can be extended so as to comprise the complete simulation
of microchannel reactors including the inlet and outlet manifolds to the channels.
Uniformity of flow into and inside the channels can be tested; non-uniformities
resulting in process inefficiencies, for example, due to insufficient mixing, can be
identified.

e Referring to the previous item and the general numbering-up strategy, theoretical
knowledge gained by accurate simulations can be used for the manufacture of
reactor sheets consisting of multiple channels of various shapes and integration
of these sheets in order to increase the throughput. Such a setup that facilitates
coupling of exothermic and endothermic reactions also makes it possible to run
the system without the continuous need for external heating by the furnace, and
to probe temperature variations along the length of the reactor.

e Catalyst characterization can include techniques such as nitrogen adsorption for
BET surface area measurements of porous catalysts, and hydrogen chemisorption

for determining metal dispersion over the catalyst supports.
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APPENDIX A: CALIBRATION OF THE MASS FLOW
CONTROLLERS

Calibration curves of the Bronkhorst F-201CV series mass flow controllers used

in the experiments (Section 3) are given below.
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Figure A.1. Calibration curve of the methane mass flow controller.
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Figure A.2. Calibration curve of the hydrogen mass flow controller.
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Figure A.3. Calibration curve of the nitrogen mass flow controller.
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Figure A.4. Calibration curve of the dry air mass flow controller for oxygen.
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APPENDIX B: CALIBRATION OF THE GAS
CHROMATOGRAPH

Calibration curves of the GC-2014 gas chromatograph used in the experiments

(Section 3) are given below.
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Figure B.1. GC calibration curve for methane.
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Figure B.2. GC calibration curve for hydrogen.
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Figure B.3. GC calibration curve for nitrogen.
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Figure B.4. GC calibration curve for oxygen.
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Figure B.5. GC calibration curve for carbon monoxide.
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APPENDIX C: SHAPE FUNCTIONS

C.1. One-dimensional quadratic elements

A better approximation for the variation of ¢ is possible with the use of parabolic
arcs over each element (Figure 4.12). The function ¢ (z) will be quadratic in = within

each element, and is of the form

¢ (2) = o1 + asz + aza’ (C.1)

There are now three parameters to be determined and hence the value of ¢ is
needed at one more point in addition to two end points of an element. If the midpoint

in addition to the end values is chosen, the following equations for ¢ can be written:

;i =
l 1\?
¢j =+ Qg +as 3 (C.2)

G = a1 + sl + azl®

from which the following values for the three constants oy, as and a3 are obtained:

o =
0z = 7 (=301 +40; — &) (©3)

2
a3 =7 (¢i — 2¢; + ¢x)
Substitution of these into Eq. (C.1) gives, after some manipulation,

¢ = Nioi + N;¢; + Ny (C.4)



258

with the shape functions equal to

The first derivative of ¢ can now be written as

o _ ddi,  d¢5, Ao
dr  dx ¢t dx 05t dx O (C.6)
or
do_[d 3], [4_ 8],  [4 1
%—{Z—Q—j}¢z+{l l2:|¢j+|:l2 l]¢k (C.7)
In matrix form, this is written as
g9 = [B][¢] (C.8)

The matrix [B] is given as
wlED DG e

According to Eq. (C.5), N; =1 atiand 0 at j and k, N; =1 at j and 0 at ¢ and
k,and Ny =1 at k and 0 at ¢ and j. Within an element the summation over the shape

functions is equal to unity:

d Ni=1 (C.10)
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Even though the derivatives of the quadratic element are functions of the inde-
pendent variable x, they will not be continuous at the inter-element nodes. The type
of interpolation used here is known as Lagrangian, and it only guarantees the conti-
nuity of the function across the inter-element boundaries. These types of elements are
known as C° elements, in which the superscript indicates that only the derivatives of

zero order are continuous, that is, the function.

The C° shape functions can be determined by using Lagrangian polynomial for-
mulae. The one-dimensional (n — 1)th order Lagrange interpolation polynomial is the
ratio of two products. For an element with n nodes, (n — 1) order polynomial, the

interpolation function is

Ni@) = [ —2 (C.11)

T — I;
=tk kT

C.2. Two-dimensional linear triangular elements

In almost all of the cases that focus on modeling fluid flow and transport phenom-
ena in confined and sometimes irregular geometries, one-dimensional approximations
are not sufficient, which makes it necessary to employ multi-dimensional approxima-
tions. A triangle is the simplest geometric shape that can be used to approximate

irregular surfaces, and it currently finds widespread use in finite element calculations.

The two-dimensional linear triangular element, also known as a simplex element

(Figure C.1), is represented by [291]
oz, y = a1 + e + aszy (C.12)

where the polynomial is linear in x and y, and contains three coefficients.
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Figure C.1. A linear triangular element [291].

The values of aq, ay and a3 are determined from

O = o1 + aox; + asy;
¢ = oq + aox; + asy; (C.13)

O = a1 + QT + a3y

to be
1
a1 = oo [(wjyn — Tryy) di + (Thys — Tiy) &5 + (T3y; — T59:) O]
1
az = (v — yx) i + (Y — vi) 05 + (Yi — ;) Dx (C.14)
az = i [z — 25) ¢ + (x — 1) @5 + (35 — 23) O]

where A is the area of the triangle given by

1z oy
2A=det | 1 z; y; | = (wy; — 2ju) + (Twyi — Tiye) + (298 — Try;) (C.15)
1 oz, oy
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Substitution of ay, @y and ag into Eq. (C.13) gives

i
6= Nii + Njoy + Nese = | N Ny Ny |§ @, (C.16)
D
where
N—]w + bz + ¢;y)
i =57 Q; WL T CGY
N; = oA (a; + bjx + ¢;y) (C.17)
1
N, = oA (ax + brx + cry)
and

@i = Tjyr — TRy bi =Y — Yk G = T —
aj = TpYi — TiYe;  bj =y — Yi; ¢ =T — Ty (C.18)

ap = TY; — TYi; by =y — Y o = T; — T

If N; is evaluated at node i, where the coordinates are (x;,y;),

1 2A

(Ni)i = 5 gy — awyy) + (5 — y) @i+ (o —25) yi] = 57 =1 (C.19)

Similarly, (N;), = (Ni); = 0, so it is evident that the shape functions have a value of

unity at the designated vertex and zero at all other vertices. It is possible to show that

N;+ N+ N, =1 (C.20)
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The gradients of ¢ are given by
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